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Abstract 
Carbon dioxide (C02) capture is of crucial importance for the environment. A large number 
of countries agreed on the fact that greenhouse gases, especially CO2 can have harmful effects 
leading to major climate changes; in particular, since the ratification of the Kyoto Protocol in 
1997 it is apparent that action should be taken. In this context, new solutions are necessary to 
reduce carbon dioxide emissions. In this work, we present one of the challenges that the Ky- 
oto Protocol represents for the petroleum industry, especially considering that large amount 
of C02, which would be captured from large CO2 emissions sources, could be reinjected in 
oil and gas reservoirs. Re-injection will lead to increased productions of oil and gas, which 
can compensate the cost of CO2 capture. Unfortunately, the oil and gas produced will be 
increasingly richer in CO2 and specific absorption processes must be designed to address this 
problem. Such processes should show flexibility with respect to the feed CO2 content. Physi- 
cal absorption processes are currently the most promising option, as they are more economical 
for removing large quantities of CO2. A cryogenic absorption process, the Ryan-Holmes pro- 
cess [A. S. Holmes and J. M. Ryan, U. S. Patent 4,318,732-A, 1979] using n-butane as a solvent 
demonstrated the advantages of using alkane-based solvents. The adaptation of the Ryan- 
Holmes process to high temperatures offers real potential. This requires the identification 
of the optimal alkane solvent. Integrated process and solvent design using state of the art 
thermodynamics, process modelling and optimisation can bring significant new benefits. Ad- 
vanced thermodynamic models such as SAFT-VR can be used advantageously in this study 
as they have proven successful for predicting the phase behaviour (VLE) of a large range of 
n-alkane/CO2 mixtures [A. Galindo and F. J. Blas, J. Phys. Chem. B, 2002,106,4503], and 
for a large range of pressure and temperature. The SAFT-VR equation of state has been used 
to study mixtures of CO2 and methane in detail, and it is found that it describes accurately 
both supercritical and coexistence states. 
This equation of state has been implemented within gPROMS software, allowing its use for 
process modelling. The units used in a separation have been modelled with mass and energy 
balance equations. The dimensioning of the units has also been performed as the sizes of 
the units are required to estimate their cost. A complete cost estimation has been carried 
out in order to estimate the capital and operating expenses of the plant. We have applied 
this new integrated approach to process and solvent design to identify the most appropriate 
flowsheet to perform profitable capture of CO2 for feed CO2 contents from 10% to 70%. W 'e 
have also carried out a sensitivity study which shows that changes in the thermodynamic model 
parameters have a limited impact on the optimal process. The effect of the presence of small 
quantities of ethane in the feed has also been evaluated on the optimal flowsheet, and we find 
that ethane is co-absorbed with CO. ). Finally, we show that it is possible to design a process 
that covers the full range of feed CO2 contents [10%, 70`x], and we give the values of the 
control variables and the economics performance as a function of the feed CO2 content. 
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Chapter 1 
Introduction 
Carbon dioxide (C02) capture is the operation of removing CO2 from a stream composed of 
several gases. CO2 can be removed from natural gas (usually composed primarily of methane), 
from exhaust gas resulting from the combustion of fossil-fuel (CO2 removed from nitrogen 
and water vapour), from the production of hydrogen (CO2 removed from H2), from synthe- 
sis gas used for ammonia production (mainly composed of hydrogen, carbon monoxide and 
dioxide).... etc. 
Capture techniques have been developed initially in the oil and gas industry, as CO2 is present 
in the extracted gas, and can lead to serious issues such as corrosion, crystallization in cryogenic 
processes', or simply because CO2 has no heating value. Generally, CO2 is either vented into 
the atmosphere, or if applicable re-injected into a reservoir for enhanced hydrocarbon recovery2. 
The operation of CO2 removal from natural gas streams is part of the acid gas removal oper- 
ation, also called gas sweetening, in which hydrogen sulfide is also removed. 
1.1 Motivation 
Although several technologies exist for separation of CO2 and methane (chemical absorption by 
amines, physical absorption, cryogenic fractionation, adsorption and more recently membrane 
permeation), there are a number of environmental and economic issues associated with the 
existing approaches such as the use of non-environmentally-friendly solvents, CO2 venting into 
the atmosphere, losses of hydrocarbon in the CO2 byproduct line, losses of solvent in the 
treated gas, energy requirements for solvent regeneration, solvent degradation.... etc. 
A renewed interest in CO2 capture has emerged since the Kyoto protocol3, as atmospheric 
CO2 is a greenhouse gas. Installing CO2 capture units on large CO2 sources (power plants, 
'Cryogenic processes are frequent in natural gas processing. 
2Selling CO2 is not economically viable due to the disadvantage of the petroleum environment: far locations 
and the low purity of the produced CO2 (CO2 purity from natural gas processing is generally 95-98%). 
3Regulation of Greenhouse gases. 
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refineries) is the favoured option for the petroleum industry, as it can make the fossil-fuel 
energy environmentally friendly. However, the economics and performance of such operations 
should be improved to make this solution more competitive than other sources of energy. 
The impact of the Kyoto protocol on the economics of capture technology is difficult to esti- 
mate. Solutions have to be found for CO2 disposal, such as the re-injection of CO2 in geological 
formations or its use in enhanced hydrocarbon recovery. The choice of the disposal method 
has an impact on the process design and economics, which needs to be evaluated. 
The main target for CO2 capture is gas in which high CO2 concentrations are present, which 
occurs naturally or because of enhanced hydrocarbon recovery operations. Indeed, some wells 
naturally produce up to 50-60% C02, but this situation does not occur very frequently. En- 
hanced hydrocarbon recovery will become more frequently used as it is an alternative way to 
reduce carbon dioxide emissions. In this case, the concentration of CO2 is generally high and 
increasing with time. Processing solutions are then needed to remove CO2 up to purities of 
1-5%, which should also be able to handle the increase of CO2 concentration with time. 
Also, the disposal method has an impact on the process design, which was not the case in 
previous designs, as CO2 was simply vented into the atmosphere. Conventional treatment 
plants use air or inert-gas stripping to achieve better solvent regeneration and hence higher 
purity, but unfortunately the C02-rich air is then vented into the atmosphere. These kinds 
of operations can not be used anymore, so that other disposal methods such as injection 
in geological formations should be developed. This usually requires a compression stage in 
order to inject CO2 into the reservoir. The compression stage is generally performed after gas 
treatment, but performing it earlier can allow the use of physical absorption methods, as they 
become more competitive with high pressure. 
To answer these needs physical absorption and gas permeation membranes are always preferred. 
Membrane techniques present the advantage inherited from their modular design allowing 
flexibility with respect to CO2 concentration changes over the project life. Physical absorption 
techniques are generally found more economical than other techniques when partial pressure 
of CO2 is high, which occurs either when total pressure is high or when CO2 molar fraction is 
high. Physical absorption using an alkane solvent is a promising capture option, as n-alkane 
solvents present preferential absorption for CO2 compared to methane as highlighted in [1], 
and presents numerous advantages: readily available, well-known thermodynamic behaviour, 
losses of the alkane solvent in the treated gas not problematic.... etc. 
1.2 Objectives 
Accurate modelling of such process is critical for successful process design and optimisation. 
The modelling of the thermodynamic properties of the solvent is known to be a large source 
of inaccuracies. The use of an advanced thermodynamic model is believed to bring significant 
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economic and environmental benefits [2]. 
Knowledge of the thermodynamic behaviour of ternary systems involving methane. CO2 and 
a solvent is crucial and can be achieved accurately using advanced equations of state like 
the Statistical Associating Fluid Theory for potentials of Variable Range (SAFT-VR) [3-6], 
which has proven very successful for industrial applications, and has the added benefit of 
transferability, which will be very useful in the identification of the most suitable solvent 
mixture. 
The SAFT-VR equation of state which has been implemented in a foreign object by Kakalis et 
al. [7], can be used by a process modelling software like gPROMIS to obtain phase equilibrium 
such as vapour-liquid equilibrium. 
The units involved in the process need to be modelled and their cost need to be estimated. 
Operating expenses such as operating labour, utilities or taxes should also be estimated in 
order to give an estimate of the total separation cost over the whole life of the plant. Revenues 
from the production of cleaned natural gas should also be included in the estimation, so that 
a realistic objective function, the plant profit can be calculated and used for the optimisation 
of the plant. The optimisation of physical absorption can be performed using gPROMS; 
allowing the identification of the optimal process topology, optimal solvent or solvent mixture, 
and optimal operating conditions. Finding simultaneously the optimal process and and the 
optimal solvent can be advantageous (integrated process and solvent design). 
We can summarise the objective of this work in two main objectives: 
1. The development of an integrated approach to process and solvent design for separations 
using advanced thermodynamic models. 
2. Its application to the development and assessment of a new flexible process for the capture 
of CO2 from natural gas in an effective, economical and environmentally-friendly manner. 
1.3 Report outline 
The report is organised as follows: 
" In chapter 2, we describe the reasons for developing new CO2 capture technologies and 
give as general view of the impact of the Kyoto Protocol for the oil & gas industry. 
" In chapter 3, a literature review of CO2 capture techniques for natural gas processing is 
presented, and the advantages of physical absorption are explained. 
" In chapter 4. we present the development of a thermodynamic model based on SAFT- 
V'R for iiiiltures of methane, CO2 and n-alkanes. Background relating to the SAFT-VR 
equation of state is reviewed. The obtained thermodynamic model is validated against 
experimental data for binary and teriiarv mixtures. 
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" In chapter 5, the vapour-liquid equilibrium modelling as well as the modelling of the 
units involved in the process are presented. We also present the cost estimation of the 
plant and the estimation of the revenues from the sale of cleaned natural gas. 
" In chapter 6, we apply the developed methodology to find the optimal flowsheet which can 
handle large feed composition changes. An optimal flowsheet is selected and presented 
in detail. The methodology is also extended to 4-component mixtures, with special 
consideration of mixtures containing ethane as well as methane and CO2. In order to 
evaluate the robustness of the optimal process, a sensitivity study is carried out. It 
focuses on the sensitivity of the optimal process with respect to the thermodynamic 
model (binary interaction parameters). 
9 Finally, we present our conclusions and detail a plan for future work. 
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Chapter 2 
Motivation for developing a new 
C02 capture technology 
The principal motivation for developing new CO2 capture technologies is environmental, namely 
the greenhouse effect. The context is quite complex, not only because the petroleum sector 
produces the hydrocarbon fuels for the power generation sector which are responsible for the 
greenhouse effect, but also because the petroleum industry can play a role in solving the prob- 
lem by re-injecting CO2 in geological formations. In order to clarify this point, the scope 
of possibilities for greenhouse gas emissions reduction is presented. It appears that capture 
technology has a significant role to play. 
2.1 Atmospheric C02, a greenhouse gas 
The main contributor to the emission of CO2 is the power conversion sector using fossil-fuel 
combustion to produce energy, 30%. As a comparison, petroleum industry emissions account 
for only 8% of the total anthropogenic CO2 and 15% of the total anthropogenic methane [1]. 
In the past, release of CO2 was not considered a problem, as it is non-toxic and only suffocating 
in high concentrations. However, it has recently been proven that anthropogenic CO2 emissions 
could lead to an atmospheric temperature increase and hence climate change. The surface of 
the Earth re-emits infrared light to space, and greenhouse gases (GHG) reflect the infrared light 
and re-emit it to the surface of the Earth by the process known as the greenhouse effect, which 
produces higher temperatures in the atmosphere. In the absence of this effect, the average 
temperatures would be 35°C lower: -20°C instead of +15°C. Greenhouse gases are present in 
the atmosphere at very low concentrations: 375 ppmv for atmospheric CO2. Consequently, 
small changes in the atmospheric greenhouse gas concentration can lead to important changes 
in temperature. Greenhouse gases include not only CO2 (CO2), but also methane (CH4), 
6 
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nitrous oxide (N20), halocarbons', sulfur hexafluoride (SF6), Chlorofluorocarbons2 (CFCs) 
and water vapour3. 
Of these, CO2 has the lowest global warming potential. For example methane is 21 times 
more harmful than C02, nitrous oxide 310 times, halocarbons between 140 and 11,700 times, 
perfluorocarbons between 6,500 and 9,200 times, sulfur hexafluoride 23,900 times. Based on 
United States emissions in 2002 and taking into account the individual potential and the 
volumes emitted, the annual contributions to global warming are 82.8% for carbon dioxide, 
8.9% for methane, 4.9% for nitrous oxide, and 1.8% for halocarbons and sulfur hexafluoride. 
This clearly shows carbon dioxide as the main contributor [2]. 
2.2 Impact on climate 
The pre-industrial era shows CO2 concentrations of around 280 ppmv compared with the 375 
ppmv concentration of 2000. At present, the increase of atmospheric CO2 concentration is 1.5 
ppmv/year; this increase is very fast compared with the record of the last 250,000 years, but 
its impact on climate is controversial. The simple correlation found between the rise of CO2 
concentration and the rise of temperature, strengthens the theory that the earth's atmosphere 
behaves as a greenhouse [3,4]. Predicting climate change is a difficult exercise, nonetheless two 
scenarii are predicted: slow or abrupt. 
Already underway, slow change is the most likely scenario and is associated with a rise in tem- 
peratures, the frequent occurrence of extreme events, a rise in the sea levels, iceberg melting, 
a geographical shift of climatic patterns (with consequences on species diversity, breeding and 
cultures), an evaporation increase (inducing more greenhouse effect as water vapour is also 
a greenhouse gas), snow melting (inducing more absorption of the infrared by the ground), 
permafrost melting (inducing methane emission), reduced CO2 solubility in shallow water (in- 
ducing less absorption of CO2 by the oceans). The slow change scenario is qualified as high 
risk, and there is very little doubt about its occurrence, and the potential for medium impact. 
Indeed, it is very likely that the human civilisation will be able to adapt to the drift of the 
weather, if the phenomenon is not too rapid4. 
On the other hand, the abrupt change scenario is qualified as low risk and high impact, as the 
changes are one order of magnitude more important [5-7]. This scenario is based on the collapse 
of the thermohaline circulation, the global ocean conveyor [8]; this current warms the North 
Atlantic area and its collapse, which has already occurred several times in the past, results 
in cold temperatures in the North Atlantic regions (Europe and United States). During the 
Younger Dryas, about 12.700 years ago, the average temperatures in the North Atlantic region 
'Halocarbons are hydrofluorocarbons - HFCs and perfluorocarbons - PFCs. 
2Since the Montreal Protocol signed in 1987, CFCs are regulated to prevent the polar ozone depletion. 
3Water vapour is not considered as a dangerous emission due to its short life time in the atmosphere. 
4The maximum predicted temperature increase is +2.5°C by 2050 compared with 2000 level. 
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abruptly decreased by 5°C and remained that way for 1,300 years before rapidly warming again. 
A similar abrupt cooling occurred 8,200 years ago and lasted about a century. Also, the climate 
turned abruptly colder 700 years ago - between 1300 and 1850 severe winters had a serious 
impact on the agriculture, the economy, and politics in Europe. Today, the consequences of 
such decrease of temperature in a decade are expected to be difficult to overcome for our 
society. 
Even if the consequences of the greenhouse effect on climate are difficult to predict, it seems 
that a global consensus has been reached leading to the Kyoto Protocol and it is clear that 
societies will take a proactive approach on this issue. 
2.3 The Kyoto protocol 
The Kyoto protocol, negotiated by more than 160 nations in December 1997, aims to reduce 
emissions of greenhouse gases, and primarily CO25. A 5.2% reduction of the total anthro- 
pogenic CO2 emissions below the 1990 level should be met by 2008-2012 [9]. So far, very little 
has been achieved. The emissions are still increasing with the same pace, and the CO2 concen- 
tration is increasing steadily. This agreement implies the identification and drastic reduction 
of emissions from large CO2 sources, like fossil-fuel combustion, iron and steel production, 
cement manufacture, oil well flaring or venting, or coal bed methane leaks. This commitment 
implies some major changes in the power generation techno-economic context. 
The implementation can vary depending on the energy policy of each country. In 1989, Nor- 
way decided to stabilise, by 2000, its carbon dioxide emission at the level of 1989, and in 1991 
decided to introduce a carbon tax, in order to provide a favourable economical context for the 
deployment of CO2 capture and storage technologies [10,11]. The tax was applied to atmo- 
spheric CO2 emissions from combustion-based point sources such as coal-fired power plants. 
Shortly after, this tax was extended to include emissions associated with offshore operations: 
natural gas processing and gas turbine exhaust. This tax was high enough6 to make capture 
and storage options financially attractive. For Statoil7, this tax represented up to 20% of the 
operating cost of an offshore platform, so it was preferable to capture and store the produced 
CO2 [12]. 
The strategy for reducing CO2 emissions is country-dependent, but the spectrum of the avail- 
able options is general, and is presented in the next section. 
51n fact, the Kyoto protocol regulates six GHG: C02, CH. 1, N20, HFCs, PFCs and SF6. 
6200 US$ per ton of carbon in 1991, and reduced to 140 US$ in 2000. 
' Statoil is the main Norwegian oil company. 
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2.4 Options for atmospheric CO2 reduction 
The global balance of CO2 emissions can be summarised by the Kaya identity [13]. The net 
atmospheric emission (NAE) from a country can be partitioned as follows: 
Net Atmospheric Emission =Px 
GDP 
xEx 
c- 
S (2.1) 
P GDP E 
where P is the population; GDP/P is the per capita gross domestic product which is a measure 
of the standard of living; E/GDP is the energy required per gross domestic product, which is a 
measure of the energy intensity; C'/E is the carbon emission per unit of energy generated, it is 
also called carbon intensity, and it indicates the fuel mix used in a country; and S is the natural 
removal of carbon from the atmosphere (ocean, forest and soil). Because the population P 
and the standard of living GDP/P are expected to increase in most countries, S must increase 
and E/GDP and C/E decrease. 
We should distinguish direct reductions - reducing E/GDP and C/E; from counter-measures 
increasing S. Increasing S is achieved by enhancing C02 sinks such as forests, soils and 
the ocean, which naturally remove CO2 from the atmosphere. Reducing E/GDP has been a 
general trend for industrialised countries, and the rate of decrease of E/GDP has been about 
1% per year during the last century [13]. Reducing carbon intensity C/E is described in the 
next section. 
2.5 Reducing carbon intensity (C/E) 
Reducing carbon intensity has been a general trend of our society. Historically, decarbonisation 
started with the industrial revolution and the start of use of coal as a combustible (with an 
H/C ratio8 of 1). The development of petroleum has seen oil (H/C ratio of 2) replacing coal. 
Today, natural gas with an H/C ratio of 4, is progressing rapidly [14,15]. The decarbonisation 
trend observed since the industrial revolution was in fact motivated by the search for cheaper 
energy. Environmental concerns associated with the greenhouse effect are expected to speed 
up this trend. Four options are available to reduce carbon intensity: 
1. Switch to less carbon-intensive fuel, e. g. natural gas instead of coal. 
2. Use energy sources with very low CO2 emissions, such as non-fossil renewable energy or 
nuclear energy. 
3. Increase the efficiency of energy conversion. 
ý. Capture CO2 from fossil-fuel combustion and store it. 
8H/C is the hydrogen to carbon ratio. 
2. Motivation for developing a new CO2 capture technology 10 
Switching to less carbon-intensive fossil-fuel reduces carbon dioxide emissions. Due to its 
high hydrogen to carbon ratio, natural gas emits 28% less CO2 than oil, and 44% less than 
coal9 [16]. Emissions of other pollutants such as nitrogen oxides, carbon monoxide. sulfur 
dioxide and mercury are also reduced by using natural gas. However, a significant amount of 
carbon dioxide is still released into the atmosphere. 
A more drastic approach would simply be to replace all the energy conversion units based 
on fossil-fuel combustion, by non-fossil energy: nuclear or non-fossil-renewable (eolian, solar 
thermic and photovoltaic, hydroelectric, and geothermal). Nuclear energy is very efficient and 
economically competitive: with 35% of its energy resulting from nuclear power, France has 
reduced its CO2 emission by 20% 10 since 1973 in this way [17]. Western countries are now 
facing the problem of renewing their nuclear plant portfolios as numerous of their nuclear 
power plants are close to obsolescence. As a conclusion, it does not seem that the proportion 
of energy produced by nuclear will increase significantly in the short-mid-term. The switch to 
non-fossil renewable energy will take time. This will not solve the midterm problem. Today, 
most of non-fossil renewable energies are either not economically competitive (eolian, solar, 
geothermal), or available in limited quantities (hydroelectric). Non-fossil energies have to 
develop their economical competitiveness, so that people have a real financial incentive to shift 
toward them, rather than simply making people feel guilty. Being cheaper would make them 
accessible even to the poorest. Today, they do not represent a real solution, but will for sure 
develop in the future. 
Increasing the efficiency of energy conversion is another very cost-effective way to reduce emis- 
sions. For example, for a power plant or a car engine at a 50% nominal conversion efficiency, 
an efficiency improvement of 1 point results in a 2.5% emission reduction. New combustion 
technologies, such as natural gas combined cycle power plants, have better efficiency than 
conventional pulverized coal power plants: 56% instead of 46%, resulting in half the CO2 
emissions [18] . 
The last option is CO2 capture and storage (CCS), also called sequestration. Even if it is not 
possible to install capture technology on dispersed sources of C02, such as residential heating 
or car engines. It is indeed possible to install it on large sources such as fossil-fuel-based power 
plants, natural gas processing plants, H2 production plants, oil refineries, iron and steel plants, 
and cement and lime plants [19]. 
2.6 The CCS option: CO2 Capture and Storage 
As highlighted previously, large sources are the best candidate for the installation of capture. 
From an operational standpoint, this option is simple as it can be implemented on any flue 
9For the same quantity of heat produced. 
1°During the same period world's emissions increased by 45 
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gas exhaust, without interfering with the existing design of the plant. The energetic cost of 
capture technologies is quite high, as this additional operation requires energy. For example 
in the case of a power plant, depending on the type of combustion, the energetic cost could 
be translated into an energy conversion efficiency loss of 9-13 points, resulting in an electricity 
cost increase between 45% and 73% [18]. 
However, these extra costs can be reduced by integrating capture and combustion. New com- 
bustion technologies can result in simplified CO2 capture: post-combustion capture requires a 
lot of energy, as the CO2 is mixed with the non-reacting nitrogen of the combustive air. Replac- 
ing the combustive air by a mixture of oxygen and carbon dioxide produces a flue gas composed 
of only two gases 11: CO2 and water, which can be easily separated by a condenser [20]. Other 
integrated options for combustion and capture can be found in [21]. 
The amount of CO2 captured is expected to be very large, between 1 and 4 GtC/year [22]. 
This amount will largely exceed the current demand, including utilisation in supercritical fluid 
extraction for enhanced hydrocarbon recovery. Other alternatives need to be found, such as 
disposal with eventual return value. A classification of options is as follows: 
1. Re-use: soda, fire extinction, enhanced hydrocarbon recovery 12 
2. Disposal: geological and ocean storage. 
3. Disposal with return value: CCS with enhanced hydrocarbon recovery13 
Transport of large quantities of CO2 will be needed, and will have a significant impact on the 
economics of the CCS option. Pipeline transportation of CO2 is a mature technology which 
has been used since the mid 80's for enhanced oil recovery applications [23]. Other technologies 
need to be developed such as transportation of CO2 for deep ocean storage14 
The main problem for storage of large amounts of CO2 is leaks. The storage needs to be 
secured for a long period of time, typically for thousands of years with negligible leaks. CO2 
can be stored in the gas, liquid or solid state, and so various possibilities are investigated. 
The main options are currently the ocean storage (dissolution and dispersion at intermediate 
depths around 1000m or injection in the deep ocean forming a CO2 pool), and geological 
storage (depleted or active oil and gas reservoirs, deep saline aquifers, unmineable coal seams, 
salt domes). 
Ocean storage is a promising option, as the ocean currently stores 38,000 GtC, which is much 
more than the atmosphere with only 600 GtC, but takes up only 1.7 GtC/year from the 
atmosphere in comparison with 3.2 GtC/year for the atmosphere [24]. Even if the ocean 
storage capacity is largely under-utilised, the environmental impact however is a real concern. 
"Nitrogen Nitrogen is removed and replaced by CO2 recycled from the exhaust gas. 
12 Such as EOR=Enhanced Oil Recovery; EGR=E. Gas R.; ECBN, IR=E. CoalBed -Methane R. 
13 Namely CCS-EOR, CCS-EGR and ('CS-ECBMMR. 
14'hypically, for depth over 3000m. 
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Injecting CO2 results in a decreased pH near the injection zone, which can have a major impact 
on submarine life. This option is discussed in detail in a report from IEA Greenhouse Gas 
R&D Programme [25], and will still require some research before it is applicable. 
Geological storage is the preferred option, as it does not interfere with submarine and terres- 
trial life. It would be performed by injection into some porous reservoirs. Monitoring of the 
geological storage would be required in order to control the movement of carbon dioxide in the 
formation, e. g. seismic survey [26]. As a note, potential tectonic problems have been reported 
when injecting CO2 in tectonically active areas [27]. 
Storage in depleted oil and gas reservoirs is the favourite option, as these reservoirs have 
already stored fluids for hundreds of thousands of years without leaking [28]. Deep aquifer 
storage is also currently investigated in the Sleipner project in Norway. CO2 is injected and 
then dissolved into the water of a high-pressure reservoir [29]. Storage in unmineable coal 
seams is also interesting [30] : the main advantage being the proximity to power plants, as 
historically power plants were installed near coal mines, which limits the transport cost. 
Countries will have to choose between these options, the choice being mainly driven by geo- 
graphical and geological considerations. For example, Japan is investing in ocean storage [31], 
Norway, with its large offshore gas fields, is investigating deep aquifer storage [29] that could 
also be used by the UK. Several programmes have been launched to estimate the viability of 
potential storage: the GEODISC programme for Australia [32], the GESTCO programme for 
the European Union [33] and the GEO-SEQ project for the United-States [34]. 
2.7 Challenges and opportunities for the petroleum industry 
As described in the previous sections, the reduction of anthropogenic emissions of greenhouse 
gases, and especially carbon dioxide and methane, will have major implications in the full 
cycle of fossil-fuel energy. Even if the petroleum industry emissions account for about 8% of 
anthropogenic CO2 and 15% of methane [1], the petroleum industry will not only reduce its 
own emissions, but also help "closing the loop" of the carbon cycle by putting back CO2 into 
the reservoirs. The action plan for the petroleum industry to respond to the challenge of global 
climate change is: 
1. Estimating emissions associated with the E&P15 operations. 
2. Reducing emissions associated with the E&P operations. 
3. Developing and providing solutions for CCS resulting from third-party emissions. 
4. Responding to a higher demand in the enhanced hydrocarbon recovery business. 
5. Responding to a higher demand in natural gas. 
15 Exploration and Production 
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1. Estimating emissions associated with the E&P operations requires monitoring 
and reporting methodology: a Petroleum Industry Guidelines for Reporting Greenhouse Gas 
Emissions [35] and a Compendium of Greenhouse Gas Emissions Estimation Methodologies 
for the Oil and Gas Industry [36] have been developed for answering these needs. 
2. Reducing emissions associated with the E&P operations as discussed in 2.5 can be 
addressed in various ways: 
" Energy efficiency improvement on LNG plants, refineries, chemical plants... 
" Switch to less carbon intensive fuel, e. g. use of natural gas. 
" Capture from production, e. g. phase out CO2 and CH4 flaring and venting. 
" Capture from power generation, e. g. gas turbine exhaust. 
3. Solutions for CO2 Capture and Storage resulting from third-party emissions, 
such as carbon dioxide captured from power plants, require to adapt existing petroleum tech- 
nologies involving C02: 
" Capture (originally for acid gas removal operation in natural gas processing). 
" Transport (originally developed for EOR). 
" Injection (originally developed for EOR). 
" Monitoring (originally developed for reservoir evaluation, include seismic). 
" Processing the recovered hydrocarbon in the case of CS-EOR operations. 
4. A higher demand in enhanced hydrocarbon recovery is expected as CO2 should be 
available in great quantity and at extremely low and eventually negative price. The transport 
of CO2 was a limiting factor for the development of enhanced hydrocarbon recovery, but the 
cost of future development of a CO2 pipeline network will be shared between the key actors: 
power generation companies and petroleum companies. These two factors will make the use 
of enhanced recovery operations economically more attractive. 
And finally, 5. a higher demand in natural gas is expected as shown in section 2.5, due 
to the fact that natural gas has the double advantage of releasing less CO2 and a high energy 
conversion efficiency in combustion. 
Capture technology has an important role to play in the fulfilment of this action plan: new fields 
with enhanced hydrocarbon recovery, natural processing on new fields, power plant capture, 
phasing out of venting and flaring, capture on offshore gas turbine exhaust.. . 
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2.8 Concluding remarks 
14 
Capture technologies should be adapted to respond to the environmental challenge. The main 
technical specifications for new capture technologies are as follows: 
" Environmentally friendly: no CO2 venting. 
" Treatment of C02-rich gas occurring in enhanced hydrocarbon recovery, or CO2 storage 
with hydrocarbon recovery. 
" Flexibility with respect to CO2 content: CO2 concentration increases with time in en- 
hanced hydrocarbon recovery operations. 
" Provide C02-pure stream at high pressure for underground disposal. 
" Wide range of applications: not only for natural gas streams, but also for post-combustion 
streams. 
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Chapter 3 
Bulk C02 removal processes 
The aim of this section is to give an overview of the different CO2 processes used in natural 
gas processing in order to choose the appropriate process to answer the needs identified in 
the previous chapter. Literature reviews of CO2 capture have been performed by several 
authors [1-5]. 
We start by presenting in section 1 an introduction to CO2 removal, followed by a discussion 
of removal processes (section 2 and 3). The issue of solvent selection is discussed in section 4, 
and final remarks are provided in section 5. 
3.1 Introduction to C02 removal from natural gas 
In this section, an introduction to CO2 removal processes from natural gas is presented. Natural 
gas sources, compositions, processing, and in particular acid gas removal are described. 
3.1.1 Sources 
Natural gas is mainly produced from two sources: gas wells and oil wells. Gas wells represent 
the main source with 44% of the U. S. production in 1999; the produced gas, also called non- 
associated gas, is not in contact with a liquid phase in the reservoir. Oil wells also produce 
gas, which accounts for 34% of the production. Oil wells produce not only oil in the liquid 
state, but also residual gas, or solution gas, which is dissolved in the oil at reservoir pressure 
and temperature and then released from the oil once at atmospheric conditions; and gas-cap 
associated gas, which is in the gas state at reservoir conditions. The 22% left represents the so- 
called unconventional gas and includes gases from different origins such as coal-bed methane, 
which is adsorbed onto the surface of the coal, tight gas produced from low porosity and low 
permeability sandstone reservoirs, shale gas, which is trapped in fractures, gas hydrates where 
the methane molecules are trapped in ice crystals, and deep aquifer gas in which methane is 
dissolved in water. 
19 
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3.1.2 Composition 
Due to the different geological origins of the gas various compositions can be found, although 
it is principally composed of methane, light hydrocarbons or condensate (principally ethane, 
propane, butane, and pentane), water, acid gases (hydrogen sulfide and C02), and heavy 
hydrocarbons (C>6). Other molecules which can also be found are nitrogen, helium, carbon 
monoxide, mercury, argon, arsenic, uranium... , etc. 
Some of these components (gases) should 
be removed which is the purpose of natural gas processing. 
The composition of natural gas can vary greatly from one field to the other as shown in table 
3.1 for non-associated gases and in table 3.2 for associated gases. However, it should be noticed 
that associated gas contains generally more acid gases than non-associated gas. 
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Field Parentis 
France 
Ekofisk 
Norway 
Maracaibo 
Venezuela 
Uthmaniyah 
Saudi Arabia 
Burgan 
Kuwait 
Kirkuk 
Iraq 
Ardjuna 
Indonesia 
C1 73.6 83.3 82.0 55.5 74.3 56.9 65.7 
C2 10.2 8.5 10.0 18.0 14.0 21.2 8.5 
C3 7.6 3.4 3.7 9.8 5.8 6.0 14.5 
C4 5.0 1.5 1.9 4.5 2.0 3.7 5.1 
C5+ 3.6 1.0 0.7 1.6 0.9 1.6 0.8 
Nitrogen - 0.3 1.5 0.2 2.9 - 1.3 
H2S - - - 1.5 0.1 3.5 - 
CO2 - 2.0 0.2 8.9 - 7.1 4.1 
Table 3.2: Composition of associated gases [51 
Field Groningen 
Netherland 
Lacq 
France 
Frigg 
Norway 
Hassi RMe1 
Algeria 
Urengoy 
Siberia 
Uch 
Pakistan 
Kapuni 
New Zealand 
Cl. 81.3 69.0 95.7 83.7 85.3 27.3 45.6 
C2 2.9 3.0 3.6 6.8 5.8 0.7 5.8 
C3 0.4 0.9 2.1 5.3 0.3 2.9 
C4 0.1 0.5 - 0.8 2.1 0.3 1.1 
C5+ 0.1 0.5 - 0.4 0.2 - 0.8 
Nitrogen 14.3 1.5 0.4 5.8 0.9 25.2 - 
H2S - 15.3 - - - - - 
CO2 0.9 9.3 0.3 0.2 0.4 46.2 43.8 
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3.1.3 Processing 
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Natural gas processing aims to meet use and transport specifications. Potential issues to 
be avoided are corrosion due to acid gases in solution (C02, H2S), toxicity (H2S and Hg). 
hydrate formation (water), crystallisation in cryogenic processes (C02), and condensing liquid 
in transport (heavy hydrocarbons). In addition, gases such as nitrogen and carbon dioxide 
with no heating value should be removed in order to obtain a commercial gas meeting energetic 
specifications [5]. Natural gas processing involves four main operations: 
" Oil and condensate removal: achieved by using conventional separators based on gravity 
separation. 
" Water removal: mainly achieved by physical absorption using a glycol-based solvent'. or 
alternatively adsorption using activated alumina, silica gel or molecular sieves, and to a 
lesser extent by gas permeation using polymeric membranes. 
" Separation of natural gas liquids is done mainly by fractionation: either by refrigeration 
(formation of a liquid phase), or by low-temperature distillation. Other techniques such 
as absorption using an oil-solvent which preferentially absorbs heavy hydrocarbons; or 
adsorption using activated charcoal or silica gel are also sometimes used. 
" Hydrogen sulfide and CO2 removal operation. 
The boundaries between each of these operations are not well defined. Indeed, depending 
on the composition of the untreated gas several operations can be combined in a single unit, 
allowing substantial savings. The design of a processing gas plant is done on a case-by-case 
basis. 
3.1.4 Sweetening or Acid Gas Removal - AGR 
Acid gas removal is the operation of removing CO2 and/or hydrogen sulfide from a natural gas 
stream. Depending on the composition of the sour gas and on the specifications of the treated 
gas, different removal types are distinguished: 
" Selective H2S removal in the presence of CO2. 
" H2S removal with no CO2. 
" Simultaneous removal of H2S and CO2. 
" CO2 removal with no H2S. 
'Ethylene glycol, diethylene glycol. triethylene glycol and tetraethylene glycol. 
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The aim of this study is to design an economic process to remove CO2 from a natural gas 
stream in the presence of impurities such as hydrogen sulfide. The removal can be achieved in 
several different ways: 
" Absorption in a column by a chemical solvent, e. g. amine or potassium carbonate. 
" Absorption in a column by a physical solvent. 
" Absorption in a column by a hybrid solvent, a mixture of chemical and physical solvent. 
" Adsorption onto a solid fixed bed. 
" Absorption in a porous membrane by a physical, chemical or hybrid solvent. 
" Gas permeation in non-porous membrane systems, polymeric membranes. 
" Cryogenic fractionation, low temperature distillation or absorption by a physical solvent 
at cryogenic temperature. 
Each of these processes is advantageous only in limited conditions of pressure, temperature, 
composition and purity specification. 
3.1.5 Classification 
In this section, a process classification based on the state of the sorbent, the type of equipment 
used, and the nature of the interaction between the sorbent and the sorbate is proposed. Firstly 
however, some important definitions are reminded. 
Sorbents 
Gas sorption is the transfer of one or several compounds of the gas - the sorbate - into a 
sorbent. The sorbent can be either a liquid, in ab-sorption, or a solid, in ad-sorption. 
Desorption is the reversal operation of sorption and is achieved by decreasing pressure and/or 
increasing temperature, allowing the use of the combination of sorption/desorption cycles to 
separate carbon dioxide from the main gas stream. 
The sorption and desorption rates are important for the efficiency of a process and high surface 
contact and renewal between sorbent and gas are needed. This is achieved in different ways 
in each process and the nature of the transfer can also be based either on intermolecular or 
intramolecular interactions. 
Interactions 
Intermolecular interactions such as dipole-dipole, van der Waals. hydrogen bonding or ionic- 
dipolar, are responsible for the attraction between molecules. This type of bonding, also called 
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physical bonding, is generally weak and gives rise to a class of separation processes: physisorp- 
tion. The use of a sorbent in the liquid state, a solvent, is known as physical absorption. 
whereas the use of solid state sorbent, i. e. adsorbents, is known as physical adsorption. 
Intramolecular interactions or covalent bonding are responsible for the attraction of atoms 
composing a molecule. This type of bonding, also called chemical bonding, is generally strong 
and gives rise to a second class of separation processes: chemisorption; chemical absorption 
for a liquid sorbent, and chemical adsorption for a solid state sorbent. 
Equipment 
Various equipment can be found for CO2 removal processes. For the purpose of this work, only 
two kinds of equipment should be distinguished: 
9 Columns (absorption columns, regeneration columns). 
" Membrane systems (porous or non-porous). 
Classification 
To summarise: 
1. Sorbent: liquid or solid (L or S). 
2. Equipment: column or membrane (C or M). 
3. Interaction: chemical or physical (C or P). 
We can now list the eight different kinds of possible processes: 
1. LCC2: Absorption by a chemical solvent in a column. 
2. LCP: Absorption by a physical solvent in a column. 
3. LMC: Absorption by a chemical solvent using a porous membrane. 
4. LMP: Absorption by a physical solvent using a porous membrane. 
5. SCC: chemical adsorption onto a solid. 
6. SCP: physical adsorption onto a solid. 
7. SMC: unknown. 
8. SMP: gas permeation using a non-porous membrane. 
Note that low temperature distillation does not fit in this classification as this process does 
not use a sorbent. 
2LCC stands for sorbent=Liquid, equipment= Column, interaction=Chemical. 
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3.2 Main processes for CO2 removal 
3.2.1 Low temperature distillation 
This process is the simplest as there is no sorbent involved. The fact that methane is more 
volatile than CO2 allows separation by simple distillation. The operation requires three steps: 
" Dehydration of the gas to be treated in order to avoid hydrate formation. 
" Cooling at cryogenic temperatures of around -50°C. 
9 Distillation in column using a condenser and a reboiler. 
Unfortunately, this process has never become commercial. The behaviour of the C02/methane 
system is a major problem as shown in figure 3.2.1. Indeed, the presence of a solid C02-rich 
phase, in addition to the liquid and gas phases, presents numerous risks such as plugging of 
the distillation column or other units. A second major drawback is the high energy required 
for refrigeration. 
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Figure 3.1: Phase diagram of C02/CH4 mixtures (source: [12]). 
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3.2.2 Adsorption onto a solid 
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CO2 removal operations using adsorption are generally achieved by physisorption. Indeed, 
chemisorption is not economical because the chemical reaction is hardly reversible, unless a 
prohibitive amount of energy is used to regenerate the adsorbent. Micro-porous adsorbents 
are always selected as they present high specific surface area, maximising the gas-solid contact 
surface. The transfer of CO2 onto the adsorbent is proportional to the contact area, and 
specific surface area values of around 100-2000 m2/g are easily attainable with conventional 
adsorbents. Several adsorption media can be used, such as activated alumina (A1203), bauxite 
(an alumina ore), silica gel (Si02), active carbon and molecular sieves. Molecular sieves, such 
as zeolites have the additional advantage of selecting molecules depending on their size. For 
example, the crystalline structure of alumino-silicates allows the CO2 to flow through, but 
larger molecules cannot enter the cavities of the crystalline structure. 
Depending on the polarity of the solids, we can have different situations. For carbons (non- 
polar), methane and other alkanes will be attracted to the surface of the solids, whereas CO2 
will not. The adsorption step is generally considered as instantaneous, as the rate is always very 
high; the only limitation is the diffusion of gas into the pores of the adsorbent. Regeneration 
can be achieved by pressure reduction (pressure swing adsorption - PSA) and/or temperature 
increase (temperature swing adsorption - TSA). Unfortunately PSA and TSA exhibit very 
slow desorption rates. Regeneration steps can last several hours, and hence only gas with low 
CO2 concentrations can be treated in this way. 
New desorption techniques have tried to enhance the desorption rate. Electrical Swing Adsorp- 
tion (ESA), in which a low voltage is applied across the adsorbent, increases dramatically the 
desorption rate3 [6]. This process is not commercially available, but laboratory experiments 
have demonstrated that the energy requirement for regeneration is lower than for the PSA or 
TSA processes. This process is being developed by Oak Ridge National Laboratory [7]. Fixed- 
bed or moving-bed operations can be used. In the case of fixed-bed adsorption, two beds are 
required4 in order to perform continuous operation, one bed collecting the C02, and the others 
being regenerated. For the second option, the bed goes through an adsorbing zone and then 
through a regeneration zone. The sorption step is exothermic, showing a significant increase 
in the temperature of the adsorbent as a result, high temperatures decrease the amount of 
adsorbed gas for a given amount of adsorbent. Cooling of the adsorbent is used if a large 
amount of acid gas is adsorbed, also recovering part of the energy lost during the sorption 
step. 
Several commercial processes for CO2 removal can be found such as Polybed-PSA (licensed 
'Low voltage = 0-8V DC. A specific adsorbent is needed = Carbon Fiber Composite Molecular Sieve 
(CFClhIS). 
4Continuous process generally requires multiple fixed-beds. The number of beds is a function of the CO2 
flow rate in the gas to be treated and of the kinetics of the regeneration. 
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by UOP), or Molecular Gate (licensed by Engelhard). Adsorption processes present several 
advantages: they can achieve much higher purity than most of the other processes, but cannot 
treat gas with high CO2 concentration. The adsorbent does not need to be changed as often 
as a liquid solvent, lasting up to 5 years. The performance is almost insensitive to operating 
pressure, temperature, concentration, and flow rates, which can be an advantage in situations 
where the operating conditions can change, such as in natural gas processing. Unfortunately, 
the adsorption process pressure drop is generally high and a significant amount of energy is 
required to maintain the pressure. 
3.2.3 Gas permeation in non-porous membrane systems 
Gas permeation processes operate on the same physical principle as physical adsorption pro- 
cesses. The mechanism describing the transfer of gas molecules from one side of a non-porous 
membrane to the other was first described by Graham (1866) and can be summarised in the 
following three steps: adsorption at the upstream interface, diffusion through the membrane, 
and desorption at the downstream interface. 
The difference in partial pressure of CO2 between the two sides of the membrane is the driving 
force. Gases such as H2, H2O, H2S, NH3, He, CO2 are considered as "fast", as they can easily 
"flow" through the membrane. "Slow" gases are N2, CH4, CO, 02 and Ar. Separation of 
CO2 from methane is then feasible. Natural gas is cleaned of CO2 with low pressure drop as 
methane does not cross the membrane, whereas CO2 is recovered under low pressure. 
The membrane design is important for the process performance. Non-porous membranes are 
composed of polymers such as cellulose acetate, polyimides, polyamide, polysulfone, poly- 
carbonates, and polyetherimide, which present high solubility for CO2 and also present high 
mechanical and thermal performance, and are chemically very stable. Asymmetric membranes 
are generally preferred as they can be operated under high pressure. Indeed, the membrane is 
non-porous, it should be able to maintain important pressure differentials as without deterio- 
ration. Asymmetric membranes are composed of two layers: a thin non-porous selective layer 
where the mechanism described by Graham takes place, and a thick porous layer ensuring 
mechanical performance. Membranes can be manufactured in flat sheet or in hollow fiber, and 
are then packaged. Two kinds of membrane packaging can be found: spiral-wound element 
and hollow-fiber element, as shown on picture 3.2. The latter has better performance, as the 
specific contact area is higher. 
Membrane permeation processes were introduced in the early 1970's. The first application 
was hydrogen recovery in ammonia plants. Other applications such as 02/N2 separation and 
separation of CO2 from natural gas have been developed. 
Applications in bulk CO2 removal from natural gas streams are particulary favorable to mem- 
brane systems as the partial pressure of CO2 is high. For instance, gas associated with C02- 
EOR presents high concentration of CO. ). The flexibility of membrane systems is particulary 
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Figure 3.2: The two types of membrane design. On the left, a spiral-wound element: CO2 
migrates from the outside sheet to the inside resulting in a enriched gas (picture from [8]). On 
the right, a hollow-fiber element: the permeate is rich in CO2 whereas the residue is rich in 
methane (source: [9]). 
interesting for FOR operations as the composition and throughput change over the life of the 
project. Membrane systems can be operated onshore or offshore, but due to their low footprint 
and weight, they are well suited for offshore applications. The main suppliers for membrane 
systems for carbon dioxide removal are Air Products (Permea), Dow (Cynara) and UOP (Se- 
parex). Companies commercialising membrane systems claim numerous advantages over other 
separation techniques: 
" Lower CAPEX and OPEX. 
19 Reduced space and weight requirement. 
" Adaptability to changing throughput and composition thanks to the modular design 
allowing to add up new modules easily. 
" No need for dehydration equipment. 
" High operability. 
9 Unmanned operation for remote location. 
The main disadvantages are: 
" Solid particles and liquids should be removed by filtration prior to entering the membrane 
to avoid damaging it. 
" Compression is often required to increase the CO2 partial pressure of the feed (increasing 
the driving force), and this increases the cost. 
" Rapid deterioration of the performance of the membrane with defects or damages. 
3. Bulk CO2 removal processes 
3.2.4 Absorption by a chemical solvent in a column 
The two main chemical absorption processes use amine or potassium carbonate solvents. 
Amine processes 
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Amine processes are the most widely used for acid gas removal applications. The solvent is an 
aqueous solution of alkanol-amines. The alkanol-amine molecules are produced by substituting 
one hydrogen atom of ammonia by an ethanol radical. Depending on the degree of substitution 
different molecules can be obtained: mono-ethanol-amine (MEA), di-ethanol-amine (DEA) 
and tri-ethanol-amine (TEA). Other substitutions involving glycol, iso-propanol or methyl-di- 
ethanol produce other solvents such as di-glycol-amine (DGA), di-isopropanol-amine (DIPA) 
and methyl-di-ethanol-amine (MDEA). Amine has a basic character which makes it react easily 
with acid gases. These reactions are reversible, allowing desorption by increasing temperature, 
whereas reducing pressure is not efficient. The reactions involved are as follows: 
" 2RNH2 + CO2 + H2O . (RNH3)2CO3 
" 2(RNH3)2CO3 + H2O -- 2RNH3HCO3 
The different solvents have given rise to several commercial processes (see table 3.3). 
Table 3.3: The main alkanolamine-based commercial processes. 
Solvent Trade name Licensor 
MEA Girbotol free process 
DEA SNPA Total & others 
DGA Econamine Fluor Daniel and Huntsman 
DIPA ADIP Shell and others 
TEA UCAP - 
MDEA Selectamine free process 
formulated MDEA Amine Guard, Ucarsol UOP, Union Carbide 
formulated MDEA Gas Spec Dow Chemical 
MDEA + activator aMDEA BASF 
Hindered amine Flexsorb Exxon 
The main constraints of these processes are: 
1. Losses of solvent in the treated gas line by entrainment, due to foaming with heavy 
hydrocarbons. This can be prevented by removing heavy hydrocarbons before entering 
the absorber or by using anti-foaming agents. 
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2. Losses of hydrocarbons in the CO2 byproduct line. It can be reduced by using a solvent 
with low vapour pressure. 
3. The degradation of solvent due to irreversible reactions with carbonyl sulphide COS, 
carbon disulphide CS2, formic acid HCO2H or acetic acid CH3CO2H. The solvent should 
then be continuously regenerated to keep a constant concentration of active amine in the 
solvent (aqueous solution). 
4. Significant heating costs: absorber temperature between 40°C and 60°C and regenerator 
temperature of around 100-150°C, 
5. Corrosion, reduced by the use of expensive steel and corrosion inhibitors. 
The main advantages of the amine processes are the operation at low pressure and the relatively 
low cost of the solvent. 
Carbonate processes 
The reaction is as follows: K2CO3 + CO2 + H2O = 2KHCO3 
Carbonate processes are very similar to amine processes, however, higher operating tempera- 
ture is necessary. Absorption and regeneration operate both at temperatures between 110°C 
and 115° C. No heat exchanger between rich and lean solvent is used, as regeneration is achieved 
by pressure reduction and stream stripping. Corrosion, erosion and column instability are 
frequent problems of this process. Numerous commercial processes based on the carbonate 
potassium process have been developed, as presented in table 3.4. 
Table 3.4: The main carbonate commercial process. 
Trade name Solvent Licensor 
Benfield K2CO3 ± activator (DEA) UOP 
Catacarb K2CO3 + catalyst Eickmeyer 
Giammarco-Vetrocoke K2CO3 + activator (arsenic trioxide) Giammarco 
Vacasulf K2CO3 + NaOH Krupp Uhde 
3.2.5 Absorption by a physical solvent in a column 
Many acid-gas removal processes are based on physical absorption. They find application when 
the feed gas has a high acid gas partial pressure. as acid gas concentration in the solvent is in 
first approximation proportional to acid gas partial pressure (Henry's law). Operating at low 
temperature increases the amount of acid gas that can be stored in the solvent. 
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Using water as the physical solvent was first attempted, but the solubility of CO2 and hydrogen 
sulfide in water are too low to make this process economically viable. The first commercial 
process based on physical absorption was the Rectisol process which uses an organic solvent, 
methanol at very low temperatures (200 K). The major solvents and processes are listed in 
table 3.5. 
Table 3.5: The main commercial physical absorption process. 
Process Name Solvent Licensor 
Estasolvan TriButyl Phosphate (TBP) IFP and Uhde 
Fluor Solvent Propylene Carbonate (PC) Fluor Daniel 
Ifpexol Methanol IFP 
Methylcyanoacetate Methylcyanoacetate (MCA) - 
Morphysorb N-Formyl/Acetyl Morpholine (NFM and NAM) Krupp Uhde 
Purisol N-Methyl-2-Pyrrolidone (NMP) Lurgi 
Rectisol Methanol Linde/Lurgi 
Selexol Dimethyl ether of polyethylene glycol 250 - DMPEG UOP 
Sepasolv MPE Polyethylene glycol methyl isopropyl ethers 316 BASF 
Ryan-Holmes Butane - 
Amisol Methanol + Amines Lurgi 
Sulfinol D/M Sulfolane + DIPA or MDEA Shell 
These solvents have a higher affinity for hydrogen sulfide than for CO2 allowing a selective 
separation, and higher purity for hydrogen sulfide than for CO2. Other gas impurities such as 
carbonyl sulfide, carbonyl disulfide and mercaptans can be eventually absorbed by the solvent. 
Generally, high-weight hydrocarbons are also partially absorbed in the solvent, generating 
substantial losses of valuable hydrocarbons. These processes cease to be economical when 
substantial amounts of C5+ are present in the feed gas. 
The absorption step uses packed or tray towers whereas the desorption generally uses flash 
regeneration. Flash regeneration can be performed in several stages in order to recover the hy- 
drocarbons present in the rich solvent. Expansion turbines are also frequently used before flash 
regeneration and allow to recover the energy associated with pressure. Flashing at atmospheric 
pressure ensures that the maximum concentration of acid gas in the solvent corresponds to the 
equilibrium at 1 atm. acid partial pressure. If higher purity is required, solvent regeneration 
can be enhanced by vacuum flashing, inert gas stripping or solvent heating. A typical flow 
sheet is given in figure 3.3. 
Solvent circulation rate represents an important part of the energy consumption, efforts should 
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Figure 3.3: Simplified flowsheet of the Selexol process (source: UOP website). The solvent 
absorption is carried out in a conventional absorption column. The solvent regeneration is 
done in a distillation column: heating the solvent releases the dissolved gas from the solvent. 
be made to reduce the flow rate. This can be achieved by reducing the absorption temperature, 
and allowing higher acid gas quantities to be dissolved in the solvent. However, reducing the 
temperature increases the amount of light hydrocarbon dissolved in the solvent. In some 
solvents such as dimethyl tetraethylene glycol, methane solubility decreases with temperature. 
The main limitations associated with operating at reduced temperatures are the increase in 
solvent viscosity and the cost of cooling. Solvents such as methanol can be used up to -70°C 
whereas propylene carbonate can not be used below -20°C. 
As noted previously, a non-negligible part of the light hydrocarbons is absorbed in the solvent, 
typically 10%. The rich solvent can be flashed at an intermediate pressure, typically the third 
or half of the absorber pressure, allowing the flashed gas, which is rich in methane, to be re- 
compressed and re-injected into the absorber. Then, only 2% or 3% of the methane is carried 
in the rich solvent entering the regenerator. 
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3.2.6 Absorption by a solvent using porous membranes 
Micro-porous membranes can also be used for CO2 removal. On one side of the membrane is 
the gas to be purified and on the other side is the lean solvent such as MEA (used for chemical 
absorption). The membrane pores5 are filled by the gas and allow the transport of CO2 into 
the solvent, however, the material of the membrane itself (polymers such as polypropylene) is 
not selective as in the permeation processes. 
Using membranes as gas-liquid contactors is a solution which combines the advantages of 
conventional absorption processes (physical or chemical) and of membrane processes such as 
permeation (high contact surface, high surface renewal and good operability). 
Most of the solvent used for membrane gas-liquid contactor processes have been initially de- 
veloped for conventional chemical or physical absorption. Chemical solvents such as aqueous 
alkanolamines solutions (MEA or DEA) have been assessed with conventional polypropylene 
hollow fiber membrane contactors. Unfortunately, it has proven unsuitable because of wet- 
ting (the pores were filled with the solvent instead of the gas). New membranes have been 
developed in order to solve the wettability issue using other materials such as teflon, which is 
acceptable for alkanolamines. The use of physical solvents such as the Fluor solvent (Propylene 
Carbonate) is also being investigated using conventional polypropylene membranes [10] and 
it seems promising. Treatments of the polypropylene are also being investigated in order to 
improve the hydrophobicity of polypropylene membranes. 
Very few applications have reached the large scale testing stage at this time. Even if this 
technology does not present the guarantee of mature technologies, the use of porous membranes 
presents several advantages over conventional absorption columns: 
" High packing fraction. 
" Flexibility with respect to flow rates and solvent. 
" Weight and footprint saving. 
" Insensitive to motion and orientation of the unit. 
3.3 Process selection for bulk removal of CO2 
Process selection is a complex task. Detailed cost, performance and environmental analysis 
for each particular condition is necessary. A list of factors to be considered when selecting a 
process is given in [5]: composition (other gases), carbon dioxide content, CO2 specification, 
operating temperature, operating pressure, gas throughput, and disposal method. 
However, a preliminary selection can be made. For instance, a guideline for CO2 removal pro- 
cess selection is shown in table 3.6 based on plant size and CO2 partial pressure [3]. Chemical 
5The diameter is around 0.1pm 
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absorption can not treat economically gases with high CO2 concentration, as the maximum 
solvent load is limited by stoichiometry. Adsorption is used for intensive purification (purity 
less than 0.5%) but cannot economically be used for bulk removal. Gas permeation and phys- 
ical absorption are the most promising options. In these cases, gas permeation has significant 
potential, but the number of industrial applications still remains limited. Physical absorption 
also offers numerous advantages in the context of this work, such as the possibility of assess- 
ing different gas-liquid contactors such as conventional columns, micro-porous membrane, and 
downhole absorption6. 
Table 3.6: Guideline for selection of CO2 removal processes [3]. 
Process type Plant size CO2 partial pressure 
Chemical absorption High Low 
Physical absorption High High 
Gas permeation Low High 
Adsorption Low Low 
3.4 Solvent selection 
Many physical solvents are used on commercial C02/natural gas separation plants such as TriB- 
utyl Phosphate (TBP), Propylene Carbonate (PC), Methylcyanoacetate (MCA), N-Formyl/Acetyl 
morpholine (NFM and NAM), N-Methyl-2-Pyrrolidone (NMP), Methanol, Dimethyl ether of 
polyethylene glycol 250 - DMPEG, n-butane ... , etc. 
The latter one is an n-alkane, which is 
used at cryogenic temperatures in the Ryan-Holmes process. We will base our discussion by 
comparing non-alkane solvents with alkane solvents. Then, the Ryan-Holmes process and the 
potential for a new alkane-based process will be described. 
3.4.1 Alkane solvents/non-alkane solvents 
Selecting a solvent is a complex task, as many constraints must be satisfied. The following 
criteria for selecting a solvent has been proposed [1]: "selectivity for H2, COS and HCN, ease 
of handling water content in feed gas, ease of controlling water content of circulating solvent, 
concurrent hydrocarbon loss or removal with acid gas removal, solvent cost, solvent supply, 
chemical inertness, royalty cost, thermal stability, and proven plant performance for various 
processing techniques. " A second author [11] recommends that the solvent verifies the following 
criteria: "high capacity for CO2, extremely low vapour pressure at operating temperature, low 
solubility for hydrocarbons, low viscosity. low hygroscopicity, high stability under operating 
6Direct injection of the solvent in the bottom of the wells. 
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conditions, non reactive with all components, non corrosive to common metals, and readily 
available at a reasonable cost. " 
Although the lists are different they both provide a satisfactory list of requirements for a 
physical solvent. However, it should be noticed that some of these requirements are not valid 
in the case of an alkane solvent. For example, alkane solvents do not need to present a "low 
solubility for hydrocarbons", nor do they need to have an "extremely low vapour pressure 
at operating temperature". Also, "controlling water content of circulating solvent" is not 
needed. The explanation is a consequence of the process flowsheet (see figure 3.3) and can be 
explained by the fact that the solvent (alkane) and the gas to be treated (natural gas) are of 
the same nature, namely alkanes. Loss of solvent in the treated gas outlet and absorption of 
heavier hydrocarbon in the alkane solvent do not represent a problem anymore. The solvent 
composition does not change in a dramatic way during the operation, as with the case of 
aqueous solvents7. 
Alkane solvents present numerous additional advantages over non-alkane solvents. Disposal of 
the solvent after operation is an important criteria, especially for offshore operations. Alkane 
solvents can be disposed by injecting them into treated natural gas pipelines; they are readily 
available, do not require complex formulation, can be easily tuned in a continuous manner 
as the average molecular weight roughly drives the solvent properties and can be changed by 
adding another alkane. They are non-polar (contrary to other solvents) and hence are less 
complex to model. Alkane solvents are inexpensive compared with formulated solvents and 
are not subject to royalties. They are also not hygroscopic, not corrosive, not reactive with 
natural gas components, and thermally stable. A full comparison is presented in table 3.7. 
The only drawback can be the solubility of CO2 which is expected to be lower as they are not 
polar. An example of a process operating with an alkane solvent is given in the next section. 
3.4.2 Ryan-Holmes process 
The Ryan-Holmes process was developed in the early 1980s [12], aiming to separate acid gas 
from natural gas using distillation columns. This process was developed in order to avoid 
solid formation observed in low temperature distillation of methane/C02 system (presented in 
section 3.2.1). It was observed that adding butane decreases the temperature at which solid 
formation occurs. This process claims to treat natural gas with high concentrations of acid 
gases (up to 95%), and was operated on FOR projects where liquid CO2 was re-injected into the 
well at high pressure. The Ryan-Holmes process used n-butane as a solvent and was operated 
at cryogenic temperature (around 200 K). The solvent has proven preferential absorption for 
CO2 in natural gas, using conventional absorption equipment (see figure 3.4). This process is 
patented [12], and advantages of using an alkane solvent rather than an aqueous solvent have 
7Aqueous solvent composition changes because water and heavy hydrocarbons are absorbed during the 
process. 
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Requirements non-alkane alkane 
Disposal necessary not necessary 
Formulation complex simple 
Cost high low 
Readily available no yes 
Thermodynamic modelling complex (polar) non-polar 
Loss of solvent in CO2 and natural gas outlets only in CO2 rich outlet 
Tunable properties by changing the water content by adding another alkane 
Replacement often not a priori 
Solubility high (polar) lower (non polar) 
C5+ absorption problematic ok 
Water absorption affect the solubility of CO2 ok 
Hygroscopicity no yes 
Non-corrosive - yes 
Non-reactive - yes 
Viscosity - low 
Thermal stability - yes 
Royalty cost yes none 
been reported. Despite the high energy requirement for cooling the feed gas, this process has 
proven economical when the natural gas feed is at high pressure (increasing the solvent loading 
according to Henry's law) and CO2 outlet is needed at high pressure. 
3.4.3 Potential for a new alkane-based process 
Adapting the Ryan-Holmes process to high temperatures 
As highlighted in the description of the Ryan-Holmes process, alkane solvents can be used 
economically in specific applications. Adapting the process to a suitable temperature brings 
several advantages (as no cooling is needed) such as simpler operation, reduced footprint, 
and reduced energy requirements. In addition, the solvent can be used in different gas-liquid 
contactors as highlighted in section 3.3. However, n-butane at well temperature is not in the 
liquid state and hence can not be used as a solvent (bubble point around 0°C). The Ryan- 
Holmes process must be adapted at well temperature, which requires the selection of an alkane 
with a higher carbon number. 
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Figure 3.4: Simplified flowsheet of the Ryan-Holmes process (source: [12]) . 
Solubility and selectivity of the alkane 
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Performance of physical absorption processes is driven by two important factors: solubility 
and selectivity. The solvent should have a high solubility for C02, as this ensures that high 
quantities of CO2 are transported in the solvent and transferred from the absorber to the 
solvent regenerator. The solvent should also have a sufficient C02/CH4 selectivity, as this 
allows the solvent to absorb preferentially CO2 compared to methane. Selectivity is defined as 
follows: 
-total 
Kliquid 
Kvapour 
(3.1) 
where Kvapour - YC02- , 
Kliquid = XC02 , and yc02 
is the vapour mole fraction of CO2, YCH4 YCH 4 XCH4 
is the vapour mole fraction of CH4, XC02 is the liquid mole fraction of C02, and 1cH4 is the 
liquid mole fraction of CH4. 
Calculations using the SAFT-VR equation of state have shown that alkanes (from C8 to 
C16) have a selectivity of around 2.8 at 300K (26.85°C) and 2 at 373K (99.85°C) [13]. VLE 
experiments [14] have been conducted for ternary system: C02, CH4 and n-decane. They show 
satisfactory selectivity of around 1.7 for a pressure below 10 MPa and a temperature of 344.15K 
(71°C) (see figure 3.5). Solubilities of CO2 are given by a second set of experiments [15], where 
n-decane solvent shows comparable solubility with the commercial Fluor solvent as shown in 
table 3.8. However, comparing the Henry's constant is a simplistic approach as the validity of 
Henry's law is limited to low dissolved gas concentration. 
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Figure 3.5: Selectivity of n-decane solvent [14] for mixtures at different pressure. Note that 
several points are at the same pressure: this corresponds to different mixture compositions for 
the same P and T. The higher is the selectivity the higher is the methane concentration. 
Table 3.8: Henry's constant for n-decane solvent and Fluor solvent. The solubility is expressed 
using Henry's constant, which is the proportionality constant between the C02 partial pressure 
and the CO2 mol fraction in the liquid solvent. Note that Henry's law is valid only for low 
concentration of dissolved gas. 
Solvent Henry's constant (MPa) Reference 
Fluor solvent 
n-Decane 
11.8 MPa at 313 K and 26.9 MPa at 373 K 
8.45 MPa at 300 K 
[16] 
[15] 
Determining the range of suitable alkanes 
The alkane solvent should be in the liquid state within the range of temperature of the process 
(between freezing point and bubble point). The range of temperature is unknown, but it 
should correspond to temperatures above ambient. Alkanes between C4-C14 freeze below the 
0°C temperature, as shown in figure 3.6. Boiling points for alkanes with a low number of 
carbon are close to ambient temperatures. It seems clear that butane, pentane and hexane 
should be avoided, with the respective boiling point values: 272.7 K, 309.2 K and 341.9 K. 
The viscosity of the solvent is the second concern. Viscosity should be as low as possible in 
order to minimise solvent circulation costs. As reported in [17], the viscosity increases with 
the number of carbon and decreases with temperature. Typical viscosity values reported are 
2 cP at 350 K for n-dodecane (C20), and 1.28 cP at 273.15 K for n-decane (C10). This range 
of viscosity is not prohibitive as long as the temperature of the process is kept away from the 
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Figure 3.6: Freezing point (squares) and boiling point (triangles) with respect of the number 
of carbon of the n-alkane [17]. 
freezing point. As a conclusion, the suitable range of n-alkane should be within the C7-C14 
range. This range will be used later on in the optimisation of process. 
3.5 Concluding remarks 
Numerous processes have been developed for CO2 removal. However, physical absorption 
is more appropriate for bulk removal. This solution can be implemented in many different 
ways not only using conventional equipment such as columns, but also with micro-porous 
membranes, or even by direct injection of the solvent into the well. Alkane solvents present 
numerous advantages compared to non-alkane solvents as it has been highlighted in the case of 
the Ryan-Holmes process. However, the Ryan-Holmes process operates at cryogenic temper- 
ature requiring high energy costs. Other alkanes such as n-decane can be used as solvents at 
well temperatures. Selectivity and solubility of such solvent seem promising in order to achieve 
the separation and should be assessed. 
References 
[1] Newman S. A. Acid and sour gas treating processes. Gulf Publishing Company. 1985. 
[2] Speight J. G.. Gas processing: environmental aspects and methods. Butterworth- 
Heinemann. 1993, ISBN 0750611324. 
[3] Kohl A. L.; Nielsen R. B. Gas purification. Gulf Publishing Company. 1997, ISBN 0-88415- 
220-0. 
[4] Maddox, R. N. Gas conditioning and processing. Campbell Petroleum Series. 1994,4. 
[5] Rojey A.; Jaffret C. Natural gas - production processing transport. Edition Technip, Paris. 
1996. 
[6] Judkins R. R.; Burchell T. D. CO2 removal from gas streams using a carbon fiber composite 
molecular sieve. First National Conference on Carbon Sequestration, Washington D. C.. 
2001. 
[7] Omatete 0.0.; Burchell T. D.; Gabbard A. W.; Rogers M. R.; Judkins R. R. Development 
of novel activated carbon composites. Oak Ridge National Laboratory. 2003. 
[8] Dortmundt D.; Doshi K. Recent developments in CO2 removal membrane technology. 
UOP LL, Des Plaines, Illinois.. 1999. 
[9] Parro D. CO2 hydrocarbon membrane separation system from laboratory to commercial 
success. Prepared for presentation at American Institute of Chemical Engineers. 1985. 
[10] Dindore V. Y.; Brilman D. W. F.; Feron P. H. M.; Versteeg G. F. CO2 absorption at elevated 
pressures using a hollow fiber membrane contactor. Journal of Membrane Science. 2004, 
235 (1-2), 99-109. 
[11] Kohl A. L.; Buckingham P. A. The Fluor solvent C02-removal process. Oil and Gas Jour- 
nal. 1960,58,146-156. 
[12] Holmes A. S.; Ryan J. M. Cryogenic distillative separation of acid gases from methane. 
U. S. Patent 4.318.732-_4,1979. 
39 
3. Bulk CO2 removal processes 40 
[13] Patel B.; Galindo A.; and Jackson, G. A novel offshore separation process for CO2 - 
methane systems with hydrocarbon solvents. IC Consultants -ICON Ltd, 2003. 
[14] Dunyushkin I. I.; Skripka V. G.; Nenartovich T. L. Phase equilibria in the systems CO2 - 
n-butane - n-decane and CO2 - methane - n-decane. Deposited Doc. VINITI. 1977,2180- 
77. 
[15] Horvath M. J.; Sebastien M.; Chao K. C. Gas chromatograph method for the determination 
of gas solubility in liquids. Industrial and Engineering Chemistry Fundamentals. 1981,20, 
394. 
[16] Isaacs E. E.; Otto F. D.; Mather A. E. Solubility of H2S and CO2 in propylene carbonate 
solvent. The Canadian Journal of Chemical Engineering. 1977,55, 751-752. 
[17] Reid R. C.; Prausnitz J. M.; Sherwood T. K. The properties of gases and liquids McGraw- 
Hill, 5th edition. 2000. 
Chapter 4 
Thermodynamic description of 
mixtures of CH4, C02 and n-alkane 
using SAFT-VR 
4.1 Background 
In the previous chapters, we have shown that physical absorption processes are particularly 
suitable to remove large quantities Of C02 from natural gas. In their study of a process involving 
an alkane (n-butane) as a solvent, the Ryan and Holmes [1] showed that alkane preferentially 
absorbs C02 rather than methane. This effect has been confirmed experimentally for another 
alkane (n-decane) [2]. From an operational point of view, alkane solvents present numerous 
advantages compared to other solvents, as alkanes are natural constituents of natural gas. 
In the context of our research programme it is important that the performance of such process 
is assessed. It is necessary to show first of all that the separation process is technically feasible, 
and then that it would economically profitable and competitive. The modelling and the costing 
of an absorption process is required, but this assessment is usually complex as a large variety 
of equipment may be involved. In addition, the thermodynamic behaviour of the methane and 
C02 components in the presence of an alkane solvent needs to be known accurately in order 
to provide a realistic prediction of the process design. The vapour-liquid equilibria (VLE) 
is generally an important source of uncertainties for the design of an absorption separation 
process [3]: an error in the estimation of the separation factor of ±5% leads to an error of - 
20% to +40% on the required number of stages in a distillation column. In addition, the range 
of pressures and temperatures involved in this process is large as the absorption occurs under 
high pressure and the solvent regeneration is atmospheric; this can correspond to temperatures 
ranging from anibient to 450-500K for some of the gas streams. 
o-butane solvent was identified by Rvan and Holmes as the optimal solvent for their cryogenic 
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(T < 273K) distillation process. For a non-cryogenic absorption process, longer alkanes with 
correspondingly higher boiling points can be used. The identification of the optimal solvent 
requires one to establish a thermodynamic model for the range of n-alkane considered. Longer 
alkane solvents are likely to be too viscous whereas shorter alkane solvents are likely to be too 
volatile. Hence, we have considered a range of solvents of suitable volatility and viscosity be- 
tween n-heptane and n-tetradecane. Solvent mixtures could also be advantageous compared 
to pure solvent. For instance, a mixture of n-heptane (C7) and n-eicosane (C20) could be 
advantageous: the longer alkane (n-eicosane) would enhance the absorption Of C02, and the 
presence of the shorter alkane (n-heptane) would ensure that the solvent remains liquid and 
is not too viscous. 
In addition to the three natural components of the system (i. e. C02 + CH4 + n-CnH2n+2)1 
one would also need to describe the thermodynamics of some other components such as 112S, 
H20) C2H6.... etc. Indeed, it would be of interest to investigate whether H2S in the feed 
would be absorbed with C02 or not. Though CH4 is the main constituent of natural gas, 
other hydrocarbon components, such as ethane, propane, or sometimes some heavier alkanes, 
are generally present. Water is also a common constituent of natural gas and the impact of its 
presence should also be assessed. 
Several approaches are available to predict the thermodynamic properties of such mixtures 
which are characterised by a highly non-ideal behaviour. The shape of non-spherical molecules 
such as the alkanes CnH2n+2 and C02 need to be represented accurately, as does the effect of 
electrostatic interactions in dipolar or quadrupolar molecules such as H20 or C02. 
Conventional approaches including cubic equations of state (Peng-Robinson [4] or Soave- 
Redlich-Kwong [5]) or activity coefficient models (Wilson [61, NRTL and UNIQUAC) have 
been used widely for these kinds of system, even though the theory does not account explic- 
itly for the molecular non-sphericity or electrostatic interaction. Such methods are used with 
relative success in the industry for systems for which there is ample experimental information. 
Their main limitation is that the parameters inherent in the approaches rely heavily on the 
correlation of data and hence can not be used with confidence as a predictive tool for states 
outside this thermodynamic range. 
Several other approaches based on a more detailed knowledge of the intermolecular interaction 
have been developed. They provide a description of the intermolecular interaction through a 
set of parameters which have a more rigorous physical meaning (representing the non-sphericity 
or the electrostatic interaction). These molecular theories perform better than conventional 
approaches when it comes to the prediction of properties of systems where limited experimental 
data is available. Hence, they can be used as a predictive tool with more confidence. An early 
molecular approach of this kind is exemplified by the work of Beret and Prausnitz [7] on 
the PHCT (Perturbed Hard Chain Theory), or the work of Kim et al. [81 with the SPHCT 
(Simplified Perturbed Hard Chain Theory), which accounts for the rion-sphericity of chain 
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molecules through the concept of the Prigogine c-factor for chain conformations. Around the 
same time Twu and Gubbins [9,10] developed an accurate perturbation theory which could 
be used to account for polar and quadrupolar electrostatic forces. The Perturbed Anisotropic 
Chain Theory (PACT) was also developed by Vimalchand and Donohue [11] to account for 
both the non-sphericity of chains and the attractions due to dipoles and quadrupoles. This 
theory was extented by Ikonomou and Donohue [12] to take into account of effect of association 
(hydrogen bonding), Associated Perturbed Anisotropic Chain Theory (APACT). 
The recent progress in statistical mechanics of associating systems (Wertheim's theory [13-16]) 
allowed Chapman, Jackson, Gubbins, and Radosz [17-20], to develop a truly molecular-based 
equation of state: the Statistical Associating Fluid Theory (SAFT). From this approach, several 
versions of the SAFT equations of state have been derived such as that developed by Huang 
and Radosz [21,22], LJ-SAFT [23,24], SAFT-VR [25,26], soft-SAFT [28], and most recently 
PC-SAFT [29,30]. The SAFT approaches allow one to describe fluids (pure or mixture) of 
various shape (spherical or chain molecules) and subject to various kind of interaction (from 
simple van der Waals attraction to association, chemical bonding and electrostatic). A full 
review of SAFT approaches is given by Miffler and Gubbins [31]. 
In the case of SAFT-VR, molecules are described by terms of several segments m, with the in- 
teraction between segments modelled by attractive potentials (usually a square-well potential). 
SAFT-VR provides excellent representation of the properties of simple chain molecules such as 
n-alkanes [32] or polymers [33,341, and can also treat other complex molecules such as perfluo- 
roalkanes [35,361. Of special relevance for this work is the successful use of SAFT-VR by Blas 
and Galindo to predict VLE of binary mixtures involving C02 and a wide range of n-alkanes: 
both the critical phenomena [37] and high pressure phase behaviour [381 was examined. 
The SAFT-VR equation of state and the model parameters used to describe alkane-C02 Sys- 
tems are thus particularly appropriate for our system, and has been selected for this work. 
A brief summary of the SAFT-VR theory is provided in the following section (section 4.2). 
The adequacy of the intermolecular parameters used to respresent the molecules within the 
SAFT-VR equationof state has to be assessed for our system, and refined by comparison with 
experimental data where necessary. Properties of single component fluids and binary mixtures 
fluids have been intensively studied; however experimental data for ternary mixtures become 
scarce for the system of interest here. In sections 4.3 and 4.4, we show how the thermody- 
namic model has been obtained from pure and binary mixture data. In section 4.5, we assess 
the quality of the new thermodynamic model parameters as a predictive tool by comparison 
with experimental data for our ternary mixture and for other binary mixtures involving a wide 
range of ii-alkanes. 
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4.2 SAFT-VR theory 
In this section, we recall the basic features of SAFT-VR in order to provide provide the 
necessary information for the discussion in the following sections. More in-depth information 
can be found in the original SAFT-VR paper of Gil-Villegas et al. [25] for pure fluids and the 
extensions to mixtures by Galindo et al. [26]. 
In 1989-1990, Chapman et al. [19,20] used the Wertheim theory to develop a general approach 
based on statistical mechanics for associating fluids, namely SAFT. In 1990, Huang and Radosz 
developed an equation of state based on the SAFT approach first for pure fluid [21] and later 
on for mixtures [22]. The sequential molecular description increases in complexity, going from 
the ideal gas model, to the model a, b, and c shown in figure 4.1. The initial ideal gas model 
of the non-interacting molecules is not represented. Model a is an atomised reference system 
of spherical segments (or monomers) that make up the molecules with a non-negligible-volume 
with additional weak attractive forces (dispersion forces). Model b represents a system made of 
chain molecules (or polymer) formed from the monomeric segments. The final (full) molecular 
model c is a system of chains b where some strong attractive sites at some specific locations 
of the chain have been included. These sites can then be used to represent strong bonding 
between molecules such as hydrogen bond or even chemical bond. 
0 0 0 
0 0 
0 0 
0 0 
4d9 
(a) (b) (c) 
Figure 4.1: A sketch of the progression of molecular models used in a SAFT description going 
from the monomeric reference system (a), to chain molecules (b), and to associating chain 
molecules systems (c) 
The SAFT equation of state is constructed from the Helmholtz free energy contribution for 
each stage of the molecular model. For a given volume and temperature, the contribution to 
the Helmholtz free energy associated with each model shown in figure 4.1 can be summed as 
separate perturbations. The Helmholtz free energy of the system is thus represented as the 
sum of the contributions AMONo ACHAIN and AASSOG required respectively to go from the 
ideal gas model to model a, from model a to b, from model a/b to c. 
Amodela = AMONO 
Amodelb ý 4modela + ACHAIN 
(4.1) 
(4.2) 
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Amodelc = Amodelb + AASSOC (4.3) 
ATOTAL = AIDEAL + AMONO + ACHAIN + AASSOC (4.4) 
4.2.1 Interaction between segments or sites 
In the case of SAFT-VR, a square-well potential is often used to represent the interaction 
between like or unlike segments. However, other potentials can also be used like the Lennard- 
Jones, Yukawa or Sutherland potentials. The square-well potential can be given by the follow- 
ing expression: 
+00 
uij (r) = -Ezj 
0 
ifr<aij 
ifO-Zj <r<AijQ2j, 
if r> AZji7ij 
(4.5) 
where uij is the interaction potential between sites Z and J or segment i and 3; r is the distance 
between the centers of i and J; (Tij is the minimum distance possible between the centers-, Aij 
is the range of interaction. Note that for values of r higher than Aijaij the potential is zero, 
so that the segments (molecules) do not interact over long distances. 
4.2.2 Ideal gas term 
The Helmholtz free energy for an ideal gas model made of chain molecules of negligible volume 
with no attractive forces is given by Lee et al. [39] for mixtures: 
AIDEAL n 
_ xi In(piA3) 
N. kB -1 
i=1 
(4.6) 
where pi = Ni1V is the number density; Ai is the thermal de Broglie volume of the species Z 
(which contains the translational and orientational contributions); xi is the mole fraction of 
specie i; n is the total number of components; Ni is the number of chain molecules of specie 
i; N is the number of chain molecules in the mixture; kB is the Boltzmann constant; and T is 
the temperature. 
4.2.3 Monomer term 
In the case of model a, the segments are spherical, but do not have a negligible volume. In 
addition, weak attractive forces are considered such as dispersion forces (London forces), which 
are due to the induced dipole interactions. The additional term required is refered to as the 
monomer term A. AJONO and is expressed as the sum of: the contribution due to the repulsive 
interactions of the hard-sphere segments A" (volume non-negligible), and the contribution 
for the dispersion forces A DISP: 
n 
A"O"'ro = mi, rz(Axs + 14DISP) (4.7) 
2=1 
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where mi is the number of spherical segments in each chain i. 
The hard-sphere contribution can be approximated using the residual Carnahan and Starling 
[40] free energy expression [41] : 
AHS 4,1 - 3Tj2 
NkB (1 - q)2 
(4.8) 
The attractive term (dispersion term) can be expressed as a perturbation series expansion in 
the inverse of the temperature 0- llkB. T: 
ADISP = /3. a1 +02 a2 (4.9) 
where al and a2 are the first two perturbation terms. This high-temperature expansion ap- 
proach, inspired from the work of Zwanzig [42], is the so-called Barker and Henderson pertur- 
bation theory [43-45]. Galindo et al. [26] provide an algebraic expression for the al and a2 
terms in the case of mixtures of spherical monomers interacting through square-well potentials 
with a variable range of A. 
4.2.4 Chain term 
The chain contribution to the Helmholtz free energy accounts for the creation of a molecule 
comprising m segments (or monomers) has been given by Galindo et al. [26] for mixtures of 
square-well chain molecules: 
ACHAIN n 
NkBT 
(1 - mi) In ysw (a22 ) 
Bý i_1 
where yjSjW(ajj) = gsw(uij) exp(-Ocij) is the monomer (i) -monomer (j) background correlation ij 
function evaluated at hard-core contact. gjSjW(ajj) is the pair distribution function (interaction 
between i and J) at the contact (the distance between the segments is then 0-ij = 1/2(O-jj+ajj)). 
The contact pair distribution function g, tý, W(ajj) for a mixture of square-well molecules corre- 
sponding to the i-j interaction can be obtained from a high- temperature expansion (cf. the 
monomer contribution of the previous section), as shown by Galindo et al. [26]. 
4.2.5 Association term 
The Helmholtz free energy contribution due to the association of si sites on molecule of species 
'I . is obtained using the Wertheim theory [13-16], and can be expressed as follows [17]: 
A. -SSOC n Si 
_Y xi[si/2 + ln(Xa,, i - Xa, i/2)] (4.10) NkBT 
i=1 k=1 
where Xj is the fraction of molecules i not bonded at site a. They are obtained from the 
mass action equation as detailed in [26]. 
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4.2.6 Combining rules 
The characteristics of the square-well between two unlike segments i and j are defined by the 
parameters (Tij, Eij and Aij. Lorentz-Berthelot (LB) like combining rules can be used: 
aii + 0-j j 
0ij =2 (4.11) 
Eij = (1 -k) 
(EiiEjj )1/2 (4.12) ý 
Aij = (1 - kid) 
Aiiaii + Ajjajj 
(4.13) 
aii + 07j j 
where ki'j and kjAj are the so-called binary interaction parameters that indicate a deviation from 
the LB rule. Generally, these parameters are estimated using binary mixtures experimental 
data as will be shown in the next section. An estimation of the parameters 0-ii, Cii and Aii and 
mij for each pure component is required beforehand. These parameters can be obtained using 
pure component vapour pressure and saturated liquid density data. 
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4.3 Estimation of the SAFT-VR parameters for pure fluids 
As shown previously, a number of parameters which characterise the molecular models are 
required to represent the mixture of three components: the SAFT-VR pure component pa- 
rameters and the binary interactions. In the next section, the focus is on the determination 
the binary interaction parameters, whereas in this section we focus on the SAFT-VR parame- 
ters for each component, which are also referred to as the SAFT-VR pure parameters. These 
parameters are commonly obtained from some macroscopic properties of pure fluids such as 
liquid density or vapour pressure. The pure fluid parameters for C02 and CH4, and the per- 
formance of the model are shown in section 4.3.1. The parameters for n-alkane are formulated 
as a function of the number of carbon atoms of the alkane. They are presented in section 4.3.2. 
4.3.1 Parameters for CO2 and methane 
The parameters for C02 and CH4 have previously been refined to describe coexistence data. 
In common with other equation of state approaches this leads to an over prediction of the 
critical pressure and temperature [33,37]. As the near- and super-critical regions of these 
two compounds is of interest in this work, the parameters orij and Eii have been rescaled 
to reproduce the critical temperature and pressure (see [37] for more detail). The resulting 
parameters are presented in table 4.1. We also give the unscaled parameters as a reference. The 
Table 4.1: SAFT-VR parameters for CH4 and CO2. 
Component 1 Tni aii (A) ciilkB(K) Aii 
TT 
114 1 4.0576 156-50 1.4479 
CH4 (unscaled) 1 3.6847 167.30 1.4479 
C02 2 3.1364 168-89 1.5157 
C02 (unscaled) 2 2.7864 179.27 1.5157 
vapour pressure curve of methane is presented in figure 4.2: very good agreement is obtained 
near the critical point as expected; a small deviation near the triple point is observed (at 
low temperature) as shown on the Clausius-Clapeyron representation of figure 4.3. A good 
estimation of the molar volume of the vapour and liquid states is necessary for the simulation 
of the separation process, for instance, to convert mass flow rate into volumetric flow rate, or 
to estimate the absorber or tank volume (see chapter 5.2.1). A assessment of the description 
of the molar volume V by comparison with the experimental data is presented for supercritical 
conditions as well as for vapour-liquid equilibrium in figures 4.10 and 4.4. Two projections of 
the PVT surface of the vapour-liquid equilibria are given. The first corresponds to a pressure- 
volume projection of the PVT surface for a temperature of 273.15K; the agreement for volume 
of the vapour is very good, whereas the volume of the liquid is overestimated by the rescaled 
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Figure 4.2: Vapour pressure curve of CH4 from the triple point to the critical point. The 
SAFT-VR calculations (continuous curve) are compared with experimental data: vapour-liquid 
equilibria (empty diamonds) [461, triple point ý(filled circle) and critical point (filled triangle) 
[47]. 
model (see figures 4.10 and 4.4, or the temper at ure- density projection of figure 4.5). Several 
supercritical isotherms have also been plotted for temperature from 273.15K up to 400K in 
figure 4.10. The model slightly overestimates the volume of the gas. Analogous results are 
obtained for C02 as can be seen from the corresponding figures. 
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Figure 4-3: Clausius-Clapeyron representation of the vapour pressure curve of CH4 from the 
triple point to the critical point. The SAFT-VR calculations (continuous curve) are compared 
with experimental data: vapour-liquid equilibria (empty diamonds) [12], triple point (filled 
circle) and critical point (filled triangles) [47]. 
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Figure 4.4: Teniperature-volunie projections of the VLE for CH4. The SAFT-VR representa- 
tion of the VLE (continuous curves) are compared with experimental data (filled circles) [48]. 
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Figure 4.5: Temperature-density projections of the VLE for CH4. The SAFT-VR representa- 
tion of the VLE (continuous curves) are compared with experimental data (filled circles) [48]. 
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Figure 4.6: Vapour pressure curve Of C02 from the triple point to the critical point. The 
SAFT-VR. calculations (continuous curve) are compared with experimental data: VLE (en-Ipty 
diamonds) [491, triple point (filled triangles) and critical point (filled dianionds) [50]. 
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Figure 4.7: The Clausius-Clapeyron representation of the vapour pressure curve Of C02 from 
the triple point to the critical point. The SAFT-VR calculation (continuous curve) are com- 
pared with experimental data: VLE (empty diamonds) [49], triple point (filled triangles) and 
critical point (filled diamonds) [50]. 
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Figure 4.8: Temperature-volunie projections of the VLE for C02. The SAFT-VR representa- 
tion of the VLE (continuous curves) are compared with experimental data (filled circles) [48]. 
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Figure 4.9: Temperature-density projections of the VLE for C02. The SAFT-VR representa- 
tion of the VLE (continuous curves) are compared with experimental data (filled circles) [48]. 
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Figure 4.10: Press ure-voluine projections of the VLE and supercritical isotherms for CH4. The 
SAFT-VR representation of the VLE (thick curves) and isothern-Is (thin curves) are compared 
with experimental data: VLE (enipty squares) [481 and isotherms (filled circles) [511. 
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Figure 4.11: Pressure-volume projections of the VLE and suberitical isotherm (273 K) and 
supercritical isotherms for C02. The SAFT-VR representation of the VLE (thin curve) and 
isotherms (thick curves) are compared with experimental data: VLE (empty squares) [48], 
supercritical isotherms (filled triangles) [521, subcritical isotherm (filled squares) [53]. 
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4.3.2 Parameters for n-alkane 
The SAFT-VR parameters for square-well models of the n-alkane solvent are available in the 
literature. Paricaud et al. [33] have developed a correlation that gives the SAFT-VR parameters 
as a function of the molecular weight of the alkane MWj, in g. mol-1 and is formulated as 
follows: 
mi = 0.02376 x MWil(g. Tnol-1) + 0.6188 (4.14) 
mi(c, ii/A) 
3=1.53212 
x MWil(g. Tnol-1) + 30.753 (4.15) 
mi(eii/kB)/K = 5.46587 x MWil(g. mol-1) + 194.263 (4.16) 
TniAii = 0.04024 x MWil(g. mol-1) + 0.6570 (4.17) 
This correlation is used in this work. 
4.4 Estimation of the interaction parameters for binary mix- 
tures 
In section 4.2.6, we mentioned how the parameters aij, Eij and Aij for mixtures can be obtained. 
Two adjustable parameters k' and 0. are required to represent the actual behaviour of a binary i3 23 
mixture. The range of the cross (unlike) interaction is assumed to be the arithmetic mean of 
the like ranges, so that adjustable parameter kiAj is set to zero in this study. Only the deviation 
of the unlike dispersion energies from the Berthelot rule characterised by ki'j is considered here. 
Hence, the following relations for the unlike parameters are used: 
O-ij = 
aii + ajj 
Eij kj'j)VT(ý7, -jcjj; Aij = 
'7" A" + O-jj Ajj 
2 0-ii + ujj 
The unlike interaction energy parameter ki'. is estimated based on isothermal vapour-liquid 1] 
equilibrium experimental data over a wide range of temperatures and pressures for each of the 
three relevant binary mixtures: C02 + CH41 C02 + n-decane, and CH4 + n-decane. A large 
number of experimental data points and sources is used; the details are given in appendix 
B. For C02 + CH4 mixtures, we use 317 experimental data points over 24 temperatures. 
n-decane (CIO) is chosen as a representative compound in the n-alkane series as large sets of 
experimental data are available. For C02 + CIO and CH4 + CIO, we selected experimental data 
for pressures below 10 MPa and temperatures below 477 K; this corresponds to the operating 
range of the separation process that is being considered in our work. All the experimental data 
available in Detherm [54] are used, namely 111 points for CH4 + CIO and 85 points for C02 + 
Cioý both over 15 temperature values, and 312 points over 24 temperatures for CH4 + C02- 
Each kij is estimated by minimising the deviation between the experimental data and the 
SAFT-VR calculations. The objective of the parameter estimation is to obtain the best possible 
description of the vapour-liquid equilibrium of the three binary mixtures using SAFT-VR. 
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Indeed, the interaction parameter V, between the two unlike molecules i and j has a strong ij 
impact on the vapour-liquid equilibrium. The application of the phase rule shows that the 
equilibrium between a vapour and a liquid of the same binary mixture is described by two 
independent parameters, and hence the number of degrees of freedom is 2. 
The methodology developed here is as follows. We use all the experimental data. The data 
can be represented as P= P(x, T) and y= y(x, T), where x is the liquid composition, y is the 
vapour composition, T is the temperature, and P is the pressure. For given values of kj'j, x, 
and T the values obtained fromm the SAFT-VR description for vapour-liquid equilibria returns 
the estimated vapour composition YSAFT and equilibrium pressure PSAFT; these values can be 
compared to the corresponding experimental values YEXp and PEXp. The error between the 
experiments and the SAFT-VR prediction has been formulated as the sum of the absolute error 
from each experimental point. The error of each experimental point is the sum of the error 
produced by the prediction of the pressure PSAFT and by the prediction of vapour composition 
YEXp as formulated in the equation below: 
n, xperiments 
)2 + 1))2 F (PEXPW - PSAFT(i) 
(YEXP(i) 
- YSAFT(' 
The error minimisation of the objective function F is then performed using the parameter 
estimation functionality of gPROMS. The error minimisation of F has been carried out for the 
three binary mixtures. The individual errors of the pressure and vapour composition have been 
calculated; i. e., the mean average percentage error (MAPE) and absolute average deviation 
(AAD). 
AAD (Pressure) - 
AAD(Vapour Composition) 
1 
nexperiments 
nexperiment, 8 
ý7ý 1 PSAFT (Z) - PEXP (Z) 1 (4.20) 
ne 
1 xperiments 
nexperiments 
MAPE(Pressure) = 
1 
nexperiments 
IYSAFT(i) - YEXP(T)l (4.21) 
nexperiments 
PSAFT PEXP (i) 
1 (4.22) 
PEXPW 
nexperiments 
MAPE(Vapour Composition) -- 
IE 
nexperiments 
i==l 
The values are reported in table 4.2. 
YSAFT(O - YEXP(O 
YEXPW 
(4.23) 
The interaction parameters kij estimated in this way from the binary experimental data are: 
kc - -0-053006; k F- --:::: +0-036798; V -:: - 0.089642. (4-24) CH41ClO CH4-CO2 C02, ClO --+ 
Since the n, -alkanes belong to a homologous series. we assume that the interaction parameters 
between CH4 (or C02) and any n, -alkane solvent are the same as those between CH4 (or C02) 
4. Thermodynamic description of mixtures of CH4, C02 and n-alkane using SAFT-VR 57 
Table 4-2: Errors for the predicted vapour-liquid equilibrium pressure and vapour mole fraction. 
Mixture MAPEVc for the pressure AAD[mol] for the vapour mole fraction 
CH4/CO2 0.021 0.0236 
C02/C10 0.099 0.0010 
CH4/ClO 0.076 0.0027 
and n-decane. To summarise, the interaction parameters kij have been generalised to any 
n-alkane: 
kE - -0.053006; k' - +0-036798; k' - +0.089642. (4.25) CH4, C, H2, ri +2 CH4)C02 C02, C,, H2n+2 
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4.5 Results 
In this section, we carry out an evaluation of the SAFT-VR molecular model developed in the 
previous section. This is undertaken for mixtures involving CH4 i C02 and n-alkanes 
(binary or 
ternary). Few experimental data of the ternary mixture are available in the literature. Some 
have been found involving CH4, C02, and n-decane. Numerous experimental data for binary 
mixtures are available. So, we have evaluated the thermodynamic model for C02 + CH4, CH4 
+ n-decane and C02 + n-decane. In addition, binary mixtures involving other n-alkanes, from 
n-hexane up to n-hexadecane, are presented. 
4.5.1 Binary mixture Of C02 + CH4 
In figure 4.12, the pressure-composition graphs of the C02 + CH4 mixture are plotted for 
several temperatures ranging from 199.82K to 271.48K. Very good agreement is obtained, 
even close to the critical point of the mixture. 
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Figure 4.12: The pressure- composition representation of the vapour-liquid equilibria for dif- 
ferent temperatures for the mixture C114 + C02 mixtures. The description obtained with the 
SAFT-VR equation of state (continuous curves) are compared with experimental data (filled 
diamonds) [55]. 
fý 
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4.5.2 Binary mixtures of CH4 + n, -decane and0f C02 + n-decane 
Three sets of vapour-liquid equilibria calculations have been carried out for three temperatures: 
310-93Ký 344.26K and 377.59K. The liquid and vapour compositions are plotted in figure 4.13 
for CH4 + n-decane and in figure 4.15 for C02 + n-decane. Both mixtures are well represented 
by the SAFT-VR approach with the parameter models developed as described in the previous 
section. One should note that the pressure domain has been restricted to pressure below 
20MPa (the upper limit of operation of the type of process that we are considering). We also 
give the in figure 4.14 the full graph. 
20 
10 
0 
20 
10 
20- 
00 
10- 
L 
0.0 0.2 0.4 0.6 
x CH ý YCH 
44 
0.8 1.0 
Figure 4.13: The press ure- comp osit ion representation (limited to pressure below 20MPa) of 
the vapour-liquid equilibria of the mixture CH4 + n-decane for temperatures 310.93K, 344.26K 
and 377.59K (from top to bottom). The description obtained with the SAFT-VR equation of 
state (continuous curves) are compared with experimental data (filled circles) [56ý 
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Figure 4.14: The pressure- comp osit ion representation of the vapour-liquid equilibria of the 
mixture CH4 + n-decane for temperatures 310.93K, 344-26K and 377.59K (from top to bot- 
tom). The description obtained with the SAFT-VR equation of state (continuous curves) are 
compared with experimental data (filled circles) [56] 
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Figure 4.15: The pressure-composition representation of the vapour-liquid equilibria of the 
mixture C02 + n-decane for temperatures 310.93K, 344.26K and 377.59K (from top to bot- 
toni). The description obtained with the SAFT-VR equation of state (continuous curves) are 
compared with experimental data (filled circles) [57] 
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4.5.3 Binary mixture of CH4 + n-hexadecane and Of C02 + n-hexadecane 
Predictive simulations have been carried out for three set of temperature: 373.15K. 423.15K 
itions are plotted in figure 4.16 for CH4/ý?, - and 473.15K. The liquid and vapour compos 
hexadecane and in figure 4.17 for C02/n-hexadecane. Both mixtures are well represented 
by the developed SAFT-VR thermodynamic model, considering that the unlike interaction 
parameters were estimated for the -n-decane systems. 
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Figure 4.16: The pressure-composition representation of the vapour-liquid equilibria of the 
mixture CH4 + n-hexadecane for temperatures 373.15K, 423.15K and 473.15K (from top to 
bottom). The prediction obtained with the SAFT-VR equation of state (continuous curves) 
are compared with experimental data (filled circles) [58] 
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Figure 4.17: The pressure-composition representation of the vapour-liquid equilibria of the 
mixture Of C02 + n-hexadecane for temperatures 323.15K, 343.15K and 393.20K (from top to 
bottom). The prediction obtained with the SAFT-VR equation of state (continuous curves) are 
compared with experimental data (filled circles corresponds to reference [59] for T= 323.15K 
and 343.15K; filled square corresponds to reference [60] for T= 393.20K) 
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4.5.4 VLEOf C02 + n-alkanes mixture and CH4+ n-alkanes mixture 
The SAFT-VR thermodynamic description has been developed for mixtures comprising n- 
decane. In this section, we show how the parameters can be used in a transferable fashion 
within the SAFT-VR approach for others mixtures involving the n-alkane homologous series 
for a given temperature (313.15K): n-hexane, n-octane, n-dodecane and n-hexadecane. The 
results are presented in figure 4.18 for C02 mixtures, and in figure 4.19 for CH4- It is gratifying 
to see such a good predictive capability using our transferable parameters within the SAFT-VR 
approach. It is also interesting to see that a signature of the onset of liquid-liquid equilibria is 
seen at high pressure for the mixture of with the longer hydrocarbons [37]. 
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Figure 4.18: The pressure-composition representation of the vapour-liquid equilibria of the 
mixture C02 + n-alkane for a fixed temperature 313.15K (from top to bottom, n-alkanes is n- 
hexane, ii-octane, ii-dodecane and n-hexadecane). The prediction obtained with the SAFT-VR 
equation of state (continuous curves) are compared with experimental data (filled circles [61] 
for ii-hexane, [62] for ii-octaiie, [631 for n-dodecane and [641 for ii-hexadecane) 
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Figure 4.19: The pressure-composition representation of the vapour-liquid equilibria of the 
mixture CH4 + n-alkane for a fixed temperature 323.15K (from top to bottom, n-alkanes 
is n-hexane, n-octane, n-decane, n-dodecane and n-hexadecane (T=320K)). The prediction 
obtained with the SAFT-VR equation of state (continuous curves) are compared with ex- 
perimental data (filled circles [65] for n-hexane; [66] for n-octane; [671 for n-decane; [68] for 
n-dodecane and [691 for n-hexadecane) 
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4.5.5 VLE of ternaryC02 + CH4+ n-decane mixture 
Very few experimental data involving ternary mixtures Of C02, CH4 and an n-alkane can be 
found in the literature [2]. These experiments were carried out at a temperature of 344-15 K. for 
4 values of pressure: - 5,10,15 and 20 MPa. The vapour-liquid equilibriuni of the 11-lixture 
can be represented on a ternary diagram as shown in figure 4.20. Very good agreenient is 
seen between the SAFT-VR predictions and the experiments. The SAFT-VR model perforins 
better for pressure below 10 MPa as expected, but for pressure beyond IOMPa the i-nodel still 
performs very well. 
ý10 C 
0.24 0.8 
0.4 0.6 
0.6 
0.4 
0.8 0.2 
0 CIoo. Io. 40.0.8 co 
P=4.9MPa 2 
CIO 
0.2A 
... 0.8 
0.4 
0.6 
0.6 
0.4 
0 0. 0.2 
0 0.8 coo 
P=14.7MPa 
0. 
0.8 
0.4 
0.6 
0.6 0.4 
0. 2 
0 0.2 0.4 0.6 0.8 C6 
P=9.8MPa 
C 
()-47ý ýýý0.6 
0.4 
0.2 0.4 0.6 0 1 P= 1 9.6M Pa 
11-1 Co 
1) 
Figure 4.20: Vapour-liquid equilibrium of the ternary mixture C02, CH4 and n-decane. The 
temperature is 344.15K for the three data set obtained at different pressure: 4.9MPa, 9-8MPa, 
14.7MPa and 19.6MPa. The experimental points are in red [2] and the SAFT-VR simulations 
are in blue. The black lines are here for indications, showing that the liquid phase is richer in 
C02 than the liquid phase. 
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The results for the mixture show that for a gas mixture Of C02 and CH4 in contact with a 
heavier hydrocarbon solvent such as n-decane, we obtain a preferential absorption Of C02. 
It confirms the results obtained previously [70]. We observe a good agreement between the 
SAFT-VR model and the experiment in term of K-values as shown in figure 4.21. We observe 
a slight overestimation of the K-values with SAFT-VR, which is in agreement with the first 
figure 4.20 where the liquid point predicted by SAFT-VR is slightly shifted toward the right 
(C02 side), which shows that the absorption Of C02 is slightly overestimate. 
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Figure 4.21: K-values for the ternary mixture C02, CH4 and n-decane as function of pressure 
(4.9MPa, 9.8MPa, 14.7MPa and 19.6MPa), for a constant temperature is 344-15K and for sev- 
eral C02 concentrations. The experimental points are the empty circles [21 and the SAFT-VR 
simulations are the full squares. Note that for a give pressure, Ktot increases with decreasing 
C02 contents. 
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4.6 Conclusion 
The choice of the thermodynamic description for the C02 + CH4 + n-alkanes mixtures is 
crucial for the accuracy of the simulation of the separation process simulation. The lack of 
available experimental data does not allow us to use correlation- based equations of state such as 
cubic equations; a molecular-based description such as SAFT provides significant advantages. 
A particular advantage of an approach such as SAFT-VR compared to cubic equations of state, 
is clearly its ability to predict the behaviour of the complete molecules family such as n-alkane. 
Molecular parameters have been developed within a SAFT-VR description for the C02 + CH4 
+ n-alkanes mixtures. The development of such model has been done in several steps: first the 
vapour-liquid equilibria of each pure fluid are described with the SAFT-VR parameters. The 
interaction parameters for unlike molecules are then estimated by refinement to the vapour- 
liquid equilibrium data involving the three binary mixtures C02+CH4, C02+n-decane and 
CH4+n-decane. Finally, the performances of the model parameter and their transferability 
within SAFT-VR equation of state are assessed by predictive comparisons other experiments: 
some binary mixtures involving C02 + other n-alkanes and CH4 + other n-alkanes (from n- 
octane to n-hexadecane); ternary mixture Of C02 + CH4 + n-decane. The agreement between 
the experiment data and the SAFT-VR description is fully satisfactory, and this model can 
now be used in a process design environment for simulations and optimisation of the separation 
process. The main conclusion of our SAFT-VR predictions of the vapour-liquid equilibria of 
the C02 + CH4 + n-alkane ternary mixtures is that C02 is preferentially absorbed into the 
heavier hydrocarbon. This is unexpected in that one would naively expect methane to be 
more compatible with a heavier hydrocarbon than C02. In the following sections we design 
and optirmse a physical adsorption process in which we take advantage of this unusual and 
unexpected feature by using the higher n-alkanes as solvents for C02/ CH4 separation. A 
particularly, useful aspect of the molecular models developed within the SAFT-VR framework 
for the C02 + CH4 + n-decane system is the transferability of binary interaction parameters. 
This will enable one to combine a process modelling and optimisation scheme with mixture 
design, where the choice of solvent (n-alkane) forms part of the inner core of the process 
optimisation rather than being prescribed at the start of the process modelling. 
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Chapter 5 
Modelling of a physical absorption 
based separation process 
Our objective is to design a physical absorption process for the separation Of C02 from a 
natural gas stream. The natural gas stream is assumed to be composed only of methane and 
C02. The solvent used for the absorption is an n-alkane, for which the physical properties have 
been described in the previous chapter. The plan established is firstly to model a conventional 
absorption process, and secondly to optimise the performance of the modelled process. 
In this chapter, we focus on the modelling of the process. A physical absorption process 
requires several levels of modelling: the thermodynamic modelling which has been presented 
in the previous chapter; the phase equilibrium modelling which is necessary to find the vapour- 
liquid equilibrium occurring at the different thermodynamic stages of the process; the units 
modelling where the mass and energy balances equations are used; the unit cost modelling 
where the stream properties are used to evaluate the equipment dimensions and then its cost; 
and finally the profit modelling where all the capital and operating cost as well as the revenues 
from the sale of natural gas are used to estimate the process profit. 
5.1 Process Model 
5.1.1 Introduction 
The thermodynamic model developed in the previous chapter can be used for the separation 
Of C02 and CH4 using an n-alkane solvent. The units used in a physical absorption process 
are well-known: a tray absorber, some mixers, some flash units for the solvent regeneration-, 
some additional units are required to ensure the flow of fluids (gas or liquids), such as pumps 
or compressors. 
A conventional absorption process can be divided into two main parts: the absorption unit 
where the absorption Of C02 by the solvent takes place; and the regeneration unit in which the 
13 
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dissolved C02 is released from the solvent. These two parts are connected via some pipes along 
which pressure reduction, heating or cooling can take place, and on which displacement pumps 
are installed allowing the solvent to circulate from the absorption unit to the regeneration unit 
and vice-versa. 
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Figure 5.1: A simplified flowsheet of the separation process. This is the gPROMS graphic 
interface. The raw gas is expanded and then enters the absorber from the bottom. The gas 
rises in the column whereas the clean solvent, which has been injected from the top of the 
absorber, flows downwards. Molecules Of C02 are progressively transferred to the solvent, so 
that the gas leaving from the top of the absorber is almost pure methane (or natural gas). The 
charged, C02-rich, solvent leaving from the bottom of the absorber is regenerated. Indeed, 
when the pressure is reduced in the two consecutive expanders of the flash-units, a C02-rich 
gas phase appears. The gas phase frorn the first flash unit is rich in methane so it is recycled 
to the inlet of the absorber; the gas phase from the second flash unit is almost pure in C02 
and constitutes the C02 waste stream. 
In this work, we tried to keep the model as sin-iple as possible in order to limit the complexity 
of the model and keep the focus on the process and solvent design. -, Ale neglect transients 
effect, and hence use a steady-state inodel. ýVe assuirie that the therinodý, nainic equilibrium 
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is always reached, i. e. we neglect kinetics in heat and mass transfers. We use only mass and 
energy balance equations, and use no hydrodynamics effects such as pressure drop. We also 
assume no spatial variation, and hence use lumped-models. 
Absorption units can be of different types, each aiming to enhance the absorption efficiency', 
but always follow the same principles. An absorption unit can be seen as single-stage absorp- 
tion units placed in series. In each stage, a different vapour-liquid equilibrium is established, 
allowing a partial absorption. The series layout allows to achieve a total absorption. The 
absorption unit is consequently a multi-stage unit. Additional equipment can be used to im- 
prove the performance of the absorption unit, such as reboiler and condensers, which can be 
used on both outlets of the absorption unit. Inter-stage cooling can also be added but will 
not be considered here. The regeneration section is of the same nature as the absorption unit: 
it is a serial association of single-stage separation units, or flash units, where vapour-liquid 
equilibrium is achieved. The main difference is the number of inlets of the total -unit: only one 
for the regeneration unit which carries the C02-rich solvent and two for the absorption unit 
which carry the fresh natural gas and the clean solvent. An example of process flowsheet is 
presented in figure 5.1. Several units are used in this process. They have various numbers of 
inlet and outlet. Each inlet/outlet is modeled as a two-phase stream (liquid+vapour), even 
when the stream is an unsaturated liquid or gas. The presence of a liquid and a vapour in the 
two-phase stream requires the calculation of the vapour-liquid equilibrium (VLE). 
We will first give in section 5.1.2 a description of the information carried by the stream, then 
present in section 5.1.3 how vapour-liquid equilibrium are solved, and finally give in section 
5.1.4the models for the different units - 
5.1.2 Description of the two-phase streams 
The use of streams in process model is usefull in a process involving many units. The streams 
carry several information from one unit to the next such as the pressure, temperature, and 
composition. The advantage of using streams is that the information carried in the stream can 
be simply transferred to the next unit without the need to recalculate it every time. 
In our model, the streams have been designed for a mixture flow of liquid and vapour. The 
fluid is a mixture of 3 components: C02, n-alkane, and CH4, even if the methodology can be 
used for m components with m>3. The information carried by the stream are the one of 
two monophasic streams: the flowrate, the pressure, the temperature, the molar composition, 
the molar entropy, the molar enthalpy and the molar volume. In the case of the liquid stream, 
the information is respectively: Fliq, Pliqi Tliqi X(I : 3), Sliqj hliq and Vliq; and for the vapour, 
Fvap, Pvap, Tvap, YP : 3), 8vap, hvap and Vvap. "(1: 3)" indicate that the variable is a vector 
of dimension 3, otherwise it is a scalar. Some additional information about the mixture are 
carried by the stream: F the total molar flowrate, P the pressure, T the temperature, Z(1 : 3) 
'TraY towers, packed tmvers. spray towers can be used depending on the condition of use. 
5. Modelling of a physical absorption based separation process 76 
the molar composition, s, j, the molar entropy, hi,, the molar enthalpy and Vj, the molar 
volume. 
This methodology has been developed to cover not only the case of a mixture of vapour and 
liquid in thermodynamic equilibrium, but also the case of a monophasic stream: unsaturated 
gas or liquid. In the case of an unsaturated liquid stream, the "vapour part" of the two-phase 
stream needs to be defined. A phase equilibrium model has been specifically developed to 
cover the three cases in a simple manner, and is presented in the next section. 
5.1.3 Phase equilibrium model 
The phase equilibrium model developed answers the following problem: given the total flow rate 
F, pressure P, temperature T and mixture composition Z(1 : 3), we would like to determine 
the number of phases and their properties. Depending on the total composition of the mixture 
Z(1 : 3) and conditions, the mixture can de-mix into two phases (liquid + vapour) or simply 
remain a single fluid (liquid or vapour). In order to be able to handle the two cases, we will 
consider that the mixture always de-mixes but sometimes with some negative amount of liquid 
or vapour. This relaxed constraint makes the phase equilibrium problem solvable in all the 
cases. We will solve this virtual vapour-liquid equilibrium problem, that we will note VLE*. 
Once this equilibrium problem is solved, we will be able to solve the real equilibrium, noted 
VLE. The equilibrium VLE* is described by the the liquid molar composition X*, the vapour 
molar composition Y*, the liquid molar volume V17quid, and the vapour molar volume V* vapour- 
The mixture of composition Z(I : 3) de-mixes into a vapour phase of composition Y*(I : 3) 
and a liquid phase of composition X*(I : 3). These three vectors are linearly dependent in 
order to satisfy the mass balance. This can be written with two scalar variables a* and V 
*-I (with a* +b-, but a* and V can be negative, similar to [1]): 
Z(l : 3) = a*. X* (I : 3) + b*. Y* (I : 3) (5-1) 
The equilibrium between the vapour and the liquid requires the equality of pressures, tem- 
peratures and chemical potentials in the two phases. The SAFT-VR routines available in 
the SAFT-VR foreign object for gPROMS [2] allow to express explicitly most of the thermo- 
dynamic properties such as pressure, chemical potential, entropy, enthalpy as a function of 
the temperature, volume and molar quantities of each component (in this work, mole frac- 
tions are used with the foreign object). For example, the pressure in the liquid is given by 
P PSAFT (T, Vliq iX 
(I : 3)). The virtual vapour-liquid equilibrium can be obtained by solving 
the following set of equations: 
P 
P 
PSA FT (T, I ",, *Op. V* (I : 
= PSAFT(T, Vli*q, X*(1: 3)) 
= PSAFT(T, V,,, p, 
Y*(1: 3)) 
= PSAFT(T, Vliq, X*(' : 3)) 
(5.2) 
(5-3) 
(5.4) 
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The real vapour-liquid equilibrium can now be solved, and deduced from the virtual vapour- 
liquid equilibrium. We define the equivalent set of variables for the real equilibrium: a, b, 
X (I : 3) and Y (I : 3). The mass balance equation is written as follows: 
Z(I: 3) - a. X(I: 3) + b. Y(I: 3) (5-5) 
with a+b=L Depending on the value of a*, different cases can be observed. If a* > 1, 
the mixture is an unsaturated liquid. As a consequence, a =: 1. The liquid composition is the 
mixture composition X (I : 3) Z (I : 3). The vapour composition can be arbitrarily defined, 
for instance Y(I : 3) = Y*(1 3). If a* < 0, the mixture is an unsaturated gas. It can be 
deduced that a=0. The vapour composition is the mixture composition Y(l : 3) = Z(I : 3), 
and we arbitrarily define the liquid composition: X(I : 3) - X*(I : 3). Otherwise when 
0< a* < 1, the real and the virtual equilibrium are identical. a= a*, X(I : 3) = X*(I : 3) 
and Y (I : 3) = Y* (I : 3). The different cases can be written as follows: 
a=0.5+0.5. sign(a*-b*). min(la*-b*1,1) 
X(1: 3) = X*(1: 3)+(Ib*l-b*). (X*(1: 3)-Y*(1: 3))/2 
Y(1: 3) - Y*(1: 3)+(Ia*i-a*). (Y*(1: 3)-X*(1: 3))/2 
The flowrate of liquid and vapour streams can then be deduced: 
Fliq= Fa 
F, 
ap - F. b 
(5.6) 
(5.7) 
(5-8) 
(5-9) 
(5.10) 
The molar volume of the liquid Vliq and of the vapour V,, p are expressed implicitly and obtained 
with the following equations: 
P PSAFT (T, Vliq iX 
(1 
: 3)) (5.11) 
P PSAFT(T, Vap, Y(1: 3)) (5-12) 
The molar volume of the mixture Vj, is also calculated with the following equation: 
V, i, = a-vliq + b-Vvap (5.13) 
The molar enthalpy of the liquid hliq, vapour h,,, p, and mixture h, j., are also calculated with 
the following equations: 
hliq hSAFT (T, Vliq iX 
(1 3)) (5.14) 
hvap hSAFT (T, Vvap ,y 
(1 3)) (5.15) 
h ... j, a. hliq + 
b. hvap (5.16) 
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The molar entropy of the liquid Sliq, vapour svap, and mixture s,, i, are calculated with the 
following equations: 
Sliq SSAFT(T, Vliqi X(I 3)) (5-17) 
Svap --- S SAFT (T, Vvap iy 
(1 3)) (5.18) 
s, i, = a. Sliq + 
b-Svap (5-19) 
We can now see that we have solved the problem of finding the liquid and vapour characteristics 
given the total composition, total flowrate, temperature and pressure. This phase equilibrium 
model is now ready to use for each vapour-liquid equilibrium stage of the different units involved 
in the separation process. 
5.1.4 Unit models 
The methodology developed for solving the phase equilibrium can be used for the units involved 
in the process. The number of inlets and outlets is generally I or 2. Even though the streams 
are treated as two-phase, we show the expected nature of each of these streams in table 5.1. 
Table 5.1: Number of inlets and outlets for each unit, and nature of the streams. 
Unit Number of inlets Number of outlets 
Tank I (two-phase) 2 (1 is liquid /I is vapour) 
Mixer 2 (both two-phase) I (two-phase) 
Expander I (liquid or vapour) I (two-phase) 
Týray 2 (1 is liquid, I is vapour) 2 (1 is liquid, 1 is vapour) 
Compressor I (vapour) I (can be two-phase) 
Pump I (liquid) I (liquid) 
Splitter I (two-phase) 2 (two-phase) 
The models described in this section have been implemented in gpROMS2. The gPROMS code 
for each of these models are given in appendix C. 
Expander 
The expanders are used to reduce the pressure of a gas (at the inlet of the absorber), or of a 
liquid (at the inlet of a flash unit) from pressure PO to Pi. An expander has one inlet and one 
outlet. The composition and flowrate of the inlet and outlet streams are conserved. 
(F)inlet (F)outlet (5.20) 
2 Process Modelling Software developed by Process Systems Enterprise Ltd. 
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The mass balance between the inlet and the outlet for each species is written as follows: 
(Z(l : 3))inlet (Z(l : 3))outlet 
Also, we assume that the expansion is isenthalpic. 
(Hmix)inlet -::::: (Hmix)outlet (5.22) 
A VLE problem for the outlet stream is solved to determine the amount and composition of 
the liquid and of the vapour. 
Gas-liquid separator tank (Flash unit) 
A gas-liquid separator tank has one two-phase (liquid+vapour) inlet stream, generally, and two 
outlets: one liquid stream and one vapour stream. We assume that the liquid outlet and the 
vapour outlet are completely separated so that there is no liquid carry-over in the gas stream 
or gas bubbles in the liquid stream. The liquid part of the inlet stream is then the outlet 
liquid stream, and the vapour part of the inlet stream is the outlet vapour stream. Then, 
a vapour-equilibrium is calculated for each outlet in order to calculate all the properties of 
the stream. The mass balance and energy balance for the liquid outlet stream are written as 
follows: 
(Z(I : 3)) liquid- outlet :::::::: (X(I : 3))inlet 
(F) liquid- outlet (Fliq)inlet 
(T) liquid- outlet (T)inlet 
and the mass balance and energy balance for the vapour outlet stream: 
(Z(I : 3)) vapour -outlet :: ý 
(Y(I : 3))inlet 
(F)vapour-outlet (Fvap)inlet 
(T)vapour-outlet 
--` 
(T)inlet 
Mixer 
(5.23) 
(5.24) 
(5.25) 
(5.26) 
(5.27) 
(5.28) 
A mixer has two inlet streams (inlet, and inlet2) and one outlet stream outlet. Each of the 
two inlet streams can be two-phase (liquid +vapour), as well as the outlet stream. The mass 
and energy balances are expressed as follows: 
(F)inletl*(Z(l : 3))inletl + (F)inlet2*(Z(l : 3))inlet2 = (F)o, ti, t. (Z(l : 3))outlet (5.29) 
(F)j, jetj-(b, 7, ix)i,, ictj + 
(F)inlet2 
. 
(hmix)inlet2 
= (F) outlet. (hm ix) outlet (5-30) 
A new vapour-liquid equilibrium problem is solved at the outlet of the mixer, which can then 
be passed to the strean-i connectors. 
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Absorber / Trays 
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The absorber has two inlets (noted Inlet - vapour for the vapour and Inlet - liquid for the 
liquid) and two outlets (noted for the liquid outlet - vapour and for the vapour outlet - liquid) 
as shown on figure 5.2 The absorber is made of ntrays trays. Each tray (ith tray) has two inlets: 
outlet-vapourli+i) outlet-liquidli+l) 
(1+1 )lh tray 
inlet-vapourli+1 I inlet-liquidli+l) 
- 
- 
outlet-vapourlil outlet-liquidli) 
inlet-vapourlil inlet-liquidlil 
Figure 5.2: 
one for the liquid [in let - vopoti rj (i) and one for the vapour [inlet - liquid] (i) -, and two outlets 
([olitict - copoirr](i) and 
[oOlet - liquid](i)). The liquid inlet comes from the top of the tray 
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and is mixed with the vapour inlet coming from the bottom. This new mixture is assumed 
to be perfectly mixed. It generates also a new vapour-equilibrium. We assume that the new 
vapour and the new liquid are in thermodynamic equilibrium. Then, the vapour leaves the 
ith tray from the top and enters the (i + 1)th, whereas the liquid leaves by the bottom and 
enters the (t - I)th tray. The model used for one tray is equivalent to a mixer followed by a 
gas-liquid separator tank, which has been described previously. The vapour outlet of the tth 
tray is connected to the vapour inlet of the (i + I)th tray: 
stream [inlet - vapour] (i + 1) = stream [outlet - vapour] (i) (5.31) 
The liquid outlet of the (i + 1)th tray is connected to the liquid inlet of the ith tray: 
stream[outlet - liquid](i + 1) = stream[inlet - liqutd](O (5.32) 
The bottom tray vapour inlet is connected to the vapour inlet stream of the absorber, and the 
bottom tray liquid outlet is connected to the liquid outlet stream of the absorber: 
stream[inlet - vapour](1) -- inlet - vapour 
stream [outlet - liquid] (1) = inlet - liquid 
A similar connection is done for the top tray: 
stream[outlet - vapourl(ntrays) = outlet - vapour 
stream[znlet - liquid](ntrays) = mlet - liquid 
Compressor 
(5.33) 
(5-34) 
(5-35) 
(5.36) 
The compressor has one inlet (noted inlet) and one outlet (noted outlet). The compressor is 
used to compress a gas stream from the inlet pressure to a specified outlet pressure. The shaft 
work given by the compressor to the gas is W. The molar shaft work is w and is defined by 
the following equation: 
(F) inlet -W 
(5.37) 
The composition and flowrate of the inlet and outlet streams are conserved, so we can write: 
(F)inlet (F)outlet 
The mass balance between the inlet and the outlet for each specie is written as follows: 
(Z(l : 3))inlet (Z(l : 3)),,, ti, t 
Also, we assume that the compression is isentropic: 
(11 
m ix) inlet --- I 
(1177iix)outlet 
(5.38) 
(5.39) 
(5.40) 
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Finally, the energy balance is written as follows: 
(hmix)inlet + Uý :: -- (hmix)outiet (5.41) 
Note that eventual appearance of liquid can be detected as the vapour-liquid equilibrium is 
calculated at the outlet. 
Pump and gas turbine 
The models used for the pump (for liquid) or the gas turbine (recovers energy from the fluid) 
are identical to the one for the compressor described previously, and hence not detailed here. 
One can refer to the gPROMS code in appendix C. 
Heat Exchangers 
Several heat exchangers can be used in the process to control the solvent temperature. The 
solvent can be cooled with some cold water, or heated with some steam. The heat exchange 
can also be done between two solvent streams of different temperatures. In the three cases, 
conventional shell-and-tube heat counter-current exchangers are used. 
A heat exchanger has two inlets and two outlets. The mass balance equations can be written 
for each stream for the compositions and the flowrates: 
(F cold) inlet =ý (F cold) Outlet =F cold 
(F hot )inlet --= (F 
hot) 
outlet =F 
hot 
(Zcold (I : 3))inlet (Zcold(I : 3))o, tiet 
(Z"ot(I : 3))inlet - (z4ot(I : 3))outiet 
(5.42) 
(5.43) 
(5.44) 
(5.45) 
The change in molar enthalpy between the inlet and the outlet of the cold stream is noted q,, ld 
and is expressed as follows: 
qcold = (h"'- cold)outlet _ (hrn'x-cold) inlet (5.46) 
The change in molar enthalpy between the inlet and the outlet of the hot stream is noted qhot 
and is expressed as follows: 
hot 
= (hm'x -hot )inlet - (hm'x -hot)outlet (5.47) 
The energy balance can then be written, with Q the rate of exchanged energy between the two 
streams: 
F hot q 
hot 
=F 
cold q cold =Q (5.48) 
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5.1.5 Concluding remarks 
83 
We have presented a model designed for the simulation and optimisation of the separation 
process. This model has been developed for streams of two-phase flow where phase transitions 
can occur. The methodology has numerous advantages. The complexity of the phase behaviour 
of the ternary mixture C02/CH4/n-alkane can be tackled with the phase equilibrium model 
developed. It enables to follow some eventual phase transitions that can occur in the process 
as conditions are varied during optimisation. This model gives the properties of the fluid 
at any location of the plant. The dimensions of the units have not been estimated in this 
section, as they were not required for the estimation of the fluid characteristics. Indeed, the 
dimensioning of the units is required to ensure a good behaviour of each unit with respect 
to the flow characteristics such as the flowrate, pressure, and temperature. In this chapter, 
all the models assumed perfect mixing and thermodynamic equilibrium. The dimensioning is 
presented in the next section. 
5.2 Process cost estimation and economic objective establish- 
ment 
The models presented in the previous section are used to estimate the composition and proper- 
ties of each stream of the plant. The dimensions of each unit were not required to estimate the 
flow characteristics, but the dimensions can be determined from them. Numerous correlations 
exist in the literature that makes the link between the size of the unit and its purchased cost. 
The purchased cost of each unit can then be used to estimate the total capital investment of 
the plant as shown in section 5.2.1. Costs associated with the operation of the plant can also 
be estimated. They include the labour, utilities, maintenances, repairs, taxes.... etc. This is 
detailed in section 5.2.2. The total cost of the separation plant can then be calculated, and an 
objective function can be formulated that maximise the production of clean natural gas at a 
minimal separation cost. This is presented in section 5.2.3. 
5.2.1 Establishing Total Capital Investment 
In order to establish the total capital investment, we estimate first the cost of the equipment 
involved in the process. The cost of the equipment is generally obtained from some relationships 
between the size and the cost (exponential law), the cost being the purchased cost, and the 
size being a characteristic of the equipment such as the power for a pump, or the volume for a 
pressure vessel. The cost is determined for a given material, for instance carbon steel (CS); and 
a material factor naust be applied if i-nore complex materials need to be used. The installation 
costs are generally higher than the purchased costs of the equipment, and should be taken into 
account in the total capital investment. They Mclude the piping. instrumentation, electrical, 
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Figure 5.3: Typical flowsheet for the C02/CH4 separation process. 
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civil work, structures & building, and lagging. The installed cost of the equipment is obtained 
by applying a factor to the purchased cost. This factor depends on the equipment type and 
cost. Indirect costs and working capital need to be estimated in order to obtain the total 
capital investment. Indirect costs are the cost for engineering and supervision, construction 
expenses, contractor's fee and contingency. Some rules obtained from previous projects are 
available in the literature [4,6,7]. 
Purchased Cost 
The separation process for C02/CH4 involves several equipment as shown in figure 5-3: heat 
exchangers, turbines, pumps, compressors, mixers, pressure vessels, chokes, and absorption 
column (tray column). The cost of the mixers and chokes are negligible compared to the cost 
of others equipment. We give in this section the purchased cost of the equipment in U. S. 
dollars (USD), for the year 1991, and for a construction in carbon steel (CS). Note that the 
presence Of C02 can lead to corrosion of carbon steel equipment, so that other material might 
be needed. 
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Heat Exchangers: In the case of a transfer between the solvent and a cold water stream, 
the cold water molar flowrate F,,, t,, is obtained from the following equation, with CPwater 
75.3J/mol/K: 
FwaterCPwater-, -ý, Twater 
where ATwater is the temperature increase of the water. 
(5.49) 
Several heat exchangers can be used in the process to control the solvent temperature. The 
solvent can be cooled with some cold water, or heated with some steam. The heat exchange 
can also be done between two solvent streams. In the three cases, conventional shell-and-tube 
heat counter-current exchangers are used. The purchased cost of a heat exchanger is mainly 
dependent on its exchange area A (in m 2) . The purchased cost of a heat exchanger, shell-tube, 
fixed tube is given by Perry [6] (Chap 9, page 69): 
931 0.59 Purchased Cost x 0.85 x 21700 x (A/93) 1184. A 0.59, (5.50) 1000 
The performance of the heat exchanger is dependent on the surface exchange area A. We note 
Thot and Tcold the hot and cold inlet temperatures, and Tho' and Tcold the hot and cold inlet inlet outlet outlet 
outlet temperatures. 
The surface exchange area A is given by the following equation 5.51: 
A-Q (5-51) U-ATIogmean' 
where ATlogmean is the log-mean temperature and U is the heat transfer coefficient. The 
heat transfer coefficient is 284W/m 2 IK for solvent-water or solvent-solvent transfers, and 
852W/M2 IK for solvent-steam transfer [6]. The log-mean temperature is a function of tem- 
perature differences: 
ATlogmean ATI - AT2 (5-52) 
ln('ý'Tl) /I T2 
h cýold hot where ATI =T 0' - I-cold inlet -T and AT2 =T outlet outlet inlet 
An approximation of this equation has been given by Paterson [17], and has been expressed as 
follows: 
2 
.11 
AT1 +AT2 ATlogmean 
* 
(AT,. AT2) 2+-. ()1 (5-53) 
332 
This expression has the advantage to be defined even when ATI = AT2, which makes things 
much easier when it comes to initialise the problem with the gPROMS solver. This equation 
is therefore used. 
In the case of a transfer between the solvent and a steam stream, we assume that the steam 
condensates completely in contact with the cold solvent stream, so that the integrality of the 
vaporisation enthalpy is transferred to the solvent. The steam molar flowrate Fstearn can be 
obtained from the following equation: 
FsteamAH, tearn(Tsteam) (5.54) 
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where Ht,,,, is the heat of vaporisation of the steam. A correlation has been obtained from 
some available experiments [3] (mean average percentage error around 1.7%): 
AHsteam(Tsteam) = 4806.2. (647.23 - 
Tsteam )0.3816 (5-55) 
T'urbine: The size of a turbine depends on the power recovered from the gas stream. We note 
Wturbine the available power to recover. Taking into account of non-isentropic expansion with 
a non-isentropic factor of 0.8, the actual recovered power is then 0.8 x Wturbine . Accounting 
for the motor's energy conversion efficiency (taken as 60%), the electrical power generated by 
the turbine is 0.48 x Wturbine. The purchased cost is given as a function Of Wturbine (in kW). 
Two different sources mention very similar exponential law. The first one is from Ullrich ( [4], 
page 296): 
Purchased Cost = 
931 
x 2136.4 x (0-8 X Wturbine )0.6164 = 2323-58. Wturbine 
0.6164 (5-56) 
746 
The second one was given by Peters ( [51, page 535): 
Purchased Cost - 
931 
x 3250.5 x (0.8 x Wturbine )0.5935 = 2409-86. Wturbine 
0.5935 (5-57) 
1100 
The two expressions are very similar. The first source has been used in our model. 
Pumps: The cost of the pump is a function of the consumed power of the pump. The power 
required to transport the solvent from the inlet to the outlet of the pump is noted Wp,,, p (in 
kW). Accounting for an overall efficiency factor of 90%, the consumed power is then W,,,, p/0.9. 
The purchased cost of the pump is given by Perry ( [6], Chap 9- page 69). Two exponential 
laws are given for two operating ranges. For a small pump (consumed power below 30 kW), 
the purchases cost exponential law is: 
Purchased Cost - 
931 
x 1600 x( 
WPUMP/0-9)0.3 
= 840. Wp,,, p 
0.3 (5.58) 
1000 7.5 
V- 
For a large pump, for which Wp,,, p/0-9 > 30: 
Purchased Cost = 
931 
x 4400 x (. 
Wpump/0-9 )0.67 
- 244.53. Wp,, rnp 
0.67 (5-59) 
1000 74.6 
The purchased cost can be then formulated in a single equation, which has been used in our 
model: 
Purchased Cost = min(840. Wp,,, p 
0.3 
) 244-53-Wp,,, p 
0.67) (5-60) 
Gas Compressors: The gas compressor cost is mainly dependent on the power of the com- 
pressor. We denote the ideal compressor power by TVc,, p ....... Accounting for a 90% efficiency 
factor, the actual power is then TV,,,, p,, ssOr1O. 9. 
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The purchased cost is given by Perry [6] (Chap 9, page 69): 
Purchased Cost - 
931 
x 133000 x( 
Wcompre88or/0-9 ) 0.84 - 1435.6. Wcompressor 
0.84 (5.61) 
1000 224 
A second expression has been found ( [7], page 573), and is in agreement with the first expres- 
sion: 
Purchased Cost - 
931 
x 517.5 X (Wcompressor/0-9 x 0.7457) 
0.82 
= 1474.8. Wcompressor 0*82 (5ý62) 
280 
The first source has been used in this work. 
Pressure Vessel: The required volume of a pressure vessel Vtank used for the separation 
of gas and liquid is based on how much time the liquid remains in the tank. The longer 
the liquid remains in the tank, the less bubble will remain in the liquid. A residence timeT 
of 5 minutes (300 sec) is considered satisfactory to achieve a good separation for oil with a 
reasonable viscosity [18]. If we assume that an equal volume of liquid and vapour is present in 
the tank at any time, then we can deduce from the liquid flowrate Fliquid what is the volume 
of the pressure vessel Vtank as shown in the following equation: 
Vtank = 2-Fliquid-F-Vliquid (5.63) 
If we assume that the aspect ratio (the height H divided by the diameter D) of the pressure 
vessel is around 4, then we can express H and D as a function of the tank volume only: 
(Vtank /7 
4. (Vtank/7) 1/3 
(5.64) 
(5.65) 
The purchased cost of the pressure vessel has been given by Douglas ( [7], page 574) as a 
function of the diameter D (in feet) and the height H (in feet). 
931 
. 066 82 Purchased Cost =-x 101.9 x D' Ho. (5.66) 280 
It can be re-arranged as a function Of Vtank only (in m 
3) : 
. 
VO. 6287 Purchased Cost= 4832.42 , (5.67) tank 
The pressure of the tank also has a strong impact on the cost of the tank. Increasing thickness 
is required when the pressure increases. In the previous expression, the cost was calculated for 
a pressure vessel withstanding atmospheric pressure. A factor Fp must be applied to the cost 
to account for higher pressures: 
Purchased Cost = Fp. 4832.42. VO. 6287 (5-68) 
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Table 5.2: Pressure factors for a pressure vessel from [7]. 
Design Pressure (psi) 50 100 200 300 400 500 600 700 800 900 1000 
Fp 1.00 1.05 1.15 1.20 1.35 1.45 1.60 1.80 1.90 2.30 2.50 
The values of this factor available in the literature are shown in table 5.2. This factor is 
expressed as a function of the design pressure, which is the actual vessel pressure with a 1.5 
multiplicative safety factor Pdesign 1.5. Pvessel- 
In order to avoid discontinuities in the model, the previous table has not been implemented. 
Instead a second-order approximation has been produced, which expresses the pressure factor 
Fp as a second-order polynomial of the design pressure Pd,, ig,: 
Fp =: 0.0255. (Pd,, ig, /MPa)2 + 0.0387. (Pd,, ig, IMPa) + 1.0136, (5.69) 
This correlation can also be expressed as a function of the vessel pressure Pvessel: 
Fp = 0.057375. (Pvessel/MPa)2 + 0.05805-pvessel/MPa + 1.0136. (5.70) 
Distillation Column Trays and Tower Internals: 
Sizing: Number of trays Each tray has been considered as ideal, i. e. perfect mixing and 
thermodynamic equilibrium have been assumed. To take into account the non-ideality of the 
absorption, an efficiency factor is used. One possible way of doing that is to use an overall 
tray efficiency factor E0, which is defined as follows: 
Eo " Ntheoretical/Nactual (5.71) 
O'Connell [8] has shown a strong correlation between an overall tray efficiency factor and some 
properties of the liquid. Douglas ( [7], page 436) gives the following relationship (valid for 
efficiencies between 30% and 60%): 
Eo = 0.377. (M-ML-[IL/, OL) -0.209 1 (5.72) 
where m= yco, lxco, is the ratio of the mole fraction Of C02 in the gas feed to the mole 
fmctioii Of C02 in the liquid, A1IL is the liquid molecular weight, AL is the liquid viscosity (in 
cP) and PL is the liquid density (in lb/ 
ft3). We have produced another correlation which gives 
a better agreement with the experimental data used by O'Connell [8] in his original paper: 
Eo = 0.5 + 0.5. tanh(O-5738. loglo 
PL 
-0.2585) (5.73) M--IIL-IIL 
It should be noted that PL and PL should be known. We can make the assumption that the 
liquid is pure n-alkane, so the viscosity and the density is only a function of (P, T), the average 
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Figure 5.4: Tray overall efficiency factor EO as a function of HPImu 
Comparison of the new correlation (solid line) and the one of O'Connell [8] (dash-line). The 
diamonds are the experiments used to obtain the two correlations. The average absolute 
deviation (AAD) for the tray efficiency have been calculated: 5% for the new correlation and 
6.5% for the O'Connell correlation. The mean average percentage error is also in favour of the 
new correlation 537o and 183% for the O'Connell correlation which shows poor performances 
for low values of efficiency. 
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pressure and temperature. A correlation has been produced by Ducoulombier [9]. who gives the 
dynamic viscosities I-IC14 (in cP) of n-alkanes (from n-CIO to n-CI8) as a function of pressure 
(1-1000 bar) and temperature (20-100'C) as shown in equation (5.74) for C14: 
/IC14 -- expf ap2 + bP +c+ 
dp4 + ep3 +f p2 + gP +h (5.74) 
T- ip2 - jP -k 
where P is in bar and T in celsius, and the values of the constants are: a= -4-868729.10-6 ,b 
6.162691 . 10-3 ,c- -3.461585, 
d=1.545022.10-9) = -3.443880.10-6 f-4.187426.10-3, 
g= -2.527380, h= 874.0397,1 = -2-985316.10-4,0.3435125, and k= -182.6151. 
The viscosity of the other n-alkanes is obtained from the one of C14, using the following 
equation [9]: 
AL ý::: AC14-( )A. (Peritical)B. ( 
M 
)C 
(W4 
14 
ti 
p T MC14 0 
cal (ýý-tical 
(5.75) 
where: A=1.385374, B= -0.756972 and C- -0.532041. Note that this equation requires 
the knowledge of the critical pressure and temperature of the whole n-alkane family. For this 
purpose, we have produced a correlation for the critical pressure and temperature of the alkane 
family (from ethane to eicosane). The critical temperature is given as a function of the number 
of carbon atoms n (mean average percentage error around 1%): 
loglo(855 - TcriticalIK) = -0.043170-n + 2.809056 (5.76) 
And the critical pressure is given as a function of the critical temperature (mean average 
percentage error around 4%): 
Pcritical/MPa = 7.11345 - 0.007919. (Tcritical/K) (5.77) 
Sizing: Týray stack height and tower height The tray stack height h is deduced from 
the actual number of trays Nactual, provided that a tray spacing TS has been chosen. This is 
generally taken equal to 24 inches: 
h= Nactual. TS = NtheoreticallEO. TS (5.78) 
Some additional space at the top and at the bottom of the trays is required for the flow: 
H= Nactual. TS + additional space at the top and at the bottom (5.79) 
This additional space at the top and at the bottom is approximately 157c of the tray stack 
height, so we obtain the tower height H as follows: 
H=1.15. h (5.80) 
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Sizing: Tower Diameter The tower diameter is crucial to ensure stable operation within 
the column. Indeed, the counter-current flow of the solvent and the gas can generate numerous 
flow patterns, depending on the gas and liquid flows. Perry lists a number of problems that 
can occur ( [6], page 26): 
1. Entrainment flooding: this corresponds to the condition at which a liquid drop does not 
fall in the gas stream. 
Entrainment: this corresponds to the fact that some liquid drops are carried with the 
vapour from one plate to the plate above. 
I Weeping: this corresponds to the situation where the liquid flows downwards through 
the perforations (instead of having the gas flowing upwards through the perforations): 
4. Downcomer flooding: this is caused by an excessive liquid flow. 
In order to avoid the problems listed above, an appropriate tower diameter should be deter- 
mined. It can be done by means of the entrainment flooding velocity as explained by Douglas 
( [7], page 454) or Perry ( [6], page 26). The minimum velocity at which entrainment flooding 
occurs is the entrainment flooding velocity U,, flood. Normal operation requires to operate at 
about 80% of the maximum: Un 0-8-Un, floodi where Un is the gas velocity through the nett 
area and is calculated as follows: U,, = qg,,, /An; where q,,,, is the volumetric gas flow rate and 
A, is the nett area (see equation 5.84. Un, flood is obtained from the force balance between the 
droplet weight and the drag force exerted by the gas stream. 
0 liq P. 2. eL: l PG Un, flood - Csb, flood-(07 
L 
20 PG 
where Uliq is the liquid surface tension [in mN/m], PL is the liquid density [kg/M3] and pG is 
the gas density [kg/M3]. Csb, flood is obtained from a correlation established by Lygeros [10], 
and is expressed as a function of the plate spacing TS (in mm) and a ratio of liquid to vapour 
kinetic energy through FLG: 
Csb, flood 0.0105 + 8.127.10-4 TSO . 755 . exp(-1.463-FLG 
0.842) (5.82) 
The ratio of liquid to vapour kinetic energy through FLG is defined as follows: 
ktOlz: 
q: qliq FLG 
Ovap . qvap 
(5-83) 
One part of the total cross section of the column At is occupied by the downcomers; this section 
is called the downcomer area Ad- It generally occupies 20% of the nett area A, 
An = At -Ad 
Ad = 0.2. A, 
(5-84) 
(5.85) 
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An estimate of the liquid surface tension is required in equation (5-81). It can be obtained 
through the liquid and gas densities from the correlation of Macleod [12]: 
Parachor = or 
1/4 
Mliq 
- (PL - PV)' 
(5.86) 
where Mliq is the liquid molecular weight (in 9/MOI), PL and pv are the liquid and vapour 
densities (in kg/m3), a the liquid surface tension (in mN/m or dynes/cm), and Parachor 
a constant independent of temperature called the parachor. Quayle [14] used experimental 
surface tension and density data for numerous compounds to calculate the P constants of 
hydrocarbons. A full review of the subject is given by Escobedo and Mansoori [13]. We will 
apply the Macleod correlation to a multi-component mixture, as we need a rough estimate of 
the surface tension. Parachor parameters are given by Quayle [14] and are shown in table 5.3. 
Table 5.3: Parachor parameters for n-alkanes (C6 up to C12) from [14]. 
Alkane C5 C6 C7 C8 C9 CIO CII C12 
Parachor Parameter: P 231 270.8 311.3 351.1 391.1 431.2 470.6 510.1 
A correlation can be established based on the previous experimental data, where the parachor 
P is given as a function of the number of carbon atoms n of the alkane: 
P= 39.91n + 31.67. (5.87) 
Costing The cost of the absorber is split between the cost of the shell and of the trays. 
Correlations have been given by Douglas ( [7], page 575). The cost of the shell is the same as 
the cost of the pressure vessel described previously: 
Purchased Cost of the Shell = 3185. Fp. D 
1.066 HO . 82 (5.88) 
where D is the tower diameter in m, H is the tower height in m, and Fp is the pressure factor. 
The cost of the trays is a function of the tray stack height h (in m), the diameter D (in m), 
and factor F,: 
Purchased Cost of the Trays = 323.3. D 1.55 . h. F, 
(5.89) 
The F, factor accounts for three characteristics of the trays: the spacing, the tray type and 
the material. This is done via other factors: F, is for the tray spacing, Ft for the tray type, 
and F, for the tray material. The values of the factors are shown in the following table 5.4: 
In this work, we choose plate made of carbon steel with a tray spacing of 24in. Hence, the F, 
factor is I- 
The F, factor is then the sum of the other three factors: F, = F, + Ft + F,. 
5. Modelling of a physical absorption based separation process 
Table 5.4: Cost factors for the different tray type, spacing, and materials. 
Tray spacing in. 24 18 12 
F, 1.0 1.4 2.2 
Tray type Plate Sieve Bubble cap 
Ft 0.0 0.0 1.8 
Tray material CS SS Monel 
Ft 0.0 1.7 8.9 
From Purchased Cost to Onsite Direct Cost 
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The purchased cost of item 1 (1991 U. S. Dollars basis) has been obtained previously in carbon 
steel material (CS). In order to account for the price of the actual material Mat, a material 
factor f, should be applied to PC1991, CS(i) as shown below: 
PC1991, Mat(l) PC1991, CS(Z)-fm (5.90) 
In this work, f, is taken equal to 1. The cost for the installation has been taken into account 
in the total cost of the plant. A factor is applied 01F(i), the overall installation cost factor. 
The factor is applied to the purchased cost of item Z made of carbon steel, as shown in the 
equation below: 
JC, 991(0 = PCjqqj, cs(0. OIF(i) (5-91) 
Indeed, the installation cost are independent of the material of the equipment. The factors de- 
pends mainly of the nature of the equipment (heat exchanger, pumps ... 
) and on the purchased 
cost (the installation factor decreases with purchased cost increase). The factors have been 
obtained from [11] and are shown in table 5.5. In this table, prices were originally indicated 
in 1991 AUD (Australian Dollars), and have then been converted to 1991 USD (US Dollars). 
Table 5.5: Overall installed cost factors (01F) for some process equipment [11]. 
PC1991, CS(i) 
in KUSD-1991 
4.1 >,, 4.1 8.2 27 54 >, - 135 >, 407 
Compressors 9.53 7.53 6.11 4.96 3.98 3.25 2.58 
Heat Exchangers 7.41 5.83 4.7 3.76 2.98 2.43 2.05 
Pumps 7.95 6.39 5.13 4.13 3.29 2.66 2.23 
Pressure Vessels 8.01 6.26 5.06 4.08 3.18 2.56 2.15 
Trav Columns 13.49 10-58 8.33 6.55 4.95 3.94 2.96 
Others 9.69 7.58 6.01 4.93 3.87 3.12 2.51 
a 
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A first-order approximation of OIF has been produced from the data in table 5.5: 
OIF(O = MAX(a(i). loglo(PC199l, cs(i)) + b(l), c(O) (5.92) 
The coefficients a(l), b(i) and c(l) are given in table 5.6. DC1991(t) is the direct cost of item 
Table 5.6: OIF: Overall installed cost factors coefficients are used in this work. 
Equipment a(Z) b(l) CW 
Compressors -2-7556 9.6452 2.58 
Heat Exchangers -2.1629 7.4711 2.05 
Pumps -2.339 8.1246 2.23 
Pressure Vessels -2.3595 8.0785 2.15 
Tray Columns -4.2401 13.76 2.96 
Others -2.8479 9.7444 2.51 
in U. S Dollars 1991, which is the sum of the purchased cost and the installation cost: 
DC199j(i) PC1991, Mat(7) + IC1991(2) (5.93) 
The direct cost of item i has to be updated in today's dollars. The update factor is the Marshall 
& Swift index: 
DC2006 (1) - 
M&S 2006 DC1991(i) 
M&Slqql 
(5.94) 
Values of M&S for 2006 was taken equal to 1200 (not available at the time of calculation) and 
for 1991 equal to 931. 
Finally, the total onsite direct cost of the plant is the sum of the individual direct costs of each 
equipment: 
DC2006 DC2006 (5.95) 
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The total onsite direct cost of the plant is a fraction of the total capital investment. Numerous 
other costs have to be accounted for such as offsite direct costs (buildings, yard improvement, 
service facilities, nonprocess equipment), indirect costs (engineering and supervision, construc- 
tion expenses, contractor's fee, and contingency) , working capital (raw material, accounts 
receivable, cash on hand, accounts payable and taxes payable) and start-up costs (process 
modifications, start-up labour, and loss in production). A breakdown is proposed by Dou- 
glas ( [7], page 38-39). The total capital cost breakdown is given in table 5.7. The capital 
breakdown is given as a percentage of the total fixed capital investment (FCI) or of the total 
capital investment (M). Average figures have been chosen for this study. By adding all the 
contributions, we find the following equation: 
T I= 
130 DC2006 (5-96) 
55 
Table 5.7: Breakdown of the total capital investment. 
Breakdown For this study Recommended by Douglas [71 
Total Capital Investment (TCI) 130 TO -A+B+C 
A. Fixed Capital Investment (FCI) 100 
I/ Direct Cost 75 70-85% of FCI 
a/ Onsite Cost 55 50-60% of FCI 
b/ Offsite Cost 20 
2/ Indirect Cost 25 15-30% of FCI 
a/ Engineering& Supervision - 4-21% of FCI 
b/ Construction Expenses - 4.8-22% of FCI 
c/ Contractor's fee - 1.5-5% of FCI 
d/ Contingency - 5-20% of FCI 
B. Working Capital 20 10-20% of M 
C. Start-up 10 8-10% of FCI 
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5.2.2 Operating Cost 
Operating cost for a separation process such as the C02/CH4 absorption process includes per- 
sonnel cost (labour and supervision) to operate the plant, and the cost of raw materials like the 
solvent. Indirect expenses must also to be included, like depreciation of materials, equipment 
and building, as well as taxes, insurance, maintenance, royalties, and non-manufacturing costs 
like administration and R&D costs. Total Operating Costs are divided into three parts: 
* Direct Operating Costs 
o Fixed Charges 
o Plant Overhead 
Direct Operating Costs 
Utilities & Raw Materials costs Several utilities are used in the process such as a solvent, 
electricity, steam or some cooling water. The solvent is an n-alkane. A good approximation of 
its cost is to take the price of the oil barrel (50 USD in 2006). The cost of the solvent is given 
in USD per mol: 
Solvent Cost, in 2006 USD per mol = Barrel Price x Barrel per mol -= 50 x 6.29 x 10-6 (5.97) 
Electricity can be generated from gas turbines in the case of offshore operations, or can be 
bought simply from the local electricity supplier for onshore operations. Electricity cost is 
given by Peters ( [5], page 569) for year 2000,0.045 USD/kWh. This cost should be updated 
for year 2006, and is given in USD per kWh: 
Electricity Cost, in 2006 USD per kWh = 0.045 x 
M&S2006 
(5-98) 
M&S2000 
Where M&S2000 =- 1089- Steam is assumed to be available from a unit which is already in 
place near the plant, so only the operating cost has to be considered. According to Perry's 
handbook ( [6], Chap 9, page 75), the cost for generating steam depends on the steam pressure. 
It ranges from 7.90 to 9.50 USD per ton at 3550 kPa; 3.70 to 7.70 USD per ton at 790 kPa; and 
2.00 to 3.70 USD per ton for exhaust steam. These costs have been given for a Marshall and 
Swift index of 1000, and hence need to be updated to today's price. For our study, we have 
produced a linear correlation between the steam temperature Tt,,,, and the cost as shown 
below: 
Steam Cost, in 2006 USD per ton = 
M&S2006 
. 
(0.0411-Tstearn - 12.478) (5.99) 1000 
Cooling water cost is given by Peters ( [5], page 569) for the year 2000 with a price of 0.03 
USD/1000gal- This cost should also be updated for the year 2006, and is given in USD per 
mol: 
Cooling Cost, in 2006 USD per mol - 0.03 x 2.6417.10-4 X 18 x 
III&S2006 
(5.100) 
III&S2000 
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Operating Labour costs The operating labour cost varies depending on the equipment. 
Only the towers, heat exchangers and compressors require some operating labour; the remain- 
ing equipment involved in the separation process do not. In table 5.8, we give the labour 
requirements for each process equipment, N,, orkers(i). 
The manpower per year N is then: 
Table 5.8: Labour cost required for each equipment (from Peters [51, page 264) 
Equipment Type From Peters [5] 
N,, orkers W 
For this study 
N,, 
orkers 
W 
Compressors 0.1-0.2 0.15 
Heat Exchangers 0.1 0.1 
Tower 0.2-0.5 0.35 
Pump 0 0 
Turbine 0 0 
Pressure Vessel 0 0 
N(in worker. hr/year) = 24 x 365 x EjN,,,, jt(i)-lyworkers(Z) (5-101) 
where N,,, it(i) is the number of occurrences of unit i. The U. S. average labour cost was 25.58 
USD/(worker. hr) for 2001 for common labour, according to Peters ( [5], page 267). This cost 
has been updated to 2006 USD: 
Operating Labour Cost, in 2006-USD per year = 
M&S2006 
x 25.58 xN (5.102) M&S2001 
Other Direct Operating Cost The other direct operating costs accounted in this study 
are listed below (estimation have been taken from Douglas: [7], page 43): 
* Maintenance & Repairs 4% of Fixed-capital investment (FCI) 
e Operating Supplies -- 15% of Maintenance & Repairs 
e Direct Supervision and Clerical Labour -- 20% of Operating Labour 
* Laboratory Charges -- 15% of Operating Labour 
9 Patents and Royalties have been neglected. 
Fixed Charges 
According to Douglas ( [7], page 43-44), fixed charges are decomposed as follows: 
9 Local Taxes -- 1.5% of FCI 
Insurance -- 1.5% of 
FCI. 
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Plant Overhead 
According to Douglas ( [7], page 43-44), plant overheads represent about 50-70% of the cost for 
operating labour, supervision and maintenance. For this study, we use the following expression: 
Plant Overheads, = 0.6. (Maintenance & Repairs + Operating Labour + Supervision) 
(5-103) 
5.2.3 Establishing an Economic Objective 
An economic objective needs to be established. The objective is, for a fixed feed (P, T, z, F), to 
deliver as much clean natural gas as possible at a minimal separation cost. The separation plant 
should deliver methane with a satisfactory purity for sales, typically beyond 97%. Maximising 
the amount of clean gas produced leads to high separation costs, and minimising separation 
costs lead to a low amount of clean gas produced. This clearly shows that the two objectives 
are contradictory. Once the natural gas stream is purified, the gas is ready to be sold. The 
clean natural gas stream price can be estimated based on a typical price in 2005 of 10 USD 
per million BTU (the amount of BTU is the potential energy that can be generated by the 
combustion of the gas). This base price can be used to estimate the revenues produced by the 
sale of the natural gas production over the life of the plant. We assume that the production of 
natural gas will last nyear years and remain constant in quantity and composition. The annual 
revenues from the natural gas sales NGS (in Million USD per year) are calculated as follows: 
NGS 
MillionUSD USD MRlZonBTU BTU kJ mol S (. 1fl4 
NGS 
USD MRllonBTU BTU kJ mol s year 
10-6 X 10 X 10-6 x 0.948 x 890.8 x Flean-NG x 365 x 24 x 60 x 60 (5.105) 
NGS = 0.2664. Fclean-NG (5-106) 
where F, 1,,,, -NG 
is the molar flowrate of cleaned natural gas. It is expected that the sale price 
of natural gas will increase with time as well as the Marshall & Swift index. Uncertainties 
on the natural gas price are high and is out of the scope of this work. For this reason, we 
choose to keep a conservative approach, where the revenue as well as the operating cost remain 
constants for the duration of the project. As a conclusion, the present value of the natural gas 
sales PVgas-sales is SimPlY: 
Pvgas-sales = NGS-nyear (5-107) 
The separation costs need to be estimated as well: they include operating costs and capital 
costs. Operating costs are obtained on a yearly base, whereas the capital costs are paid at 
the beginning of the project. The present value of operating costs PVp,, over the life of the 
project can be calculated from the annual total operating expenses OPEX: 
PI -opex = OPEX x nyear (5.108) 
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The total separation cost SepCost for the project is then: 
SepCost = PVp, + TCI 
Finally, we can then calculate a simple estimate of the total profit of the plant: 
PrOf zt = PVgas-sales - SePCOst 
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(5.109) 
(5.110) 
We have chosen to maximise the profit of the plant as the objective function for the optimi- 
sation. An alternative formulation of the problem can be found. The revenue from the sales 
of natural gas is decomposed in the potential revenue of gas sales (corresponds to the revenue 
from the sales of the integrality of the natural gas production), and the losses of methane 
(corresponds to the value of what is lost in the C02 waste stream): 
Pv _ pVpotential - MethancLosses gas-sales gas-sales 
The profit can then be rewritten: as 
p, rof it . pVpotential - MethaneLosses - SepCost gas-sales 
5.3 Initialisation Strategy 
A flowsheet composed of many units as the one shown in figure 5.3 is modelled by thousands 
of equations, typically between 5,000 and 10,000. This is mainly due to the numerous vapour- 
liquid equilibrium, typically between 30 and 60, that need to be solved for each unit. These 
equilibrium are generally difficult to solve, as they require accurate initial guesses for all the 
variables involved in the vapour-liquid equilibrium such as compositions, molar volumes of 
liquid and vapour. In addition, initial guesses are required for each stage, which makes the 
task incredibly difficult and fastidious. In order to overcome this difficulty, an initialisation 
strategy has been developed, of which we give a description here. 
The initial point at which the plant operates can be chosen freely. An appropriate choice can 
reduce the complexity of the problem: reducing the number of unlike equilibrium to be solved 
is a very efficient strategy. We note that when a vapour and a liquid are in equilibrium, there 
is no heat or mass transfer between the two phases. When the absorber is fed with this liquid 
from the top, and this vapour from the bottom, then we are sure that it will be no transfer 
between the phases, and hence we know that the liquid leaving the absorber is identical to 
the one which has entered, and that the vapour leaving from the top of the absorber is also 
unchanged. The stream properties involved in the absorber are easy to find, as they are 
identical everywhere across the column. We can extend this approach to all the units involved 
in the plant. For example, the pumps, compressors and expanders can operate with the same 
pressure at the outlet ýAs at the inlet: this ensures that the inlet stream properties are identical 
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to the outlet stream properties. The mixers can mix fluids which are already in equilibrium. 
The flowrate are then simple to calculate. Note that as a consequence the compositions (liquid 
and vapour), the pressure, the temperature are constant across the different units of the plant. 
A trivial solution for the systems of equations involved in the plant can be found. This trivial 
solution requires the calculation of only one VLE and of the flowrate of each stream (knowing 
that there is no mass or heat transfer) - Moving from the trivial point to an non-trivial point is 
then carried out by integration along the control variables of the plant. The non-trivial point 
is then an normal operating point, that can be used as an initial point for the optimisation 
problem. This strategy has been used successfully for ternary and even quaternary mixtures 
to obtain the initial point. This strategy has been used extensively for generating initial points 
for the optimisation of the process. 
5.4 Conclusion 
We have developed in this chapter a model for the simulation of a physical absorption process 
using an n-alkane solvent. The systematic use of two-phase streams allows phase transitions 
to occur when conditions change, and hence track anomalous operating conditions that could 
not be easily detected because of the complexity of the phase behaviour of the ternary mixture 
C02/CH4/n-alkane and because of the range of conditions which may be sampled during the 
course of the optimisation. An original method, using a virtual VLE, to solve the phase equi- 
librium (VLE) has been successfully developed to cover any situation with one or two phases 
(VLE). The models (steady-state, equilibrium and lumped) of the units used in the process 
have also been developed. VLE model is used to evaluate the properties (compositions, en- 
thalpy, entropy) used in balance equations. The dimensions of the units have been evaluated 
based on the characteristics of the inlet/outlet streams. The purchased costs of the units have 
been obtained from published correlations, which link the size of the units and the purchased 
costs of the units. Additional costs have been considered to estimate the total capital invest- 
ment such as the installation costs, and other direct and indirect costs. The operating costs 
have also been detailed, accounting for utilities, labour, taxes, maintenance, repairs, and other 
charges. This cost model has been used to establish an objective function to be used in the de- 
sign of the optimal process. A minimal purity of 97% was set for the clean natural gas stream. 
The purity of the C02 outlet stream should be as high as possible, but no constraint is needed 
as C02 is to be reinjected into the reservoir. The profit of the plant has been estimated as the 
difference between the estimated revenue from the natural gas sales and the total separation 
cost (operating and capital). This cost model can now be used to find the optimal process. 
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Chapter 6 
A new flexible separation process 
for the capture Of C02 from 
C02-rich natural gas stream. 
In this final chapter, we use the methodology presented previously for the capture of large 
quantities Of C02 from a natural gas stream using an n-alkane solvent. The natural gas stream 
is obtained from a gas well in which C02 re-injection is carried out, so that the concentration 
Of C02 in the natural gas stream is increasing with time, typically starting from 10% mol/mol 
and reaching up to 70% mol/mol. The plant should be able to operate for a wide range 
of feed compositions and eventually pressure and temperature. Indeed, during enhanced oil 
recovery operations where the captured C02 is re-compressed and reinjected in the reservoir, 
it is expected that the amount Of C02 produced with the natural gas increases with time. The 
pressure could remain fairly constant as some extra C02 can be injected in the reservoir, but 
could also drop if nothing is injected. The process should be able to handle this change. Some 
other constituents of natural gas may also be present in small quantities such as ethane C21-16, 
nitrogen N2 and hydrogen sulfide H2S- So, we have also looked at the effect of having some 
ethane in the feed. 
The objective is to design an optimal flowsheet that can work for different feed compositions. 
The process must not only have some good economical performances but also satisfy some 
environmental constraints. The design of the process requires to size the equipment involved 
in the flowsheet, find the optimal operating conditions, and also find the optimal solvent. 
The advantage of our methodology is that we can perform simultaneously these operations. 
Indeed, various methods have been attempted to design the process and solvent. Some work 
has been focused on the physical properties of the solvent only, using some group contribution 
methods such as UNIFAC to design the solvent [1-4]. Some other work has been done where 
the solvent and process were designed sequentially [5-7] by dividing the problem into 2 coupled 
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sub-problems, solvent design and process design. The process design were obtained either by 
successive simulations or by optimisation. Some work, where the design of the process and of 
the solvent were integrated, were done by Buxton et al. [8,9]. Linke et al. [10] also includes 
a superstructure for flowsheet design, simultaneously with the process and solvent design. 
UNIFAC and ideal gas laws are used in all these works, and cannot be used here because of 
non-ideality and high pressure. In this work, we design the process and choose the solvent 
simultaneously, but find the optimal flowsheet with simple heuristics. 
This chapter has been divided into 5 sections. In section 6.1, we present the simplest possible 
flowsheet able to separate C02 from natural gas. We present two optimisation problems 
of interest: the first one is to maximise the profit of the separation, and the second one is 
to maximise the C02 purity of the C02 waste stream. In each case, we describe how the 
operating conditions can be found. We also find the dimensions of the equipment, and its cost. 
We present the optimisation results for the whole possible range Of C02 contents, from 4% up 
to 71.5%. 
In section 6.2, we discuss improvements that can be brought to the flowsheet presented in the 
previous section. The addition of a cooler, an absorber or a recycling unit can significantly 
improve both the purity performance and the economics of the process. Several flowsheets have 
been designed and tested for various amounts Of C02 in the natural gas stream. A comparison 
has been carried out; a flowsheet has been selected that satisfies our criteria: separation purity 
performance, process economics and flexibility. Finally, the optimal flowsheet performance is 
presented in more details. 
In the third section, we evaluate the sensitivity of the optimal process obtained previously with 
respect to the binary interaction parameters used in the thermodynamic model. 
In the fourth section, we evaluate the impact of small quantities of ethane (C2H6) in the 
feed. The objective is first to determine whether ethane goes into the C02 stream or into the 
methane stream. Interaction parameters of ethane with other components are assumed to be 
identical to the one of methane, so no major work on the thermodynamics side is necessary. 
In the fifth section, we focus on a scenario where large changes in the feed C02 content occur, 
increasing from 10% (mol/mol) up to 70% in 15 years. Building a plant that will handle such 
a large change in concentration is unheard of. We propose a methodology to find the optimal 
process design as well as the optimal control variables (including the solvent). 
6.1 Optimisation of a simple flowsheet 
In this section, we focus on the simplest flowsheet possible to separate C02 and CH4- The aim 
is to illustrate the methodology developed with a simple example. This example will also be 
the starting point for the next section (section 6.2), where we design a more efficient flowsheet. 
The design of this flowsheet is simple. It involves only one absorber and one flash unit (see 
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figure 6.1). Several objectives can be of interest. We can focus more on the profitability of 
the process or more on the purity of the streams. The first optimisation problem target is to 
maximise the profit of the separation process regardless of the purity of the C02 waste stream, 
whereas in the second optimisation problem we want the C02 waste stream to achieve some 
minimal purity (typically 90%). For the purpose of the two problems, we have developed two 
optimisation problems with different objective functions and constraints. We present the two 
optimisation problems in section 6.1.2. Finally, we present the results of the two optimisation 
problems and discuss them: maximising the C02 purity (section 6.1.3) and maximising the 
profit (section 6-1.4). 
6.1.1 Description of the flowsheet 
gas streams. The natural gas feed is expanded to the absorber pressure before entering the 
absorption column. The C02-charged solvent is regenerated with only one fla, sh unit. 
The first flowsheet that we study is the simplest one that involves an absorber. The regener- n 
ation of the solvent is done with only one flash unit. It corresponds to low capital cost., but 
Figure 6.1: Flowsheet of the simplest process able to separate C02 from C02-rIch natural ý-D 
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high operating cost is expected. The flowsheet is shown in figure 6.1. The natural gas feed 
is composed only of methane and C02- Other constituents such as ethane, propane, heavier 
hydrocarbons, nitrogen and hydrogen sulfide have been assumed to be present in negligible 
quantities. In order to cover the whole range Of C02 concentrations, we have carried out the 
optimisation for C02 contents between 4% and 71.5% (on a molar basis), and we give more 
detailed results for four values Of C02 concentration: 10%, 30%, 50% and 70%. The other 
feed characteristics remain constant: the molar rate is 1000mol/s, the temperature is 301-48K, 
and the pressure is 7.961MPa [13]. lt corresponds to a C02-rich natural gas well, with high 
pressure, and average flowrate, approx. 80 MMSCFD (Million standard cubic feet per day). 
The flowrate is expected to remain constant for 15 years. The feed is expanded to the absorber 
pressure P0 and then enters the absorber from the bottom and flow upwards in the absorbers. 
The feed is progressively cleaned Of C02 as the C02 is dissolved into the alkane solvent. Some 
methane is also absorbed in the solvent. It is clear that this effect should be minimised in order 
to have as much methane as possible in the clean natural gas stream. The charged solvent 
is expanded to atmospheric pressure, so that a vapour phase appears and is separated from 
the remaining liquid phase in a flash unit. The clean solvent is re-compressed after some fresh 
alkane solvent (C, H2n+2) has been added to compensate for eventual losses of solvent in the 
C02 or clean natural gas streams. The solvent recirculation flow-rate F,, I,,, t is controlled by 
a pump located before the absorber solvent inlet. This separation process has been modelled 
and coded in gPROMS software: the code can be found in appendix D. Optimal operating 
conditions, absorber pressure, solvent flowrate and alkane length, as well as optimal equipment 
sizes have been found to answer the two optimisation problems described in the next section. 
6.1.2 Presentation of the optimisation problems 
In the previous chapter, we presented the capital and operating cost estimation, from which 
we derived the process profit over the projet life. The profit has been approximated as the 
revenues from the natural gas sales, minus the cost of separation, i. e. capital and operating 
costs: 
Profit = Present Value of Natural Gas Sales - Total Separation Cost 
In order to obtain some commercial natural gas, the purity of this of the natural gas stream 
should be at least 97%: 
Natural Gas Purity > 97% (6.2) 
We focus in this chapter on two optimisation problems: 
Maximising the purity of the C02 stream regardless of the profit, 
2. Maxiii-iising the profit of the plant, regardless of the C02 waste stream purity. 
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The first one is to focus on the economics and maximise the profit of the plant., which means 
obtaining as much clean natural gas (ready to be sold) as possible for a minimal separation 
cost. The second one is to add an extra constraint so that the purity of the C02 stream is 
high enough to offer other alternatives than the re-injection (in the case where the C02 stream 
is reinjected into the reservoir for storage or EOR/EGR operations, the purity of the C02 
stream does not really matter). We choose a minimal purity of 90,70 to illustrate this case. In 
many cases as we will see later on in this section, the process is not able to achieve 9070 purity 
on the C02 stream, then we simply maximise the C02 stream purity regardless of what it 
costs to evaluate the potential maximal separation of the process. The plant described ill the 
previous section has three control variables on which the operator can act in order to obtain 
the required performances: the solvent flow rate F, the absorber pressure PO, and the number 
of carbon atoms of the n-alkane solvent nalkane. The solvent flow rate F must be positive, 
the absorber pressure must be above O. 1MPa and below the feed pressure 7.961MPa, and the 
range of n-alkane has been limited to remain between C7 and C14 in order to avoid high 
volatility or too high viscosity. The solvent rate controls the amount of gas taken from the gas 
stream and dissolved into the solvent. The absorber pressure controls mainly the vapour-liquid 
equilibrium; the concentration of dissolved gas increases with increasing pressure, whereas the 
absorber purchased cost increases. Increasing the number of carbon atoms of the alkane solvent 
increases the amount of dissolved gas in the solvent, but decreases the tray efficiency as the 
solvent viscosity increases. In addition, the solvent volatility decreases, so that less solvent will 
be lost in the C02 waste stream and clean natural gas stream. Numerous other constraints must 
be satisfied so that the optimal solution can be considered as satisfactory from an operational 
point of view. The absorption column must have satisfactory dimensions: the height should 
be less than 50 meters and the cross section less than 30 in 2 (it corresponds to a diameter of 
roughly 6 meters). The viscosity of the solvent in the absorber must be less than 100cP. As 
we are calculating the vapour-liquid equilibrium at every location in the plant, we must be 
careful with eventual phase transition. The temperature of the gas feed entering the absorber 
must be at least 273.15K, so that the solvent does not freeze in contact with the gas. In order 
to prevent solidification of the solvent, the solvent temperature should remain a few degrees 
(we choose a safety margin of 5 Kelvin) above its solidification temperature. A correlation has 
been produced that gives the melting temperature of the solvent as a function of the number 
of carbon atoms of the alkane: 
Melting Temperature = 10-92. nalkane + 128 (6.3) 
This constraint is used everywhere it is needed: inlet and outlet of the absorber, outlet of the 
solvent ii-iixer, outlet of the solvent pump, outlet of the solvent source, and liquid outlet of 
the flash unit. It is also important to make sure that the fluid (vapour+liquid) remains far 
enough from the critical point of the mixture, which is equivalent to the fact that the vapour 
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molar volume V,,, p,,,, of the mixture remains 
larger than the liquid molar volume Vhquid. This 
constraint has been written for each vapour-liquid equilibrium calculated in each unit of the 
plant. We summarise the constraints: 
F>0 (6.4) 
14 > nalkane >7 (6.5) 
7.96IMPa > Po > Pflash-unit >= 0-IMPa (6.6) 
50m > Tower Height >0 (6.7) 
30M2 > Tower Cross-Section >0 (6.8) 
IOOcP > Solvent Viscosity >0 (6.9) 
Solvent Temperature > Melting Temperature +5 (6-10) 
AV Vvapour - Vliquid >0 (6.11) 
The gPROMS code corresponding to the optimisation section of gPROMS can be found in 
Appendix E. The optimisation problem has been solved with the SRQPD code [11], a NLP 
optimisation solver used in gPROMS. We have solved the 2 optimisation problems, maximising 
the profit and maximising the purity of the C02 stream for each of the 4 feed compositions. 
The results of the two optimisation problems are presented in the next two sections. 
6.1.3 Maximising C02 purity 
We want to evaluate the maximum separation that can be achieved by the process. We have 
maximised the C02 stream purity regardless of the cost. Nevertheless the cost should remain 
relatively small compared to the revenue from the sale of natural gas, otherwise it will be better 
to shut off the well. We have performed the optimisation for 4 C02 concentrations 10%, 3070, 
50% and 70%. As a comparison, we give the results obtained from the maximisation of the 
profit for the same feed conditions. The maximum purities obtained from the optimisation are 
quite low: 22%, 48%, 69% and 80% for the respective C02 concentration 10(yo, 30%, 50% and 
70%. We also give the values of the control variables at the optimal point. Some trends can be 
observed. The solvent rate decreases with increasing concentration Of C02 and the absorber 
pressure increases. We see that no real trend can be observed for the optimal n-alkane, but we 
see that the range of alkane is quite large: between 9 and up to 13. 
We can conclude that this simple process can achieve the target purity to clean natural gas 
(97%), but high purity on the C02 stream is out of reach with the current flowsheet. Alterna- 
tive flowsheets must be developed to deal with this specific problem. 
6.1.4 Maximising Profit 
A wider range Of 
C02 content in the feed has been covered for this objective function. We 
have maximised the profit of the plant for 
C02 content from 41/( up to 71.5%. In table 6.2. 
6. A new flexible separation process for the capture Of C02 frOM C02-rich natural gas strdk)ffi. 
Table 6-1: Values of the objective function and of the control variables at the optimal point 
for the two optimisation problems and for 4 different C02 purity (10%, 30%, 50% and 70%) 
for the basic flowsheet. 
Optimisation Problem I Max C02 Purity Max Profit 
Amount Of C02 in the feed 10% 30% 5 0% 70% 10% 30% 5 0% 70% 
Objective function 22% 48% 69% 80% 2379 1452 1062 461 
Solvent recirculation flowrate F 1680 1610 900 460 1774 1633 912 467 
Alkane solvent (CnH2n+2) 13.1 14.0 (max) 12.8 9.3 12.6 13.0 12.8 9.3 
Absorber pressure P0 3.09 4.07 5.18 7.96 2.97 4.09 5.10 7.85 
we present the economics of the plant, the recoveries and the equipment sizes calculated at 
the optimal point for the reference points 107c, 30%, 50% and 70%. In figures 6.2 to 6.6 
the profits, costs (capital+operating), the recoveries, the solvent recirculation flowrates, the 
alkane solvent lengths, the powers of the solvent recirculation pump, the absorber heights and 
sections, and the tank volumes versus the C02 content are given. The revenues generated by 
Table 6.2: Economics of the -plant, recoveries and dimensioning of the equipment 
Amount Of C02 in the feed (mol/mol) 10% 30% 50% 70% 
Natural Gas Sales (MMUSD) 2522 1572 1149 510 
Total Separation Cost (MMUSD) 143 120 88 61 
Hydrocarbon losses in the C02 outlet (MMUSD) 1075 1225 849 689 
Total Operating Cost (MMUSD) 83 72 52 37 
Total Capital Investment (MMUSD) 60 48 36 25 
Profit (MMUSD) 2379 1452 1062 448 
Natural Gas Recovery 68-OVo 54.5% 55.8% 41.2% 
C02 Recovery 81 -I 
(yo 9 6.1 % 98.3% 99.5% 
C02 Stream Purity 22.0% 47.5% 69.0% 79.8% 
Absorption Column Height (m) 50.0 44.8 43.5 37.9 
Absorption Column Section (m 2) 20.5 15.6 10.5 5.5 
Solvent Pump Consumed Power (kW) 1351 1772 1170 673 
Atmospheric Tank Volume (m 3) 255 240 127 49 
the sales of natural gas are high, respectively 2522 MMUSD, 1572 MMUSD., 1149 AlMUSD and 
510 AIMUSD, compared to the total separation cost; respectively 143 MMUSD, 120 MMUSD, 
88 AII\IUSD, and 61 AII\IUSD. We observe that a profitable process can be designed for any 
concentraton in the whole range covered (fron-i 4%, up to 11-57c), as shown in figure 6.2. The 
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profits for the 4 reference C02 contents are respectively 2379 MMUSD, 1452 MN/IUSD, 1062 
MMUSD, and 448 MMUSD. The loss of hydrocarbons in the C02 waste stream has been 
quantified, and it appears that a large proportion of the natural gas is lost: 1075 NINIUSD, 
1225 MMUSD, 849 MMUSD and 689 MMUSD. This can also be seen with the low recoveries 
of methane: only 68%, 54.5% 55.8% and 41.2% as shown in figure 6.4. We observe that 
the natural gas recovery decreases with increasing C02 content, whereas the C02 recovery 
increases. The natural gas recovery drops after 65%, which shows that the flowrate of the 
clean natural gas stream drops to zero (the purity remains constant at 97%). The recoveries of 
C02 are respectively 81.1%, 96.1%7 98.3%, and 99.5%, which shows that for high C02 content, 
the integrality Of C02 is in the C02 stream. The values of the C02 stream purity, respectively 
22.0%, 47.5%, 69.0%, and 79.8%, show that some large amount of methane are in the C02 
stream; which confirms the difficulty of this process to deliver clean C02 stream. 
The capital, operating and total separation costs are given in figure 6.2 as a function of the 
C02 content. The costs increase quickly up to 15% and then decrease. Operating costs are 
slightly higher than the capital costs. The decrease of the separation costs after 15% can 
seem surprising as it is expected that the separation is getting more difficult with increasing 
C02 content. This is due to the nature of the objective function. Minimisation of the total 
separation costs would have required an additional constraint on the C02 stream purity, for 
instance 90%. In our case, by maximising the profit, we reach an optimal C02 stream purity, 
beyond which the incremental cost would be higher than the incremental revenue. The fact 
that the objective is the maximisation of the profit and not the minimisation of the total 
separation cost avoids performing an uneconomical separation. 
As a consequence, beyond 15% C02 content, the optimal operating points correspond to re- 
duced cost conditions. The solvent recirculation flowrate (figure 6.5), the atmospheric tank 
volume (figure 6.6), and the column dimensions (figures 6.7 and 6.8) all decrease beyond 15%. 
Columns heights and sections are larger at low C02 content than at high C02 content: 50m 
and 20.5m 2 44.8m and 15.6m 2,43.5m and 10.5m 2, and 37.9m and 5.5m 2. The tank volumes 
follow the same trend respectively 255m 3,240m 3,127m 3 and 49m3. 
The number of carbon atoms of the alkane is shown in figure 6.9 ranging from 9 up to 14. 
High C02 contents require shorter alkanes. The explanation of the pattern is unclear as many 
factors are involved. On one hand, the efficiency of the trays (which reflects mass transfer 
limitations to the dissolutions Of C02 in the solvent) is linked to the alkane length via the 
viscosity: the longer the alkane, the more viscous the solvent is, the lower is the efficiency. 
On the other hand, the equilibrium concentration Of C02 dissolved is higher when the alkane 
is longer. The pressure in the absorber increases with increasing C02 content, respectively 
2.97MPa, 4.09MPa, 5.101\lPa and 7.85MPa. In figure 6.10, we see that absorber pressure 
reaches its upper bound, the feed pressure for the value 71.5% Of C02 content. The power 
required by the pump for the circulation of the solvent from the low pressure regenerating 
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tank to the high pressure absorption column is a function of the absorber pressure and of 
the recirculation flowrate. We can see that the power peaks, under the combined effect of an 
increasing pressure and a peaking (at 15%) solvent recirculation flowrate, around 30% C02 
content as shown in figure 6.11. 
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The stream characteristics have been calculated for each of the four feed concentrations. We 
show an annotated flowsheet corresponding to 30% C02 concentration in figure 6.12. Flow- 
sheets for others values of the concentration (10%, 50% and 70%) are given in appendix F. 
In the 30% case, the feed is first expanded to a lower pressure of 4.09MPa, which has the 
effect of lowering the temperature of the stream. In order to achieve 97% purity on the clean 
natural gas stream, a high solvent rate is required (1633mol/s entering the absorber), and 
most of the gas is dissolved in the solvent. Only 393mol/s of gas leaves the absorber from 
the top, the remaining gas (607mol/s) is dissolved in the solvent. The dissolution of a large 
proportion of the gas in the solvent should lead to a high solvent temperature increase. In fact, 
the temperature of the solvent is increased by only few degrees, from 303K to 308K by the 
heat of absorption. This is explained by the fact that the temperature of the gas entering the 
absorber is low (281K) which reduces the solvent temperature increase. The solvent (C131128) 
entering the absorber is of high purity: 98.7% of n-alkane. The solvent leaving the absorber is 
charged not only in C02 (13.57o), but also in methane (14.5%). The initial proportion of CH4 
to C02 was 2: 1, and is now reduced to 1: 1. It shows that as expected the selectivity of the 
solvent favours the C02 molecules. The charged solvent is expanded through the throttle to 
atmospheric pressure, and a vapour phase appears: 607mol/s, which can be compared with the 
1633mol/s of liquid. The two phases are separated in the tank. The vapour phase is still rich 
in methane (52.5%) but is nevertheless directed to the C02 waste stream. The liquid phase 
remaining is the clean solvent which has a very small amount of impurities (0.3% of CH4 and 
0-9% Of C02). The amount of fresh solvent added to the circulating solvent stream was found 
to be very small, but still contributes to a significant operating cost. The way the plant works 
for other C02 feed concentration is very similar and is not detailed here, but can be found in 
appendix F. 
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Figure 6.12: Flowsheet of the basic plant for a feed composition of 30% with flowrate. compo- 
sitioll. temperature and pressure for each strean-i of the plant. 
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The operating cost and capital cost breakdown are shown respectively in tables 6.3 and 6-4. 
Values are given in million USD (2006 basis) per year for the operating costs and in million USD 
(2006 basis) for the capital cost. The total operating cost (4-80 MMUSD/year) is split into 
indirect operating cost (2.07 MMUSD/year) and direct operating cost (2.73 MMUSD/year). 
The indirect operating cost is decomposed into fixed charges (accounting for local taxes and 
insurance) of 1.12 MMUSD/year and the plant overhead of 0.96 MMUSD/year. The direct 
operating cost (2.73 MMUSD/year) is divided between the utilities (0.90 MMUSD/year), the 
operating labour (0.09 MMUSD/year), and other direct operating costs (1-74 MMUSD/, year). 
The main part of the utilities is from the pump (0.77 MMUSD/year) and the remaining is the 
make-up of fresh solvent (0.13 MMUSD/year). The operating labour is only composed from 
the labour cost for the absorber (0.09MMUSD /year). 
Table 6.3: Operating Cost breakdown 
Breakdown MMUSD per year 
Total Operating Cost 4.80 
A/ Indirect Operating Cost 2.07 
I/ Fixed Charges 1.12 
a/Depreciation 0.00 
b/Local Taxes 0.56 
c/Insurance 0.56 
2/ Plant Overhead 0.96 
B/ Direct Operating Cost 2.73 
I/ Utilities 0.90 
a/Absorber 0.00 
b/TankFU4 0.00 
C/Pump 0.77 
d/Solvent Cost per year 0.13 
2/ Operating Labour 0.09 
a/Absorber 0.09 
b/TankFU4 0.00 
C/Pump 0.00 
3/ Other Direct Operating Costs 1.74 
a/Maintenance Repairs 1.49 
b/Operating Supplies 0.22 
c/Direct Supervision and Clerical Labour 0.02 
The breakdown of the total capital investment (48.41 1\, II\IUSD) is given in table 6.4. The fixed 
capital investment (37.24 AIAIUSD) is split into direct cost (27-93 MAIUSD) and indirect cost 
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(9-31 MMUSD). The onsite part of the direct cost is 20.48 MMUSD, which is split between 
the absorber 19.82 MMUSD (installed cost), the tank for the flash unit (0.63 MMUSD) and 
the pump for the solvent (0.03 MMUSD). 
Table 6.4: Breakdown of the Total Capital Investment. 
Breakdown MMUSD For this study 
Total Capital Investment (TCI) 48.41 TCI=A+B+C 
A. Fixed Capital Investment (FCI) 37.24 
I/ Direct Cost 27.93 75% of FCI 
a/ Onsite Cost 20.48 50% of FCI 
Absorber 19-82 
TankFU4 0.63 
Pump 0.03 
b/ Offsite Cost 7.45 20% of FCI 
2/ Indirect Cost 9.31 25% of FCI 
B. Working Capital 7.45 20% of TCI 
C. Start-up 3.72 10% of FCI 
6.1.5 Conclusion 
We have shown here that the methodology developed in this work can be applied to a given * 
process flowsheet. Integrated process and solvent design is possible, as both the operating 
conditions and the solvent can be obtained from the optimisation problem. The range of 
suitable n-alkane solvent is quite large, from 9 up to 14. The dimensions of the equipment 
involved in the process have been obtained. The operating cost and capital cost breakdown for 
the process have also been presented. Maximising the profit of the process leads to a process 
which satisfies the 97% purity constraint on the clean gas stream, but unfortunately leads to 
some low purity C02 waste stream. Maximising the C02 stream purity has been tried, but 
the values are quite low and it shows that it is impossible to reach high C02 purity with this 
flowsheet arrangement. Other flowsheets must be designed in order to overcome this difficulty. 
In the next section, we have screened several flowsheet, in order to find a flowsheet that has 
good economical performance and is also able to get high C02 purity. 
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6.2 Screening several flowsheets 
6.2.1 Problem description 
The flowsheet presented in the previous section can be improved in several ways. The absorber 
seems to be too short in some cases: for the 10% C02 feed composition, the absorber height 
reaches its upper bound. A second absorber can be added in order to increase the number of 
stages. The amount of methane in the C02 stream is very high, leading to some low natural 
gas recovery rate. A significant improvement would be to add a recycling unit on the charged 
solvent regeneration, so that large amount of methane could be remixed with the feed and 
reinjected into the absorber. A third improvement would be to add a temperature control 
on the solvent stream. Controlling the temperature of the solvent will help selecting the best 
operating conditions for the absorption. A heat exchanger using cooling water can be used to 
cool the solvent. 
The 3 improvements listed previously can be added to the original plant. We have surnmarised 
in table 6.5 the 8 possible flowsheets. Flowsheet A corresponds to the basic one studied in the 
previous section. Flowsheet B-C-D are flowsheets with only I improvement. Flowsheet E-F-G 
are flowsheets with combinations of two out of the three improvements. And finally flowsheet 
H corresponds to the one with the 3 improvements implemented together. Note that the 3 
improvements proposed do not intend to be exhaustive. Other improvements could be tested. 
The objective is not to find the overall optimal flowsheet, but to find one suitable flowsheet 
for the application we are interested in with a simple heuristic. 
Table 6.5: The 8 flowsheet optimised 
Additional equipment 2nd absorber cooler Recycling unit 
Flowsheet A 
Flowsheet B x 
Flowsheet C x 
Flowsheet D x 
Flowsheet E x x 
Flowsheet F x x 
Flowsheet G x x 
Flowsheet H x x x 
The plant flowsheets are given in appendix G. In figure 6.13 we show flowsheet H which has 
the 3 improvements implemented: a second absorber has been added and placed in series with 
the first absorber; a recycling loop has been placed at the liquid outlet of the first absorber, so 
that the charged solvent leaving the first absorber is expanded to an intermediate pressure P1. 
leading to the apparition of a vapour phase that is separated from the liquid phase in the first 
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tank, re-compressed to the absorber pressure Po and mixed with the natural gas feed. The 
solvent leaving the first tank is cooled in an heat exchanger with some cooling water and then 
expanded to atmospheric pressure. The heat exchanger has an exchange area AHX and the 
flowrate of water used to cool it is denoted F,,, t,,. 
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Figure 6.13: Flowsheet H is the flowsheet with the three proposed improvements. A cooler, a 
recycling unit and a second absorber has been added. 
The optin-iisation of these new flowsheets uses new optimisation variables as well as additional 
constraints for the variables involved in the new units: the heat exchanger, the recycling tank., 
and the new absorber. The second absorber is of the saine type as the first one, and has been 
inodelled in the same way. It also operates at the same pressure. The heat exchanger is using 
cooling water, the flowrate of water is obviously positive, and is a decision variable used in the 
optiiiiisation. The cooling water is warmed in contact of the hot solvent and is then disposed 
in the ocean or a, river. We specified the temperature of the water to be at the maximum 
313.25K (40'C) so it does not damage the local ecosystem, but it is clear the cooling water 
can be mixed with some cold water prior disposal. 
The 8 flowsheets have been optimised and the results are presented in the remainder of this 
section. 
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6.2.2 Optimisation Results 
The 8 flowsheets have been optimised based on two objective functions: maximising the profit 
of the process or maximising the purity of the C02 stream. In the case where the C02 stream 
reaches high purity, then an additional optimisation problem has been studied: maximising 
the profit with an additional constraint on the C02 purity, typically higher than 90%. 
Maximising profit 
The profit of the 8 plants has been maximised for each of the 4 C02 feed compositions. The 
values of the profit at the optimal points are given in table 6.6. As shown previously., the 
profit decreases when the amount Of C02 in the feed increases. The addition of a cooler to 
the basic plant (flowsheet B) improves performance for the 4 compositions. The addition of a 
second absorber (flowsheet C) also increases the profit for 30% and 70%, but not for 10% and 
50%. The addition of a recycling unit (flowsheet D) does not improve the profit, except for 
10%, but the improvement remains less than the one observed with the addition of the cooler. 
Rearranging the different purities by decreasing performance, we observe that the plant with 
Table 6-6: Values of the objective function at the optimal point in the case of a maximised 
profit. The best maximal profits are given in bold. 
Flowsheet / Amount Of C02 in the feed 10% 30% 50 Vo 70% 
A: Basic 2379 1452 1062 461 
B: Cooler 2536 1639 1076 as A 
C: 2nd absorber 2307 1610 1001 606 
D: Recycling unit 2396 1420 851 379 
E: 2nd absorber + Cooler 2474 1713 as C as C 
F: 2nd absorber + Recycling unit 2319 1632 1066 765 
G: Cooler + Recycling unit 2946 1974 1263 688 
H: 2nd absorber + Cooler + Recycling unit 2837 1987 1337 as F 
a cooler is the best option when the C02 content is not too high, typically below 50%. Higher 
concentration Of C02 will favour the plant with a second absorber. The plant with a recycling 
unit is never the best option. 
91 'Yo: >>> 
9 30'Yo: B>C>A>D 
e 50%: B>A>C>D 
o 70'7c: C>B=A>D 
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The 3 combinations of the improvements have been optimised. Flowsheet G corresponds to 
B+D; E to B+C; and F to C+D. Option G (cooler+ recycling unit) is the best option for 
10%, 30% and 50% C02. For 70'70 C02, option F (second absorber + recycling unit) is better. 
The processes can be ranked as follows: 
o 10%: G>E>F 
e 30%: G>E>F 
e 50%: G>F>E 
9 70%: F>G>E 
When all the equipment is added, which corresponds to option H, we see that this option is 
better than the other options for all the feed compositions except for the C02 feed composition 
of 10%. This arises from the fact that the second absorber is not required, and the benefit 
does not overcome its cost. The overall ranking of the flowsheets is as follows: 
9 10%: G>H>B>E>D>A>F>C 
9 30%: H>G>E>B>F>C> A> D 
e 50%o: H>G>B>F >A> E=C>D 
s 70%: H=F>G>C=E>B> A> D 
Maximising C02 stream purity 
A similar comparison has been performed with the second optimisation problem: maximising 
the C02 stream purity regardless of the cost. In most cases (flowsheets A, B, C, D7 E, and 
F), it is impossible to reach high C02 purity. The purities are very much linked to the 
feed concentration: flowsheet A achieves 80% purity on the C02 stream when the feed C02 
concentration is 70%, but reaches only 22% when the feed is 10%. It clearly shows that with 
flowsheets A to F, it is difficult to reach high purities on the C02 stream. With flowsheet G 
and H, this difficulty is overcome as much higher C02 purity is achieved regardless of the feed 
composition. For a 10% feed composition, the C02 stream purity is around 77%-81% instead 
of 22%-26% for the flowsheets A to F. For 30% feed composition, the C02 stream purity is 
around 87%-93% instead of 48%-57% for flowsheets A to F. For 50% feed composition, the 
C02 stream purity is around 91%-95% instead of 69%-77% for flowsheets A to F. For 70% feed 
composition, the C02 stream purity is around 95%-96% instead of 80%-89% for the plants A 
to F. It clearly shows that flowsheets G and H constitute a significant improvement on the 
basic plant A. We will, in the next section, focus on the selected process: flowsheet H, which 
has the best overall performance with both objective functions, and give a detailed description 
of the process. 
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Table 6-7: Maximal purities of the C02 stream obtained for the 8 flowsheets and the four C02 
concentration in the feed 
Flowsheet / Amount Of C02 in the feed 10% 30% 50% 70% 
A: Basic 22% 48% 69% 80% 
B: Cooler 26% 56%o 70% 80% 
C: 2 nd absorber 2 3% 5 3% 74% 85% 
D: Recycling unit 23% 51% 68% 8 2% 
E: 2 nd absorber + Cooler 26% 57 Ve 75% 85 (Yc 
F: 2 nd absorber + Recycling unit 24% 55% 77% 89% 
G: Cooler + Recycling unit 77% 87% 91% 95% 
H: 2 nd absorber + Cooler + Recycling unit 81% 93% 95% 96% 
6.2.3 Description of the optimal flowsheet 
Flowsheet H has the advantage of giving the best results in terms of profit as well as in terms 
of purity of the C02 stream. In this section, we find the optimal process conditions and 
design of this flowsheet for a very wide range Of C02 feed content: from 5% up to 88%. The 
pressure, temperature, and flowrate of the feed remain unchanged; only the proportion Of C02 
is changed. We believe that this type of conditions can be obtained easily by controlling the 
flowrate of the well. Regarding the impact of the change of pressure in the feed, the flexibility is 
expected to be very good. The feed is expanded to the absorber pressure which is determined 
by the optimisation of the plant. In most situations, the optimal absorber pressure is far 
below the feed pressure. In the case where the optimal pressure is equal to the feed pressure, 
a compressor can be added upfront quite easily, although the economics of this need to be 
compared to operation at a lower pressure. The impact of a change of feed temperature is 
unknown and we will investigate it in the next section. For each feed composition, optimal 
operating conditions as well as optimal size of the equipment (absorbers, tanks, pump... ) 
have been obtained. It is clear that when it comes to building a real plant, it will not be 
possible to change the dimensions of the equipment as soon as the feed composition changes. 
In this section, we will simply describe the optimal plant for each feed composition regardless 
of the flexibility problem associated with the equipment size. In figure 6.14, we give the profit 
versus the feed C02 content in MMUSD, as well as the potential revenues from the sales of 
the natural gas, the actual revenue from the sale, the total separation cost (sum of CAPEX 
and OPEX), and the losses of natural gas in the C02 waste stream. The potential gas sales 
decreases linearly with increasing C02 content. The losses of natural gas in the C02 stream is 
roughly constant (at least for the considered order of magnitude) with the feed C02 content, 
which has the effect of offsetting the potential gas sales curves into the actual gas sales (which 
is roughly linear). Taking into account of total separation cost, we obtain the overall profit. 
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Figure 6.14: Profit, potential natural gas revenue, actual natural gas revenue, total separation 
cost and loss of natural gas in the C02 stream. 
In figure 6.15, we give the breakdown of the total separation cost into operating and capital 
costs. We observe three regions. From 5% to 15% C02, there is strong increase to reach the 
maximum values of 554 MMUSD (total cost), 389 MMUSD (operating cost), and 165 MMUSD 
(capital cost). Surprisingly the costs decreases between 15% and 70%, reaching the minimum 
at 70% with 184 MMUSD (total cost), 107 MMUSD (operating cost), and 77 MMUSD (capital 
cost). But, it should be noted that the cost decrease is slower than the one in the revenues 
froin natural gas, so that the lower the C02 content feed is, the more profitable the process 
is. Beyond 70%) and up to 88%, the costs increase again slowly. In figure 6.16, we give the 
purities of the C02 stream and of the cleaned natural gas stream as well as the recoveries. 
The C02 recoveries and purities increase with C02 content. At 157o, the recovery is 84% and 
the purity is 59%. The natural gas purity is 97% as specified in the optimisation problem. 
The natural gas recovery is decreasing with increasing C02 content. Indeed, when the C02 
content increases, the flowrate of the clean gas stream decreases slowly in order to achieve 
the 97% purity constraint. Then, a significant proportion of methane remains with the C02 
stream as it is cheaper to leave in the C02 stream than to separate it. In figure 6.17., we show 
the characteristics of the cooler versus C02 content, i. e. the required exchange area and the 
water flowrate used to cool the solvent. Again, we can distinguish four regions: below 87c, 
from 9% to 70%, and above 707c. Below 8%, we recognise the strong linear increase observed 
for the costs. Between 97c and 70%, we recognise the plateau and also the slow decrease down 
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Figure 6.15: Capital cost, present value of operating cost and total separation cost versus C02 
content. 
to 0. Beyond 70%, no cooler is required, which might indicate that a heater is needed, but 
this has not been investigated. It might explain the increase of the total cost for C02 content 
observed previously in this region. In figure 6.18, the optimal solvent versus C02 content 
is shown. The patterns is quite complex: below 8% the optimal alkane is C141-130, then it 
drops quickly to C121-126. From 157c up to 35%, it increases to n= 13-5. Beyond 35%, the 
chain length decreases to CIIH24, and remains around n =: 11 from 80%. The interpretation 
is not straight-forward due to the trade-off between tray efficiency (via the alkane viscosity) 
and absorption (the longer the alkane, the higher the absorption). The absorber dimensions, 
cross-sections and heights are shown in figure 6.19 and 6.20. At low purity, the heights and 
cross sections of the two columns are identical: the heights remain constant around 40-45m, 
and the cross-section is around 10m-20m. With increasing C02 content, the height of the first 
absorber is lower than the height of the second one; whereas the cross section of the first one 
is becoming larger than the second one. Hence, the first absorber is wider and shorter than 
the second one. It can be explained by the fact that the first absorber accepts a larger gas 
and solvent flowrate as a large amount of the C02 in the gas flows-upward in the gas phase, 
before flowing downward in the solvent. The second absorber needs many trays to reach the 
97% purity, and hence is taller than the first one. The solvent flowrate shown in figure 6.21 is 
following the three-reginie pattern. It is clear that it is linked to the absorber cross-sections 
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and the costs: the higher the solvent flowrate, the wider the cross section of the absorbers and 
the higher the costs (the absorbers represent the main part of the capital cost ). The volume 
of the flash tanks are also related to the solvent flowrate, and we can observe that the volumes 
follow the same pattern 6.22. The maximum volume is around 230M3 . The power required 
by the compressors and by the pumps is also related to the solvent flowrate, and we observe 
in figure 6.23, that the maximum values are around 1800 kW. In figure 6.24, we show the 
evolution of the two absorbers pressures and of the recycling loop pressure (flash unit). At 
low C02 content, the absorber pressure is around 5-6MPa and the recycling pressure is around 
1-2 MPa. With increasing C02 content, the pressures increase up to the feed pressure for the 
absorber and up to 4MPa for the recycling pressure. 
We have seen that the new process flowsheet can cover a very large range Of C02 content, and 
still remain profitable for purities up to 90% Of C02- We have also identified the evolution 
of the costs, the equipment sizes, and the operating conditions versus C02 content. Other 
changes in the feed than the C02 content can occur such as flowrate, temperature, pressure. 
We will investigate in the next section the effect of having some ethane in addition to methane 
in the natural gas. 
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6.3 Sensitivity of the optimal process to the thermodynamic 
model 
In this section, we look at the sensitivity of the optimal points with changes in the thermo- 
dynamic model, and in particular to the binary interaction parameters obtained in chapter 
4. The interaction parameters V. were estimated from the binary experimental data. The 
following values were found: 
kC'H4, Clo -= -0.053006; 0 +0.036798; = +0.089642. (6-12) CH4, C02 = 
kC602iClO 
Here, we have taken the optimal process (flowsheet H) with 30% Of C02 in the feed, and 
applied a 10% change on the strength of the interaction, so that the parameters kij is changed 
as follows: 
0 0.063006; k' = +0.046798; ký = +0.099642. (6-13) CH4)Clo =- CH4, C02 C02, ClO 
We have then carried out the optimisation for three combinations of the interaction param- 
eters k' that we denoted by kiji, kij2 and kih. For each of these configurations, only one jj I 
interaction parameter ki'- is changed at the time as shown in table 6.8. ZY 
Table 6-8: Value of the binary interaction parameters corresponding to the base case (flowsheet 
H with 30% Of C02), and for individual changes of the three binary interaction parameters. 
The three optimisation configurations are denoted by kiji, kt32 and kth. 
Base Case kiji kth klh 
kE 
CH4, Clo -0.053006 -0.063006 -0-053006 -0-053006 
k' CH4, C02 +0-036798 +0-036798 +0.046798 +0.036798 
ký C021ClO 
I 
+0-089642 
I 
+0-089642 +0-089642 +0-099642 
The results of the three optimisation configurations are given in table 6.9. The reference case 
(flowsheet H with 30% Of C02) is shown in the second column from the left. We have also 
calculated the relative percentage change for each optimal value between the base case and the 
one with the new value of kij I that we 
denoted by 61 when it corresponds to optimisation kzjj. 
We observe that the lowest changes, between 0% and 4%, were obtained for kih, which corre- 
sponds to a change in the binary interaction parameter for the mixture C02+CH4. k' CH4, C10 
and k' are found much more sensitive than k' the relative changes are roughly C02, C10 CH4iCO2 
one order of magnitude higher than for k' Generally, k' is slightly more sensitive CH4, C02 C02, CIO 
than ký CH4, Clo 
The estiniates of the different costs seems quite robust as the changes in profit are very limited: 
between +0.2% and -7.6%. The estimation of the equipment sizes is also very robust as the 
largest change in equipment sizes is only around 18%. 
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Some are particulary insensitive to binary interaction parameters changes such as the absorber 
pressure (-0.4'/c/+2.8%) and the recycling loop pressure (+1.7%/3.7%), the stream purities 
and the recoveries (-5.5%/0.3%) and the solvent number of carbon atoms (-0.3%/4.9%). 
Table 6-9: Sensitivity of the economics, optimal equipment sizes and optimal control variables 
for flowsheet H with 30% Of C02 with respect to the three binary interaction parameters. 
Relative changes are also given in 57(') (61,62 and 63) 
Base Case kij, kýh k IJ 3 
T 
61 
62 
Natural Gas Sales 2484 2435 2489 2392 -2.0% 0.2% -3.7% 
Potential Natural Gas Sales 2798 2798 2798 2798 0.0% 0.0% 0.0% 
Total Separation Cost 497 518 497 555 4.3% 0.1% 11.7% 
CH4 losses in the C02 outlet 313 362 309 405 15.6% -1.5% 29.3% 
Total Operating Cost 346 363 347 387 4.7% 0.2% 11.8% 
Total Capital Investment 150 156 150 168 3.4% -0.1% 11.6% 
Profit 1987 1917 1991 1837 -3.5% 0.2% -7.6% 
Natural Gas Recovery 86% 84% 86% 83% -2.0% 0.2% -3.7% 
C02 Recovery 94% 94% 94% 94% 0.1% 0.0% 0.2% 
Natural Gas Stream Purity 97% 97% 97% 97% 0.0% 0.0% 0.0% 
C02 Stream Purity 74% 72% 75% 70% -3.0% 0.3% -5.5% 
n (solvent C, H2n+2) 12.92 13.55 12.93 12-88 4.9% 0.1% -0.3% 
Absorber Pressure (MPa) 5.11 5.26 5.11 5.09 2.8% 0.0% -0.4% 
Recycling Pressure (MPa) 1.90 1.97 1.90 1.93 3.7% 0.0% 1.7% 
Cooler Water Rate (mol/s) 1933 2067 1947 2174 6.9% 0.7% 12.5% 
Cooler Exchange Area (m 2) 3718 4163 3841 4380 12.0% 3.3% 17.8% 
Solvent Flowrate (mol/s) 1427 1360 1420 1673 -4.7% -0.5% 17.2% 
Absorber I Height (m) 42.1 42.5 42.1 44.2 1.0% -0.1% 5.1% 
Absorber I Section (m 2) 22.0 21.8 22.0 23.7 -0.9% -0.1% 7.7% 
Absorber 2 Height (m) 43.5 43.9 43.4 45.5 0.9% -0.1% 4.6 cA 
Absorber 2 Section (m 2) 16.7 16.9 16.7 17.6 1.1% 0.0% 5.1% 
Compressor Power (kW) 1279 1318 1274 1368 3.1% -0.4% 7.0% 
Solvent Pump Power (kW) 1689 1721 1682 1975 1.9% -0.4% 16.9% 
Recycling Tank Volume (m 3) 219 218 218 256 -0.7% -0.4% 16.5% 
Atm. Tank Volume (m 3) 203 201 202 238 -1.0% -0.4% 17.4% 
Conclusions The design of the process is not very sensitive to the binary interaction pa- 
rameters. The interaction parameter between C02 and CH4 is particulary insensitive. Some 
equipments size are changed significantly (around 20%) by changes in k' and k' C021CIO CH4, CIO 
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But most importantly, the profit of the process is not very strongly affected: -7.6/c, /+0.2`/". 
6.4 Effect of C2 on the optimal flowsheet 
In this section, we investigate the effect of having small amounts of ethane C21-16 in the nat- 
ural gas feed. As shown in tables 3.1 and 3.2, the amount of ethane can be large in some 
wells: typically between 10% and 20% for non-associated gas wells and between Vc and 10% 
for associated gas wells. The model developed in chapters 4 and 5 was designed for 3 com- 
ponents: C02, n-alkane, and CH4. Adding a fourth component (ethane) requires to modify 
the previous model, especially the thermodynamic model. New binary interaction parameters 
must be obtained for the interaction between C2H6-CH4, C2H6-CO2, and C2H6-n-decane. For 
simplification, we have considered that ethane interacts in a way similar to methane, so that 
the interaction parameters V. are as follows: zj 
-0.053006; ke = +0.036798; ke -0. (6-14) C2H6iC10 C2H6, CO2 C2 H6, CH4 
It is clear that this assumption must be checked if quantitative results are needed. This 
thermodynamic model suffices for a qualitative analysis. We have carried out the optimisation 
for 4 C02 feed contents: 10%, 30%, 50% and 70%. The ethane concentration has been taken 
equal to 5%, which is an average concentration for a gas well (see tables 3.1 and 3.2) for 
some examples of natural gas concentration from associated and non-associated gas wells. 
The remaining is then methane, with the following concentrations: 85%, 65%, 45% and 25% 
(respectively). In table 6.10, we show the composition of the clean natural gas stream and of 
the C02 waste stream. The methane concentration in the natural gas stream is now slightly 
below the 97% target, respect. 96.2%, 96.6%, 96.7% and 96.8%, as some ethane is present in 
the natural gas stream, but in very small concentration (respect. 0.8%, 0.47c, 0.3% and 0.2%). 
The large majority of the ethane is co-absorbed with C02, and is then present in the C02 
waste stream. The concentration of ethane in that stream is quite high: 22.4%, 11.3%, 7.8% 
and 6.2% (respect. ). It is clear that ethane is absorbed with C02 in the absorber. This fraction 
of ethane is lost and should reduce the overall profitability of the process. In table 6.11, we 
compare the optimal profit for the two cases: with and without ethane, for the same C02 feed 
content. It is clear that the profit is reduced in the case where 5% of ethane is present in the 
feed. The relative reduction of the profit is between 4% down to 15%. 
6.5 Design of a flexible process for the range [10%, 70'/Ol C02 
In this section, we would like to deepen the work carried out in section 6.2. For the optimal 
flowsheet (H) identified previously, we have shown that several optimal processes could be 
obtained when the feed C02 content chang-es. which is expected to occur with time. Different 
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Table 6.10: C02 waste stream and natural gas streams composition for various C02 feed 
concentration. 
Stream Component 10% 
C02 Feed Content 
3 0'/c 5 0'/c 70% 
C02 stream CH4 38.6% 21.3% 13.9% 6.2% 
C02 stream n-decane 0.0% 0.0% 0.0% 0.0% 
C02 stream C02 39.0% 67.4% 78.2% 87.6% 
C02 stream C2H6 22.4% 11.3% 7.8% 6.2% 
NG stream CH4 96.2% 96.6% 96.7% 96.8% 
NG stream n-decane 0.0% 0.0% 0.0% 0.0% 
NG stream C02 3.0% 3.0% 3.0% 3.0% 
NG stream C2H6 0.8% 0.4% 0.3% 0.2% 
Table 6.11: Effect of small quantity of ethane on the profit in MMUSD for various C02 feed 
composition. 
C02 Feed Content 
Stream 10% 30% 50% 70% 
Profit with ethane 2722 1875 1237 651 
Profit wffhout ethane 2837 1987 1337 765 
equipment sizes were obtained for each feed C02 content. We have seen that we could separate 
profitably C02 and CH4 for feed C02 content up to 70%) (for flowsheet H). If the feed C02 
content is expected to remain relatively constant over time, it is preferable to find the optimal 
process for this feed C02 content. In the case where the feed C02 content increases with time, 
as expected when C02 re-injection is simultaneously carried out, the flexibility of the process 
should be addressed. 
We consider a reservoir producing natural gas with an initial C02 content of 10% (mol/mol), 
and for which the C02 content increases linearly with time up to a final C02 content of 70% 
after 15 years. The feed characteristics are the same as the one used in the previous sections 
and remain constant with time: the molar rate is 1000mol/s, the temperature is 301.48K, 
and the pressure is 7.96IMPa [13]. It corresponds to a C02-rich natural gas well, with high 
pressure, and average flowrate, approx. 80 MMSCFD (Million standard cubic feet per day). 
We need to find the optimal flexible process corresponding to this scenario. 
Finding the optinial process subject to changing operating conditions requires a slightly dif- 
ferent approach to the one we described previously in this chapter: new questions arise: how 
to inake sure the process can be operated to respond to changes in feed C02 content? How to 
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guarantee that the equipment have been designed to withstand different operating conditions? 
These are the two key questions we want to answer in this section. We need to find a way to 
obtain the optimal operating conditions as well as the optimal design. 
Previously, we have obtained different design for each feed C02 content. It is clear that this 
approach must be modified. From an optimisation point of view, equipment sizes and design 
pressures (design variables) must be the same for any feed C02 content: only the operating 
conditions (control variables) can change. Keeping the design variables identical for different 
feed C02 content is problematic as some of them are calculated by the model and are not 
specified by the operator: absorbers heights and sections, tanks volumes, and compressor and 
pump design powers. 
The fact that the control variables change with time has an impact of the operating cost. The 
change in C02 content with time induces a change in operating cost. In order to take into 
account this effect in the calculation of the profit without having to recalculate the profit of 
the plant, we have introduced another problem which is equivalent to the one we are trying 
solve. We have considered 4 plants, each plant operating at a different fixed C02 content for 
15 years: 10%, 30%, 50% and 70% (we discretise the problem in 4 points). The average of the 
profit of each plant is then the profit of the plant with a changing feed C02 content. 
The drawback is that the optimisation problem becomes very large (around 30,000 equations 
and variables), but at least the problem remains steady-state, not dynamic. The optimisation 
problem is then relatively simple. We maximise the average profit of the 4 plants. Each plant 
has different control variables (5): The solvent recirculation flowrate, the cooler water flowrate, 
the alkane solvent length, and the absorbers and recycling tank pressures. In total for the 4 
plants, we obtain 20 control variables. 
We use then a simple heuristic to obtain the design variables. For instance, the design tank 
volume is taken equal to the max of the tank volumes calculated for each plant. The same 
max-rule has been applied to the absorbers heights and cross-sections, and the compressor and 
pump design powers. 
The previous max-rule obviously does not applied to the cooler exchange area, as it would not 
be reasonable to use the max-rule for this variable. The max-rule is reasonable for a variable 
like the tank volume, as the tank volume is a minimum requirement to obtain a satisfactory 
separation. It can not be used for an heat exchanger for which the performances are directly 
linked to the dimensions. The cooler exchange area was then the only design variable to be an 
optimisation variable. 
The optimisation has been carried out successfully. The 21 optimisation variables have been 
found. We can see that the range of change of the control variables is very limited when 
changes in feed C02 content occurs. The number of carbon atoms in the alkane remains 
between 12 and 14; the pressure of the absorber is around 6.2MPa; the recycling loop pressure 
is between 2.2AIPa and 3MPa. The cooler exchange area is 1964 M2 and the cooler water 
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flowrate decreases from 2000mol/s down to 1000mol/s when the feed C02 content increases. 
The change in solvent recirculation flowrate is also very limited as it remains between 904mol/s 
and 1214mol/s. 
Table 6.12: Values of the optimal control variables for the 4 feed C02 contents: 10%, 30%, 
50% and 70%. 
'U- 
Feed 
C02 content 10510 30% 50% 70.0 % 
n (solvent C, H2n+2) 13-61 12-15 13.13 12.09 
Absorber Pressure (MPa) 6.22 6.17 6.18 6.22 
Recycling Pressure (MPa) 2.21 2.52 3.01 2.79 
Cooler Water Flowrate (mol/s) 2017 2013 1005 1068 
Cooler Exchange Area (m2) 1964 - - - 
Solvent Recirculation Flowrate (mol/s) 904 1140 1057 1214 
The optimal design variables for each plant and the overall design variables are given in table 
6.13. The I" absorber height optimal values are within a small range: between 38m and 
41.19m, so it is reasonable to use 41.19m as the I" absorber height. A similar height is 
found for the 2 nd absorber: 41-55m. The cross-section of the first and second absorbers are 
respectively 18. IM2 and 14 . 9M2 
(it is clear that the flow-regime could be modified in the 
column if the cross-section is too different from its optimal value. Before building such a 
plant, it would be necessary to carry out a more in-depth study of the flow-regimes in the 
two absorbers). The design power of the compressor and of the pump are straight- forward to 
obtain with the max-rule: 1423W for the compressor and 1371W for the pump. The volumes 
of the tank are reasonable: 192m 3 for the recycling loop tank and 160M3 for the atmospheric 
tank. 
Table 6.13: Values of the optimal design variables. 
'U- 
juted 
C02 content 10% 30% 50% 70.0% Design Variables 
(max-rule) 
I't absorber height, (m) 41.19 38.71 38-62 38-06 41.19 
I't absorber cross-section (m 2) 14.98 18-00 18-10 18.10 18.10 
2nd absorber height (m) 41.54 40-30 41.54 41-55 41.55 
2nd absorber cross-section (M2) 14.91 14-71 12.40 9.51 14.91 
Compressor W 821 1002 811 1423 1423 
Pump Solvent W 1371 1543 1523 1626 1626 
Recycling Tank Volume 143 170 175 192 192 
Atin. Tank Volume 135 153 151 160 160 
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We give, in figure 6.25, the recoveries Of C02 and CH4 as well as the purities of the two outlet 
streams. The natural gas purity specification (97%) has always been met. As a consequence. 
the natural gas recovery is always high between 80% and 901YO. The C02 strearn purity starts 
from 40% and ends up around 95% when the feed C02 content increases froin 10% up to 70'/c,. 
The C02 stream recovery follows the same pattern from 75% to 99/c,. 
100% 
90% 
80% 
70% 
60% 
50% 
40% 
30% 
20% 
------------------------------------------------------------------------------------------- --- ------------ 
------------------------------------------------------------------------------------------------------ 
-A- Natural Gas Recovery 
-0- C02 Stream Purity 
* C02 Recovery 
0% lo% 20% 30% 40% 50% 60% 70% 
Feed C02 content (mol/mol) 
Figure 6.25: Recoveries and purities of the C02 and natural gas streams. 
80% 
The total separation costs decreases with increasing feed C02 content as shown in figure 
6.26, but remains between 400MMUSD and 500MMUSD. The operating cost follows the same 
pattern, between 250-350MMUSD. The capital costs is of course constant as the equipment 
sizes are fixed. The capital cost is 149MAIUSD. 
The profits of the 4 plants are given in figure 6.27. Average value of the profit is 1639MMUSD, 
of the natural gas sale is is 2100 MMUSD, and of the potential natural gas sale is 2472MMUSD. 
It is clear that the operation should be stopped somewhere after 70'/C) Of C02 feed content as 
the profit is getting very close too zero. 
Conclusion We have shown here that the optimal flowsheet obtained in section 6.2 (flowsheet 
H) can be used with confidence over a wide range of feed C02 contents., between 10'/c and 70'/C,. 
without the need to modify the equipment sizes. This flexibility of the process is obtained by 
controlling the absorber and tank pressures, the solvent recirculation flowrate. the cooling 
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Figure 6.26: Capital cost, present value of operating cost and total separation cost versus C02 
content. 
water flowrate, and finally the length of the alkane solvent. We have given the values of the 
control variables for each feed C02 contents, and also found the sizes of all the equipment 
involved in the process. The process shows some very good performance over the whole range 
of feed C02 content in terms of purities, recoveries as well as in terms of economics: this 
flexible process is profitable up to high values of feed C02 content, higher than 70%. 
6.6 Conclusion 
We have shown that the methodology developed in this work can be successfully applied to 
the capture Of C02 from natural gas. We have shown how the methodology can be applied 
on a simple case of separation. We have been able to find the optimal operating conditions, 
equipment sizes, as well as the optimal flowsheet design for a wide range Of C02 feed contents. 
We have observed that the predicted performance of the simple flowsheet (one absorber and 
one flash unit) would not be satisfactory, and would need some improvements. We have 
proposed three potential improvements: adding a second absorber, adding a solvent cooler, 
and adding a, recycling unit on the regeneration. We have looked at the different combinations 
of improvements and found a satisfactory flowsheet. This flowsheet has the double advantage 
of achieving high profits and achieving high purities on the C02 waste stream. We have also ýn 0 
carried out a, sensitivity study of the process design with respect to the thermodynamic i-nodel 
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Figure 6.27: Profit, potential natural gas revenue, actual natural gas revenue, total separation 
cost and loss of natural gas in the C02 stream. 
obtained in chapter 4. We have shown that the optimal process is not very sensitive to the 
binary interaction parameters. Tn addition, we have also shown that the methodology can 
be easily extended to 4-component mixtures. The impact of a small amount of ethane with 
methane in the natural gas feed has been investigated. Optimal conditions have also been 
found. We showed that ethane is co-absorbed with C02 and consequently ends up in the 
C02 waste stream. This has an impact on the profit which is reduced between 4% and 15% 
depending on the C02 feed content. Finally, we have completed this work by designing a fully 
flexible and profitable process for feed C02 contents from 10% to 70%. In order to operate the 
plant, we have given the values of the control variables as a function of the feed C02 contents. 
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Chapter 7 
Conclusions and future work 
7.1 Conclusions 
In this work, we have studied the design of a new gas separation process for the capture Of C02 
from natural gas streams. This work is useful in the application of the Kyoto protocol under 
which large quantities Of C02 must be captured from large C02 emission sources. A significant 
part of the captured C02 will be transported and reinjected in some gas and oil reservoirs for 
long-term storage. The cost of the transport and storage may be offset by the additional 
production of gas and oil (enhanced oil and gas recovery). Increasing amount Of C02 will then 
be present in the produced gas (associated or non-associated gas), and C02 capture processes 
are required to bring back natural gas to commercial purities (typically 97%). The process 
should separate C02 and natural gas into two streams so that the C02 Waste stream can be 
recompressed and reinjected into the reservoir. We have listed the main technical specifications 
for a new capture technology: it should be environmentally friendly (i. e. no carbon dioxide or 
methane venting); flexible with respect to C02 content as C02 Concentration increases with 
time in enhanced hydrocarbon recovery operations; and it should deliver a C02 stream at high 
pressure for underground disposal. 
A review Of C02 removal processes has been carried out. We have found numerous processes 
for C02 removal. We have shown that physical absorption processes appear more appropriate 
for bulk removal and also present some advantages in terms of flexibility. We have seen that 
physical absorption processes can be implemented in several ways: conventional equipment 
such as columns can of course be used, but other techniques can also be designed using micro- 
porous membranes, or even more original solutions such as the direct injection of the solvent 
into the well. We have screened the various physical solvents that are used for this type of 
application and we have shown that alkane solvents present numerous advantages compared to 
other solvents as highlighted with the Ryan-Holmes process. The Ryan-Holmes process uses 
n-butane but operates at cryogenic temperatures which is highly energy demanding. Higher 
alkanes such as n-decane can be used as a solvent with higher temperatures. In addition, the 
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selectivity and solubility of such solvents is promising. 
A methodology has been developed in order to identify both the solvent and the process design 
which is the more suitable for a flexible C02 capture process. An equation of state has been 
selected for its ability to describe the vapour-liquid equilibrium behaviour Of C02/CH4/n- 
alkanes mixtures over a large range of conditions: pressure, temperature and composition. 
The choice of the thermodynamic model is crucial for the accuracy of the separation process 
simulation. The lack of ternary VLE experimental data for a wide range of alkanes did not 
allow us to use correlation-based equation of state such as the cubic equations of state (Peng- 
Robinson or Soave Redlich Kwong types). The use of advanced molecular-based equations was 
required as they can predict mixture behaviour with a very good degree confidence. We have 
shown that the SAFT-VR equation of state presents numerous advantages compared to cubic 
equations of state. In addition, previous work by Paricaud et al.. has shown the ability of 
SAFT-VR to predict the behaviour of a complete molecules family such as the n-alkanes. 
A thermodynamic model has been proposed for mixtures Of C02/CH4/n-alkanes. A method- 
ology for the derivation of the thermodynamic model has been developed in two steps. Firstly, 
the SAFT-VR microscopic description of each pure fluid has been obtained: molecular diame- 
ter and length and interaction potential characteristics. These parameters have been obtained 
for each of the three molecules from experimental data: saturated vapour pressure and liq- 
uid density. These parameters have also been fitted so that an accurate description of the 
critical points of methane and carbon dioxide were found. Secondly, a refined model for the 
interactions between unlike molecules has been developed. This model was developed with the 
use of binary experiments for each of the three binary mixtures: C02/CH4, C02/n-decane 
and CH4/n-decane. A very large amount of experiments from independent sources at various 
pressure and temperature conditions has been used. The performance of this model has been 
assessed against other experiments: both from binary and ternary mixtures. Some binary 
experiments involving C02 and other n-alkanes (i. e. not n-decane), and CH4 and other n- 
alkanes (from n-octane to n-hexadecane) show that the model performs very well when used 
for other n-alkanes, which shows the advantage of SAFT-VR in terms of predictability. Very 
few ternary experiments exist involving C02/CH4 and an n-alkane. Some were found involving 
C02/CH4/n-decane for a given temperature and for 4 different pressures covering the pressure 
range of the separation process. The match between the experiments and the SAFT-VR cal- 
culations. Overall we observed that the thermodynamic model is fully satisfactory, and that 
it can be used in a process design environment for the simulation and optimisation. 
A methodology for the simulation of the separation process has been developed to answer the 
specific needs of this work. An original method involving two-phase streams has been designed 
with an original phase equilibrium model, that can deal with both single phase and two-phase 
flow within the same framework. This inethodology also allows phase transitions from liquid to 
vapour-liquid to vapour and reversely. Models of the units hme been designed which make use 
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of the phase equilibrium model to evaluate the properties (equilibrium, compositions, enthalpy. 
entropy) used in balance equations. Models for estimating the dimensions of the units have 
been used, that consequently can be used to estimate the purchase cost of the equipment. A 
detailed capital and operating cost model has been developed. We have used conventional 
techniques to carry out this cost estimation, which are widely used for feasibility studies in the 
chemical engineering community. The profit of the plant has been estimated with the total 
separation cost (operating and capital) and the estimated revenues from the natural gas sales. 
This cost model has been successfully used to find the optimal process. A minimum purity of 
97% was set for the clean natural gas stream. The purity of the C02 outlet stream should be 
as high as possible, but no constraint is needed as C02 is then reinjected into the reservoir. 
Several flowsheets have been optimised. We have shown how our methodology can be applied 
on a simple case of separation. Optimal operating conditions were found for a wide range 
Of C02 feed contents. We have then shown then how an optimal flowsheet can be obtained 
in order to improve both the performance and the economics of the process. The optimal 
flowsheet can operate successfully up to 88% C02 content with different designs. 
We have evaluated the sensitivity of the optimal process on the thermodynamic model. We 
have quantified the impact of small changes in the binary interaction parameters on the optimal 
process and optimal solvent. 
In addition, we have looked at the effect of adding a fourth component in the feed. We have 
shown that the methodology can be easily adapted and used for 4-component mixtures. A 
small amount of ethane has been added to the natural gas feed. Optimal conditions have been 
found, and indicates that ethane is co-absorbed with C02 and consequently ends up in the 
C02 waste stream. We have observed that this has an impact on the profit which is reduced 
between 4% and 15% depending of the C02 feed content. 
Finally, we have completed this work by designing a fully flexible and profitable process for 
feed C02 contents from 10% to 70%. In order to operate the plant, we have given the values 
of the control variables as a function of the feed C02 contents. 
This work gives plenty of opportunities for further research that we would like to detail in the 
next section. 
7.2 Future work 
7.2.1 Multi-components mixtures 
This work has been focused mainly on ternary mixtures. We have also shown that our method- 
ology can easily be used for a 4-component mixture. Adding more components to the mixture 
would not involve any changes in the methodology. It would simply require the development of 
the associated thermodynamic model. For ethane, we have made the assumption that ethane 
is very similar to methane when interacting with the other components of the mixture. For 
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other compounds present in natural gas streams such as propane, N2 or H2S, H20, and heav- 
ier hydrocarbons, this assumption would not be valid, and would require the development of 
specific SAFT-VR thermodynamic models. 
7.2.2 Implementation of an algorithm for phase equilibria calculation 
In this work, the phase equilibrium model developed has been implemented in gPROMS. The 
phase equilibrium model is used at each thermodynamic stage of the process. For instance., it 
is called twice for each tray of each absorber, twice for each tank and each mixer, once for each 
compressor and expander. This leads to a large number of equations for the optimal flowsheet 
(typically 10,000 equations). The initialisation of the process is difficult due to the large 
number of variables that should be fed with an initial guess. Implementing an algorithm that 
solves the VLE independently of gPROMS and reliably such as the Michelsen algorithm [1,2] 
would make the initialisation much easier, and hence would open new opportunities such as: 
e the optimal flowsheet design using a superstructure. 
the optimal solvent design using n-alkane mixtures (with n integer). 
the use of more detailed rate-based absorber models. 
These type of problems were of interest in this work but would require an algorithm embedded 
in a gPROMS foreign object (dll). 
7.2.3 Evaluation of the downhole absorption ýconcept 
An alternative to the use of the two absorption columns would be to inject the solvent into 
the well, so that the absorption occurs in the well at very high pressure. The solvent would 
circulate to be regenerated outside the well at atmospheric pressure and then recompressed 
and reinjected into the well. Injecting the solvent directly into the well is a new concept. A 
model of absorption in a vertical/ horizontal well needs to be established in order to evaluate 
the feasibility of this new concept. The hydrodynamics of such a process would be particularly 
challenging. The process can be simulated and optimal operating conditions can be found. 
The optimal process can then be compared with the surface process. 
7.2.4 Optimal flowsheet using a superstructure 
The methodology to find the optimal flowsheet was to compare a limited number of flowsheets 
and select the best one. Developing a superstructure would be a more systematic approach. 
The use of a superstructure would become possible once an foreign object has been developed 
for the phase equilibria calculations. 
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7.2.5 Solvent mixtures 
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ln this work, we have shown how an optimal solvent can be found. We have obtained solvent 
mixtures via the use of a non-integer number of carbon atoms for the n-alkane. This pseudo- 
component represents a mixture of consecutive n-alkanes. We could look at the mixture of 
more unlike n-alkanes. Mixing a long alkane (around C20) with a short alkane (around C6) 
could improve the performance of the solvent. The optimal solvent corresponds to a trade-off 
between the long alkane which shows higher absorption Of C02 and short alkane that are less 
viscous and hence performs better in a column. 
7.2.6 Solvent design 
In this work, we have shown how the best alkane solvent can be found. We have used a SAFT- 
VR description of the n-alkane family using the number of carbon atoms of the solvent. The 
optimal solvent has been successfully evaluated for each optimisation problem. The use of for- 
mulated solvents could improve the performance of the process. The use of group contribution 
method for the SAFT-VR equation of state would be ideal. It will allow to screen a very wide 
range of solvents and evaluate their impacts on the process performance. The use of different 
functional groups could be an optimisation variable for the optimisation problem associated 
with process design. 
7.2.7 Application to the design of other gas separation processes 
The capture Of C02 from nitrogen-rich gas is a very important application for the reduction of 
greenhouse gas emissions. Different gas separation processes will be required: pre-combustion 
capture or post-combustion capture. In the case of post-combustion capture, the C02 is present 
relatively low concentration (max 20% mol/mol) mixed with some nitrogen and traces of carbon 
monoxide. Amine solvents are appropriate for this kind of application. Pre-combustion capture 
is the replacement of the nitrogen of the air by some C02. This new C02-rich air is used for 
the combustion of fossil fuel, coal, or natural gas. The exhaust gas is then almost pure C02 
which does not need to be separated. Our methodology can be easily applied to the capture 
of N2 from air. The addition Of C02 can be done during the separation or simply after. 
7.2.8 Recompression of theC02waste stream 
The C02 waste delivered by the optimal process is at atmospheric pressure and need to be re- 
compressed in order to be reinjected in the reservoir. The cost of reinjection can be significant, 
and change the optimal process. For instance, the atmospheric flash unit could be used at 
other pressures than atmospheric. 
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Appendix A 
Additions to the validation of the 
SAFT-VR thermodynamic model 
A. 1 Pure carbon dioxide 
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Figure A. 1: Vapour pressure curve of carbon dioxide from the triple point to the critical 
point. The calculation determined with the SAFT-VR equation of state (continuous curve) 
are compared with experimental data: vapour-liquid equilibria (empty diamonds) [1], triple 
point (filled triangles) and critical point (filled diamonds) [2]. 
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Figure A. 2: Temperature-volume projections of the vapour-liquid equilibria (VLE) for car- 
bon dioxide. The calculation determined with the SAFT-VR equation of state for the VLE 
(continuous curves) are compared with experimental data (filled circles) [3]. 
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Figure A. 3: Temperat ure- density projections of the vapour-liquid equilibria (VLE) for car- 
bon dioxide. The calculation deteri-nined with the SAFT-VR equation of state for the VLE 
(continuous curves) are compared with experimental data (filled circles) [3]. 
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Figure AA: Vapour pressure curve of methane from the triple point to the critical point. The 
calculation determined with the SAFT-VR equation of state (continuous curve) are compared 
with experimental data: vapour-liquid equilibria (empty diamonds) ý4], triple point (filled 
circle) and critical point (filled triangles) [2]. 
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Figure A. 5: Temperature-voluine projections of the vapour-liquid equilibria (VLE) for 
methane. The calculation determined with the SAFT-VR equation of state for the VLE 
(continuous curves) are compared Avith experimental data (filled circles) [3]. 
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Figure A. 6: Temperat ure- density projections of the vapour-liquid equilibria (VLE) for 
methane. The calculation determined with the SAFT-VR equation of state for the VLE 
(continuous curves) are compared with experimental data (filled circles) [3]. 
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Table B. I: References of the VLE experiments used to estimate the interaction parameter for 
C02/n-decane mixtures 
Temperature in Kelvin Number of points References 
277-59 12 [1] 
310.93 12 [1] 
311 2 [21 
342.9 3 [3] 
344.25 6 [4,5] 
344.26 6 [1] 
344.3 8 [2,6] 
377-55 2 [5] 
377-59 6 
410.93 6 
411.2 2 [3] 
444.26 6 Ill 
462.55 4 [7] 
476.95 4 [7] 
477.59 6 Ill 
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Table B. 2: References of the VLE experiments used to estimate the interaction parameter for 
CH4/n-decane mixtures 
Temperature in Kelvin Number of points References 
244.26 5 [8] 
255.37 5 [8] 
266.48 5 [8] 
277.59 6 181 
310-93 17 [9,10] 
323.15 3 [11] 
343-15 1 [11] 
344.26 17 [9,10] 
363.15 2 
377-59 17 [9,10] 
383-15 2 [11] 
410.93 9 191 
423-15 5 [12] 
444.26 9 191 
477-59 8 191 
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Table B-3: References of the VLE experiments used to estimate the interaction parameter for 
C02/CH4 mixtures 
Temperature in Kelvin Number of points References 
199.82 4 [13] 
208.45 9 [14] 
209.26 6 [13] 
209.75 8 [14] 
219.26 10 [13,15] 
219.85 11 [14] 
220 4 [16] 
223.71 11 [13] 
230 56 [17-19] 
233.15 3 [16] 
240 12 [15] 
241.48 10 [13] 
250 26 [17,19] 
259-82 10 [13] 
270 59 [15,17-20] 
271.48 7 [13] 
283.15 8 [21] 
288-50 9 [22] 
293 13 [23] 
293.15 5 [21] 
293.40 12 [22] 
298.10 12 [23] 
298.36 7 [24] 
301 5 [25] 
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Appendix C 
gPROMS code of the unit models 
C-1 Phase equilibrium model 
PARAMETER 
PhysProp 
NoComp 
NoParam 
ChemPotFactor 
PFactor 
VolFactor 
EnergyFactor 
EntropyFactor 
Zelvin-Kelvin 
PORT 
inf o 
VARIABLE 
V-vap, V-liq 
X'y 
a, b 
AS 
AS 
AS 
AS 
n-alkane AS 
de lta-cp_a, delta-cp-b, delta_cp_c, delta_cp_d 
Delta-SI, Delta-HI 
pScaleFactor 
DV AS 
ConstraintSolidification, Melting-Temperature 
SET 
NoComp 
NoParam 
EQUATION 
FOREIGN_ OBJECT " Saft" 
INTEGER 
AS INTE GER 
AS REAL DEFAULT 1E-4 
AS REAL DEFAULT IE-6 
AS REAL DEFAULT 1E-6 
AS REAL DEFAULT 1E-3 
AS REAL DEFAULT 1E-3 
AS REAL DEFAULT 273-15 
AS New2Phases 
MolarVolume 
ARRAY(NoComp) OF MolarFraction 
AS abType 
Notype 
AS NoType 
AS NoType 
AS ARRAY(NoParain) OF ScaleFactor 
Notype 
AS Notype 
PhysProp. NumberOfComponents; 
PhysProp. NumberOfEstimatedParameters; 
### SOLVING THE VIRTUAL EQUILIBRIUM ################ 
# info. P, info. T, info. Z(1: 2) (not info. Z(3)) and info. F are given 
# STEP 0: info. Z(3) is obtained using this equation 
SIGMA(info. Z)-1=0; 
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# STEP 1: X, Y and info. Z are lineraly dependent to respect the mass 
balance 
# a* X+b*Y- info. Z =0 is replaced by the 3 following 
equations to ease the initialisation 
FOR i: =l TO NoComp-1 DO 
a*X(i) + b*Y(i) - info. Z(i)=O; 
END 
(a+b)=l; 
# STEP 2: we have 10 unknows (V-liq, V-vap, X, Y, a and b) and 
already 3 equations (from STEP 1) 
# The equations for the equilibrium 
# equality of pressure (2 equations) 
info. P = PFactor*PhysProp. Pressure(info. T, V-liq *VolFactor, X 
, pScaleFactor); 
info. P = PFactor*PhysProp. Pressure(info. T, V-vap *VolFactor, Y 
, pScaleFactor); 
# equality of chemical potential (3 equations) 
ChemPotFactor*PhysProp. ChemicalPotential(info. T, V-vap *VolFactor, Y 
, pScaleFactor) = 
ChemPotFactor*PhysProp. ChemicalPotential(info. T, V-liq *VolFactor, X 
, pScaleFactor); # 
[NoComp] 
# the sum of the compositions is 1 (2 equations) 
SIGMA(X)=l; 
SIGMA(Y)=l; 
#### END of SOLVING THE VIRTUAL EQUILIBRIUM ################ 
### SOLVING THE REAL EQUILIBRIUM ####### 
# info. a, info. b, info. X, info. Y, info. V-vap and info. V-liq describe 
the REAL equilibrium 
# THE DIFFERENT CASES DEPENDING OF THE VALUE OF a ## 
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# if a>1 => the mixture is a liquid => info. a = 1, info. X 
Z, info. Y= Y 
C. gPROMS code of the unit models 
# if a<O => the mixture is a gas => info. a =0, info. X = X, info-Y 
z 
# if 1>a>O => info. a =a, info. X = X, info-Y =Y 
# it can be also expressed with the following equation: 
info. a = (0.5 + 0.5*SGN(a-b)*MIN(ABS(a-b), l)); 
info. b=l-info. a; 
info. X =X+ (abs(b)-b)*(X-Y)/2; 
info. Y =Y+ (abs(a)-a)*(Y-X)/2; 
# info. V-liq, info. V_vap 
inf o. P = 
PFactor*PhysProp. Pressure(info. T, info. V-liq*VolFactor, info. X, pScaleFactor); 
inf o. P = 
PFactor*PhysProp. Pressure(info. T, info. V-vap*VolFactor, info. Y, pScaleFactor); 
info. V-mix 
info. V-mix = (info. a*info. V-liq+info. b*info. V-vap); 
# Flow rates 
info. F-vap=info. b*info. F; 
info. F-liq=info. a*info. F; 
# ENTHALPIES AND ENTROPIES 
# H-vap = H-vap-SAFT = Ho(m, lambda, sigma, epsilon, cps) 
# H-vap = H-ideal + H_sphere 
# H-sphere = Ho(m, lambda, sigma, epsilon) 
# H-ideal = HO(cps) = H(cps of C02, CH4, n-alkane) 
# H_ideal VC02) * H(cps of C02) + Y(CH4) * H(cps of CHO + 
Y(alkane) H(cps of n-alkane) 
# the parameters for C02, CH4 and C10 a-re in the SPF file 
# The SPE file control the parameters of C10 so that other alkane 
can be changed 
# m, lambda, epsilon, sigma can be changed with the SPE file 
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# the cps can not be changed 
C. gPROMS code of the unit models 
# only the ideal term of the enthalpy is a function of cps 
# Delta_HI = H-ideal(n-alkane) - H-ideal(n-decane) 
# H-Ideal = cp-a * (T-TO) + cp-b * (T-2/2-TO-2/2) + cp-c 
(T-3/3-TO-3/3) + cp-d * (T-4/4-TO-4/4); 
# Delta-HI delta-cp-a * (T-TO) + delta-cp-b * (T-2/2-TO-2/2) + 
delta-cp-c (T-3/3-TO-3/3) + delta-cp-d * (T-4/4-TO-4/4); 
# the delta cps have been correlated with n-alkane 
delta-cp-a = -0.20334 * (n-alkane-10) ; 
delta-cp-b = 0.02261 * (n-alkane-10) ; 
delta-cp-c*IE+04 = 1E+04*(-1.29171E-05 * (n-alkane-10)); 
delta-cp-d*lE+08 = 1E+08*(+2.85880E-09 * (n-alkane-10)); 
# The enthalpy routine 
# enthalpies 
Delta-HI = 4.184 
*EnergyFactor*(delta-cp-a*(info. T-1/1-Zelvin-Kelvin-1/1) + 
delta-cp-b* (info. T-2/2-Zelvin-Kelvin-2/2) 
+delta-cp-c*(info. T-3/3-Zelvin-Kelvin-3/3) + delta-cp-d* 
(info. T-4/4-Zelvin-Kelvin-4/4)); 
info. h-vap = 
(EnergyFactor*PhysProp. Enthalpy(info. T, info. V_vap*VolFactor, info. Y, pScaleFactor) 
+ info. Y(2)*Delta-HI); 
info. h-liq = 
(EnergyFactor*PhysProp. Enthalpy(info. T, info. V-liq*VolFactor, info. X, pScaleFactor) 
+ info. X(2)*Delta_HT); 
info. h-mix = (info. h-vap*info. b+info. h-liq*info. a); 
entropies 
Delta-SI = 4.184 * 
EntropyFactor*(delta-cp-a*LOG(info. T/Zelvin-Kelvin+lE-3)+ 
delta-cp-b * 
(info. T-Zelvin_Kelvin)+delta-cp-c*(info. T-2/2-Zelvin-Kelvin-2/2) + 
delta-cp_d * (info. T-3/3-Zelvin-Kelvin-3/3)); 
inf o. s-vap 
=EntropyFactor*PhysProp. Entropy(info. T, info. V-vap*VolFactor, info. Y, pScaleFactor) 
+ info. Y(2)*Delta-SI; 
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info. s-liq = 
EntropyFactor*PhysProp. Entropy(info. T, info. V-liq*VolFactor, info. X, pScaleFactor) 
+ info. X(2)*Delta-SI; 
info. s-mix = info. s-vap*info. b+info. s-liq*info. a; 
##### constraint to avoid the solvent to solidify #### 
# Correlation for the melting temperature as a function of n-alkane 
Melting-Temperature = 10.92 * n-alkane +128; 
# the temperature should 5 degrees above the melting temperature 
ConstraintSolidification = info. T - Melting-Temperature -5; 
#### CONSTRAINT to avoid that the calculation of the virtual VLE 
fails 
DV = 1E-5 * (V-vap - V-liq -10); 
C. 2 Expander 
PARAMETER 
PhysProp 
NoComp 
UNIT 
VLE 
PORT 
Port-OUT 
PORT-IN 
SET 
NoComp 
TOPOLOGY 
# PORT-OUT-> VLE 
VLE. info = PORT-OUT; 
AS FOREIGN-OBJECT "Saft" 
AS INTEGER 
AS VLE 
AS New2Phases 
AS New2Phases 
PhysProp. Number0fComponents; 
EQUATION 
# ENERGY BALANCE 
PORT-IN. h-mix=PORT-OUT. h-mix; 
# Mass Balance 
PORT-OUT. F*lE-01=PORT-IN. F*lE-01; 
# Mass Balance 
FOR i :=1 TO (NoComp-1) DO 
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PORT-IN. Z(i)=PORT_OUT. Z(i); 
END 
C-3 Gas-liquid separator tank 
PARAMETER 
PhysProp AS FOREIGN- OBJECT "Saft" 
NoComp AS INTEGER 
VolFactor AS REAL DEFAULT 1E-6 
M-n-S-ThisYear AS REAL 
M-n-S-2005 As REAL 
M-n-S-1991 As REAL 
K_OIF As REAL 
MillionDollars AS REAL 
RateFactor AS REAL 
UNIT 
VLE-liq AS VLE 
VLE-vap AS VLE 
PORT 
Port-OUT-vap AS New2Phases 
Port-OUT-liq AS New2Phases 
PORT-IN AS New2Phases 
VARIABLE 
Pressure-for-PC, V_for-P C, alpha, V, tau, FP AS Notype 
PC, IC, DC, DC_ThisYear AS Dollars 
OIF AS Notype 
OPE, Labour, Utilities AS Dollars 
SET 
NoComp PhysProp. NumberOfComponents; 
TOPOLOGY 
# PORT-OUT-> VLE 
VLE-liq. info = PORT-OUT-liq; 
VLE-vap. info = PORT_OUT_vap; 
EQUATION 
# Mass Balance LIQ 
FOR i :=1 TO (NoComp-1) DO 
PORT-IN. X(i)=PORT-OUT-liq. Z(i); 
END 
PORT-OUT-liq. F*lE-01=PORT-IN. F- liq*lE-01; 
# Mass Balance VAP 
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FOR i :=I TO (NoComp-1) DO 
PORT-IN. Y(i) =PORT-OUT_vap. Z(i) 
END 
PORT-OUT-vap. F*lE-01=PORT-IN. F-vap*IE-01; 
# Pressure 
PORT-IN. T*lE-02=PORT-OUT-liq. T*lE-02=PORT-OUT_vap. T*lE-02; 
PORT-IN. P=PORT-OUT-liq. P=PORT-OUT-vap. P; 
# --------------------------------------------------------------------------------- 
# Operating cost per year 
OPE= Labour + Utilities; 
# Labour cost per year 
Labour =0; 
# Utilies cost per year 
Utilities = 0; 
# Purchased Cost in 1991 based on the volume 
# the volume required is based on the a residence time of 5mins 
tau = 60*5; 
V=2 RateFactor * PORT-IN. F-liq * tau * VLE-liq. V-liq *IE-6 # 
mol/s s* m3 / mol 
FP = 0.057375 * (Pressure-for-PC)-2 + 0.05805 * (Pressure-for-PC)-l 
+ 1.0136; 
PC = MillionDollars*FP*4832.42*((V-for-PC-2+le-6)-(0.6287/2)- 
(le-6)-(0.6287/2)); # MillionsUSD-1991 
# OIF Overall Installed Factor 
OIF = MAX(2.15, -2.3595* (-LOG10(MillionDollars)+ 
0.5*LOG10((K-OIF+PC)-2) )+8.0785); 
# Installation Cost 
IC *lE2= PC * OIF*1E2; 
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# DC in 1991 is the Direct Cost = PC + IC 
DC *lE2= (PC+IC)*lE2; 
# Direct Cost This Year 
DC-ThisYear = alpha * M-n-S-ThisYear/M-n-S-1991 * DC; 
CA Absorber 
PARAMETER 
PhysProp AS FOREIGN-OBJECT " Saf t" 
NoComp AS INTEGER 
number-of-trays AS INTEGER 
M-n-S-ThisYear AS REAL 
M-n-S-2005 As REAL 
M-n-S-1991 As REAL 
M-n-S-2001 As REAL 
K-OIF As REAL 
MillionDollars AS REAL 
RateFactor AS REAL 
PORT 
PORT-IN-liq AS New2Phases 
PORT-IN-vap AS New2Phases 
PORT-OUT-liq AS New2Phases 
PORT-OUT-vap AS New2Phases 
UNIT 
TRAY AS ARRAY(number 
-of -trays) of 
Tray 
VARIABLE 
N-actual, Average-EO, Pressure-for-PC AS Notype 
X-tray, Y-tray AS ARRAY(number 
-of -trays, 
NoComp) of 
V-liq, V-gas AS ARRAY(number 
-of -trays) of 
T-liq AS ARRAY(number 
- of - 
trays) of 
rho-L, rho-G AS ARRAY(number 
-of -trays) of 
mu-L-C14, mu-L AS ARRAY(number 
-of -trays) of 
height AS Lenght 
TS AS Lenght 
M-L, M-G AS ARRAY(number 
-of -trays) of 
MW, MW-C14 AS MolarMass 
Un, Un-flood AS Velocity 
volumetric-liq-rate, volumetric-vap_rate AS VolumetricRate 
surface-tension AS SurfaceTension 
NetArea, Tower-cross-section, downcomer_area AS Area-m2 
Pressure AS PressureMPa 
Fc, Cost-of-shell, Cost-of-trays, PC AS Dollars 
IC, DC, DC-ThisYear, OPE, Labour, Utilities AS Dollars 
Temperature AS ARRAY(number 
-of -trays) of 
Power_A, Power-B, Power-C AS Notype 
Ka, Kb, Kc, Kd, Ke, Kf, Kg, Kh, Ki, Kj, Kk AS Notype 
FP, n-alkane AS Notype 
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Notype 
MolarVolume 
Notype 
MassDensity 
Viscosity 
MolarMass 
Notype 
C. gPROMS code of the unit models 
EO AS ARRAY(number 
-of-trays) 
F-liq, F_vap AS ARRAY(number 
-of-trays) 
corr-x, corr-y, HP-over-mu, HP AS ARRAY(number- of-trays) 
rho-lb-per-cubicfeet AS ARRAY(number -of-trays) 
EquilibriumConstant-alkane, EquilibriumConstant 
_co2, 
Equ ilibriumConstant 
-ch4 
AS 
Csb-flood, alpha AS Notype 
Parachor, max_viscosity AS Notype 
TEMP AS PositiveType 
T-c, T-c-C14, P-c, P_c_C14 AS Critical-type 
OIF AS Notype 
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of Notype 
of Notype 
of Notype 
of Notype 
ARRAY(number-of-tra3 
verif AS ARRAY(NoComp) of notype 
MW-Array AS ARRAY(4) of notype 
Average-M-L AS Notype 
Average-rho-L, Average-rho-G AS Notype 
Average-V-liq, Average-V-gas AS Notype 
Average-F_liq, Average-F-vap AS Notype 
S_for-PC, H_for-PC AS Notype 
SET 
NoComp := PhysProp. NumberOfComponents; 
TOPOLOGY 
FOR i :=1 TO number-of-trays -1 DO 
TRAY(i+l). Port-IN-vap = TRAY(i). Part-OUT-vap; 
END 
FOR i :=I TO number-of-trays -1 DO 
TRAY(i+l). Port-OUT-liq = TRAY(i). Port-IN-liq; 
END 
TRAY(l). Port-IN-vap = PORT-IN_vap; 
TRAY(l). Port-OUT-liq = PORT-OUT-liq; 
TRAY(number-of-trays). Port-OUT-vap = PORT-OUT-vap; 
TRAY(number-of-trays). Port-IN-liq = PORT_IN-liq; 
EQUATION 
verif = PORT-OUT-vap. Z * PORT-OUT-VAP. F+PORT-OUT-liq. Z * 
PORT-OUT-liq-F - PORT-in-vap-Z * PORT_In-VAP. F - PORT-in-liq. Z 
PORT_in-liq. F; 
# --------- MOLECULAR WEIGHT OF n-ALKANE 
MW *lE-2= (14.0268830 * n-alkane + 2.0158411)*lE-2; # [g/moll 
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# --------- MOLECULAR WEIGHT OF C14 
MW-C14 *lE-2= (14.0268830 * 14 + 2.0158411)*lE-2; # Ig/mOll 
# --------- CRITICAL POINT OF n-ALKANE 
(855 - T-c) *1E-2 = 10-(2-809056 - 0.043170 * n-alkane)*lE-2; 
P-c = 7.11345 - 0.007919 * T-c; 
# --------- CRITICAL POINT OF C14 
(855 - T-c_Cl4)*lE-2 = 10-(2.809056 - 0.043170 * 14)*lE-2; 
P-c-C14 = 7.11345 - 0.007919 * T_c_Cl4; 
PARACHOR OF n-ALKANE 
1E-3 *Parachor = 1E-3 *(39.91 * n-alkane + 31.67); 
# --------- AVERAGE OVER THE COLUMN OF DENSITY, MOLAR VOLUME, MOLAR 
FLOW RATE, and Liquid Molecular Weight 
Average-rho-L = SIGMA(rho-L)/number-of-trays; 
Average-rho-G = SIGMk(rho-G)/number-of-trays; 
Average-V-liq = SIGMA(V-liq)/number_of-trays; 
Average-V-gas = SIGMA(V-gas)/number_of-trays; 
Average-F-liq = SIGMA(F-liq)/number_of-trays; 
Average-F-vap = SIGMA(F-vap)/number-of-trays; 
Average-M-L = SIGMA(M-L)/number-of-trays; 
# --------- AVERAGE OVER THE COLUMN OF THE Surface Tension 
1E-3 *(Average-rho-L - Average-rho-G)-4 * (Parachor/100)-4 = IE-3 
*surface-tension* (Average_M_L/100)-4; 
Pressure = TRAY(l). PORT_MIX. P; 
PORT-IN-liq. P=PORT-IN_vap. P; 
TRAY(1). VLE-mix. n-alkane = n-alkane; 
# --------------------- CORRELATION FOR ESTIMATION OF THE TOWER 
SECTION 
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TS= 0.6096; 
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volumetric-liq-rate = 1E-6 * Average-V-liq * RateFactor 
Average-F-liq; 
# system 5 equations and 5 unknowns 
# the 5 unknown = volumetric_vap-rate, TEMP, Csb-flood, Un-flood, 
and Un 
volumetric-vap-rate 1E-6 * Average-V-gas * RateFactor 
Average-F-vap; 
TEMP = 1+ exp(-1.463 (Average-rho-L / Average-rho-G 
volumetric-liq-rate-2/volumetric-vap-rate-2) - 0.842); 
Csb-flood 0.0105 + 8.127E-4 * (1000*TS)-(0.755) * (TEMP-1); 
Un-flood Csb-flood * (surface-tension/20)-0.2 
*SQRT(Average-rho-L/Average-rho-G - 1); 
Un = 0.8 * Un-flood; 
Un *NetArea= volumetric-vap-rate; 
# end of the system of 5 equations 
# ---------- dimensions of the tower 
NetArea = Tower-cross-section - downcomer-area; 
downcomer-area = 0.2 * Tower-cross-section; 
------------------------------------------------------------------------------------------- 
# -------------------- ESTIMATION OF THE TOWER HEIGHT BASED ON THE 
OVERALL EFFICIENCY FACTOR EO 
# Constant required in the correlation to estimate the viscosity of 
the solvent in the column 
Ka * lE4= -4.868729 ; 
Kb * lE2= 6.162691 ; 
Kc -3.461585 ; 
Kd lE5= 1.545022 
Ke * lE3= -3.443880 ; 
Kf * lEl= 4.187426 ; 
Kg *lE-Ol= -2.527380 ; 
Kh * IE-3= 874.0397* lE-3; 
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Ki * lE2= -2.985316 ; 
Kj *lE-l= 0.3435125; 
Kk * IE-3= -182.6151* 1E-3; 
Power-A = +1.385374; 
Power-B = -0.756972; 
Power-C = -0.532041; 
MW-Array(l)=16.043; 
MW-Array(2)=142.286; 
MW-Array(3)=44.01; 
MW-Array(4)=30.069; 
# Efficiency factor is estimated for each plate i 
FOR i: =l TO number-of-trays DO 
# temperature in each tray(i) 
Temperature(i)*lE-2 = Tray(i). PORT_MIX. T*IE-2; 
# Composition in each tray(i) 
FOR j: =1 TO NoComp DO 
X-tray(i, j) TRAY(i). VLE-mix. info. X(j); 
Y-tray(i, j) TRAY(i). VLE-mix. info. Y(j); 
END 
# Equilibrium constant for C02 in each tray(i) 
#EquilibriumConstant-co2(i)=I; 
EquilibriumConstant-co2(i) *X-tray(i, 3)= Y-tray(i, 3); 
EquilibriumConstant-alkane(i) *X-tray(i, 2)= Y-tray(i, 2); 
EquilibriumConstant-ch4(i) *X-tray(i, l)= Y-tray(i, l); 
# Molar Volume of the liquid in the tray(i) 
1E-3 *V-liq(i) = 1E-3 *TRAY(i). VLE-liq. V-liq 
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# Molar Volume of the vapour in the tray(i) 
1E-3 *V-gas(i) = 1E-3 *TRAY(i). VLE-vap. V-vap ; 
# Temperature of the liquid in each tray(i) 
1E-3 *T-liq(i) = IE-3 *TRAY(i). VLE-liq. info. T; 
# Molar Flowrate of the liquid in tray(i) 
F-liq(i) = TRAY(i). VLE-mix. info. F_liq; 
# Molar Flowrate of the vapour in tray(i) 
F-vap(i) = TRAY(i). VLE-mix. info. F-vap; 
# Molecular Weight of the liquid in tray(i) 
M-L(i) = SIGMA(MW-Array(I: NoComp) * X-tray(i, l: NoComp)); 
# Molecular Weight of the vapour in tray(i) 
M-G(i) =SIGMA(MW-Array(l: NoComp) * Y-tray(i, l: NoComp)); 
# Liquid density in tray(i) 
rho-L(i) = M-L(i) / V-liq(i); # [g/moll / [cm3/moll = Eg/cm3l 
# Vapour density in tray(i) 
rho-G(i) = M-G(i) / V-gas(i); # Eg/moll / [cm3/moll = [g/cm3l 
# Density of the liquid in lb/ft3 
1E-4*rho-lb-per-cubicfeet(i) = 1E-4*62.42 * rho-L(i); 
HP 
IE-2 * HP(i) * EquilibriumConstant-co2(i) * M-L(i)= 1E-2 
rho-lb-per-cubicfeet(i); 
# Liquid viscosity for C14 
mu-L-C14(i) = exp (Ka * (1*Pressure)-2 + Kb *(l*Pressure) + Kc + 
(Kd*(l*Pressure)-4 + Ke*(I*Pressure)-3 + Kf*(l*Pressure)-2 + 
Kg*(l*Pressure) + Kh)/( (Temperature(i)-273.15) - Ki 
(1*Pressure)-2 - Kj * (1*Pressure) -Kk)); 
# Liquid viscosity for n-Alkane 
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1E-5*mu-L(i) *( T-c-C14 ) -Power-A *( P-c )- (-Power_B) * (MW 
-(-Power-C) = 1E-5*mu-L-Cl4(i) * (T-c) -Power-A * (P-c-C14) 
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-(-Power_B) * (MW-C14 ) -(-Power-C); 
# HP-over-mu 
HP-over-mu(i) * mu-L(i) = HP(i) 
# corr-x(i) 
corr-x(i) = 0.5 * LOG10(le-12+ HP-over-m-a(i) -2); 
Corr-y(i) 
corr-y(i) = 0.5738 * corr-x(i) - 0.2585; 
# EFFICIENCY FACTOR EOW 
TANH(corr-y(i) 2*EO(i) -1; 
#EO(i)=l; 
END 
# Average Efficiency Factor 
Average-EO = SIGMA(EO) / number_of_trays; 
# The Actual Number of Tray 
Average-EO * N-actual = number-of-trays; 
# Estimation of the Column Height 
height = 1.15 * N-actual * TS ; 
# Estimation of the maximum viscosity for the constraint in the 
optimisation problem 
1E-2 *max-viscosity = 1E-2 *MAX(mu-L); 
# COST ESTIMATION 
Cost-of-Shell *lE3= MillionDollars * FP * 3185 (S-for-PC-2) 
-(1.066/2) * (H-for-PC-2) -(0.82/2)*lE3; 
Cost-of-trays *lE3= MillionDollars 323.3 (S-for-PC-2) 
-(1.55/2) * (H-for-PC/1.15) * Fc *lE3; 
# Pressure Factor 
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FP = 0.057375 * Pressure-for-PC-2 + 0.05805 * Pressure-for-PC + 
1.0136; 
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# Other Factor 
Fc =1; 
# Operating expense in MillonDollars per year (base is this year) 
OPE*lES= (Labour + Utilities)*lE5; 
Labour*1E5 = alpha * MillionDollars* M-n-S-ThisYear /M-n-S-2001* (24 
* 365 * 0.35 * 25.58) *1E5; 
Utilities = alpha * 0; 
# PC is the Purchased Cost of the Colimn 
PC *lE2= (Cost_of-shell + Cost-of-trays)*lE2; 
# OIF Overall Installed Factor 
OIF = MAX(2.96, -4.2401 * (-LOG10(MillionDollars)+ 0.5*LOG10( 
(K-OIF+PC)-2) )+ 13.76); 
# Installation Cost 
IC *lE2= PC * OIF*IE2; 
# DC in 1991 is the Direct Cost = PC + IC 
DC *lE2= (PC+IC)*lE2; 
# Direct Cost This Year 
DC-ThisYear *1E2 = alpha * M-n-S-ThisYear/M-n-S-1991 * DC *1E2; 
C. 5 'h-ay 
PARAMETER 
PhysProp AS FOREIGN-OBJECT "Saft" 
NoComp AS INTEGER 
UNIT 
VLE-liq AS VLE 
VLE-vap AS VLE 
VLE-mix AS VLE 
PORT 
PORT-IN-liq AS New2Phases 
PORT-IN-vap AS New2Phases 
Port-OUT-liq AS New2Phases 
Port-OUT-vap AS New2Phases 
PORT-MIX AS New2Phases 
SET 
NoComp PhysProp. NumberOfComponents; 
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TOPOLOGY 
# PORT-OUT-> VLE 
VLE-MIX. info = PORT-MIX; 
VLE-vap. info = PORT_OUT_vap; 
VLE-liq. info = PORT_OUT-liq; 
EQUATION 
------------------------- 
The two inlets are mix 
# we create a port called Port-mix 
#2 INs -> 1 MIX 
mass balance 
(PORT-IN-vap. F+PORT-IN-liq. F)*lE-01=PORT-MIX. F*lE-01; 
FOR i :=1 TO (NoComp-1) DO 
PORT-IN-vap. F*PORT-IN-vap. Z(i)+PDRT-IN-liq. F*PORT-IN-liq. Z(i)=PORT-MIX. F*PORT-MIX. Z(i); 
END 
# energy balance 
PORT-MIX. F*PORT-MIX. h-mix*lE-02=lE-02*( 
PORT-IN-vap. F*PORT-IN-vap. h-mix+PORT-IN-liq. F*PDRT-IN-liq. h-mix); 
-------------------- 
# The port mix is splitted into two port-out: 1 liquid and 1 vapour 
#1 MIX -> 2 OUTs 
# mass balance 
FOR i :=1 TO (NoComp-1) DO 
PORT-OUT-liq. Z(i)=PORT-MIX. X(i); 
Port-OUT-vap. F*PORT-OUT-vap. Z(i)=PORT-MIX. F-vap*PORT-MIX. Y(i); 
END 
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PORT-OUT-LIQ. F*lE-01=PORT-MIX. F-liq*lE-01; 
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Port-OUT-VAP. F*lE-01=(PORT-MIX. F-vap)*lE-01; 
# energy balance 
PORT-OUT-liq. T*lE-02=PORT-MIX. T*lE-02; 
Port-OUT-vap. F*PORT-OUT-vap. h-mix*lE-02=(PORT-MIX. F-vap*PORT-MIX. h-vap)*lE-02; 
Pressure 
Port-OUT-vap. P=PORT-OUT-liq. P=PORT-MIX. P=PORT-IN-vap. P; 
C. 6 Compressor 
PARAMETER 
PhysProp AS FOREIGN-OBJECT "Saft" 
NoComp AS INTEGER 
VolFactor AS REAL DEFAULT 1E-6 
M-n-S-ThisYear AS REAL 
M-n-S-2005 As REAL 
M-n-S-2001 As REAL 
M-n-S-2000 As REAL 
M-n-S-1991 As REAL 
K_OIF As REAL 
MillionDollars AS REAL 
RateFactor AS REAL 
UNIT 
VLE AS VLE 
PORT 
Port-OUT AS New2Phases 
PORT-IN AS New2Phases 
VARIABLE 
W-for-PC, W, Consumed-Power AS EnergyRate 
molar-w AS MolarEnergy 
PC, IC, DC, DC-ThisYear AS Dollars 
alpha, OIF AS Notype 
OPE, Labour, Utilities AS Dollars 
SET 
NoComp 
TOPOLOGY # PORT-OUT-> VLE VLE. info = PORT-OUT; 
PhysProp. NumberOfComponents; 
EQUATION 
# Entropy 
PORT-IN. s-mix*lE-01 = PORT-OUT. s-mix*lE-01; 
# ENERGY BALANCE 
PORT-IN. h-mix+mola-r-w=PORT-OUT. h-mix; 
RateFactor * PORT-IN. F*molaLr-w *lE-01=W*lE-01; 
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# Mass Balance 
PORT-OUT. F*lE-01=PORT-IN. F*IE-01; 
# Mass Balance 
FOR i :=1 TO (NoComp-1) DO 
PORT-IN. Z(i)=PORT_OUT. Z(i); 
END 
# --------------------------------------------------------------------------------- 
# Operating cost per year 
OPE= Labour + Utilities; 
# Labour cost per year 
Labour = alpha * MillionDollars* M-n-S-ThisYear /M-n-S_2001 * (24 
365 * 0.15 * 25.58) ; 
# Utilies cost per year 
Consumed-Power = W/0.9; 
Utilities = alpha * MillionDollars* M-n-S-ThisYear /M-n-S-2000 
0.045 * Consumed-Power* 24 *365 ; #USD/KWh * KW * hr/year USD/year 
# Purchased Cost in 1991 
PC = MillionDollars*1435.6*((W-for-PC-2+le-6)-(0.84/2) 
-(le-6)-(0.84/2)); # MillionsUSD-1991 
# OIF Overall Installed Factor 
OIF = MAX(2.58, -2.7556 (-LOG10(MillionDollars)+ 
0.5*LOGIO((K-OIF+PC)-2) + 9.6452); 
# Installation Cost 
IC *lE2= PC * OIF*1E2; 
# DC in 1991 is the Direct Cost = PC + IC 
DC *lE2= (PC+IC)*lE2; 
# Direct Cost This Year 
DC-ThisYear = alpha * M-n-S-ThisYear/M-n-S-1991 * DC; 
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C. 7 Pump 
PARAMETER 
PhysProp AS FOREIGN-OBJECT "Saft" 
NoComp AS INTEGER 
VolFactor AS REAL DEFAULT 1E-6 
M-n-S-ThisYear AS REAL 
M-n-S-2005 As REAL 
M-n-S-1991 As REAL 
M-n-S-2000 As REAL 
K_OIF As REAL 
MillionDollars AS REAL 
RateFactor AS REAL 
UNIT 
VLE AS VLE 
PORT 
Port-OUT AS New2Phases 
PORT-IN AS New2Phases 
VARIABLE 
W, Consumed-Power AS EnergyRate 
molar-w AS MolarEnergy 
PC, IC, DC, DC-ThisYear AS Dollars 
OIF AS Notype 
OPE, Labour, Utilities AS Dollars 
W-for-PC AS Notype 
SET 
NoComp PhysProp. NumberOfComponents; 
TOPOLOGY # PORT-OUT-> VLE VLE. info PORT-OUT; 
EQUATION 
# Entropy 
PORT-IN. s-mix*lE-01 = PORT-OUT. s-mix*lE-01; 
# ENERGY BALANCE 
molar-w*RateFactor * PORT_IN. F*lE-02=W*lE-02; 
(PORT-IN. h-mix+molar-w)*lE-02=(PORT-OUT. h-mix)*lE-02; 
#PORT-IN. H=PORT-OUT. H; 
Mass Balance 
PORT-OUT. F*IE-01=PORT-IN. F*lE-01; 
Mass Balance 
FOR i :=1 TO (NoComp-1) DO 
PORT-IN. Z(i)=PORT-OUT. Z(i); 
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Operating cost per year 
OPE= Labour + Utilities; 
# Labour cost per year 
Labour =0; 
# Utilies cost per year 
Consumed-Power = W/0.9; #in KW 
Utilities = MillionDollars* M-n-S-ThisYear /M-n-S-2000 * 0.045 
Consumed-Power* 24 *365 ; #USD/KWh * KW * hr/year = USD/year 
Purchased Cost in 1991 
PC = MillionDollars * MIN(840 * (W-for-PC-2+le-4)-(0.3/2), 244.53 
(W-for-PC-2+le-4)-(0.67/2)); # MillionsUSD-1991 
# OIF Overall Installed Factor 
OIF = MAX(2.23, -2.339 * (-LOG10(MillionDollars)+ 
O. S*LOG10((K_OIF+PC)-2) )+8.1246); 
Installation Cost 
IC *lE2= PC * OIF*lE2; 
# DC in 1991 is the Direct Cost = PC + IC 
DC *IE2= (PC+IC)*lE2; 
# Direct Cost This Year 
DC-ThisYear = M-n-S-ThisYear/M-n-S-1991 * DC; 
C-8 Gas turbine 
PARAMETER 
PhysProp 
NoComp 
VolFactor 
M-n-S-ThisYear 
M-n-S-2005 
M-n-S-2001 
M-n-S-2000 
M-n-S-1991 
K-OIF 
MillionDollars 
RateFactor 
UNIT 
AS FOREIGN-OBJECT "Saft" 
AS INTEGER 
AS REAL DEFAULT 1E-6 
AS REAL 
As REAL 
As REAL 
As REAL 
As REAL 
As REAL 
AS REAL 
AS REAL 
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VLE AS VLE 
PORT 
Port-OUT AS New2Phases 
PORT-IN AS New2Phases 
VARIABLE 
W, Recovered_Power AS EnergyRate 
molar-w AS MolarEnergy 
PC, IC, DC, DC-ThisYear AS Dollars 
OIF AS Notype 
OPE, Labour, Utilities AS Dollars 
SET 
NoComp := PhysProp. NumberOfComp onents; 
TOPOLOGY 
# PORT-OUT-> VLE 
VLE. info = PORT-OUT; 
EQUATION 
# Entropy = isentropic expansion 
PORT_IN. s_mix*IE-02 = PORT-OUT. s-mix*lE-02; 
# ENERGY BALANCE 
PORT-IN. h-mix*lE-01=lE-01*(molar-w+PORT-OUT. h-mix); 
RateFactor * PORT-IN. F*molar-w*lE-02=W*lE-02; 
# Mass Balance 
PORT-OUT. F*lE-01=PORT_IN. F*lE-01; 
Mass Balance 
FOR i :=1 TO (NoComp-1) DO 
PORT-IN. Z(i)=PORT-OUT. Z(i); 
END 
# --------------------------------------------------------------------------------- 
# Operating cost per year 
OPE= Labour + Utilities; 
# Labour cost per year 
Labour =0; 
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Recovered-Power = 0.48 *W; #in kW 
Utilities =- MillionDollars* M-n-S-ThisYear /M-n-S-2000 * 0.045 
Recovered_Power* 24 *365 ; #USD/KWh * KW * hr/year = USD/year 
# Purchased Cost in 1991 
PC = MillionDollars* 2323.58 
*((W-2+le-6)-(0.6164/2)-(le-6)-(0.6164/2)); # MillionsUSD-1991 
# OIF Overall Installed Factor 
OIF = MAX(2.51, -2.8479* (-LOGIO(MillionDollars)+ 
0.5*LOG10((K-OIF+PC)-2) )+ 9.7444); 
# Installation Cost 
IC *lE2= PC * OIF*1E2; 
# DC in 1991 is the Direct Cost = PC + IC 
DC *lE2= (PC+IC)*lE2; 
# Direct Cost This Year 
DC-ThisYear = M-n-S-ThisYear/M_n-S-1991 * DC; 
C. 9 Mixer 
PARAMETER 
PhysProp AS FOREIGN-OBJECT "Saft" 
NoComp AS INTEGER 
UNIT 
VLE AS VLE 
PORT 
Port-OUT AS New2Phases 
PORT-IN-2 AS New2Phases 
PORT-IN-1 AS New2Phases 
SET 
NoComp PhysProp. NumberOfComponents; 
TOPOLOGY # PORT-OUT-> VLE 
VLE. info = PORT-OUT; 
EQUATION 
# Mass Balance 
(PORT-IN-l. F+(PORT-IN_2. F + O*lE-4))*lE-01=PORT-OUT. F*lE-01; 
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FOR i: =l TO NoComp-1 DO 
PORT-IN-1. F 
* PORT-IN-1. Z(i) + (PORT-IN-2. F + O*lE-4) * PORT_IN_2. Z(i) 
PORT-OUT. F * PORT-OUT. Z(i); 
#PORT-IN-l. F * PORT_IN-1. Z(2) + (PORT-IN-2. F + 1E-4) 
PORT-IN-2. Z(2) = PORT-OUT. F * PORT-OUT. Z(2); 
END 
# ENERGY BALANCE 
1E-2 *(PORT-IN-I. F * PORT_IN-l. h-mix + (PORT-IN-2. F + O*lE-4) 
PORT-IN-2. h-mix) = 1E-2*PORT-OUT. F * PORT-OUT. h-mix; 
# PRESSURE 
PORT-IN-l. P=PORT-IN-2. P=PORT-OUT. P; 
C. 10 Source 
PARAMETER 
PhysProp AS FOREIGN-OBJECT "Saft" 
NoComp AS INTEGER 
UNIT 
PORT 
SET 
VLE AS VLE 
Port-OUT AS New2Phases 
NoComp := PhysProp. NumberOfComponents; 
TOPOLOGY 
# PORT-OUT-> VLE 
VLE. info = PORT-OUT; 
C. 11 Sink 
PARAMETER 
PhysProp AS FOREIGN-OBJECT "Saft" 
NoComp AS INTEGER 
PORT 
Port-IN AS New2Phases 
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SET 
NoComp := PhysProp. NumberOfComponents; 
C. 12 Loopbreaker 
PARAMETER 
PhysProp AS FOREIGN-OBJECT "Saft" 
NoComp AS INTEGER 
VolFactor AS REAL DEFAULT lE-6 
PORT 
Port-IN, PORT-OUT AS New2Phases 
SET 
NoComp := PhysProp. NumberOfComponents; 
EQUATION 
PORT-IN. a=PORT-OUT. a; 
PORT-IN. b=PORT-OUT. b; 
Port-IN. F*lE-01=PORT-OUT. F*lE-01; 
Port-IN. F-Liq*lE-01=PORT-OUT. F-liq*lE-01; 
PORT-IN. F-vap*lE-01=PORT-OUT. F-vap*lE-01; 
#PORT_IN. H*lE-02=PORT-OUT. H*lE-02; 
PORT-IN. h-mix*lE-01=PORT-OUT. h-mix*lE-01; 
PORT-IN. h-liq*lE-01=PORT-OUT. h-liq*lE-01; 
PORT-IN. h-vap*lE-01=PORT-OUT. h-vap*lE-01; 
PORT-IN. s-mix*lE-01=PORT-OUT. s-mix*lE-01; 
PORT-IN. s-liq*lE-01=PORT-OUT. s_liq*lE-01; 
PORT-IN. s-vap*lE-01=PORT-OUT. s-vap*lE-01; 
PORT-IN. V-mix*lE-02=PORT-OUT. V-mix*lE-02; 
PORT-IN. V-liq*lE-02=PORT-OUT. V-liq*lE-02; 
PORT-IN. V-vap*lE-03=PORT-OUT. V-vap*lE-03; 
Port-IN. T*IE-02=Port-OUT. T*IE-02; Port-IN. Z=PORT-OUT. Z; 
Port-IN. X=PORT_OUT. X; Port-IN. Y=PORT_OUT. Y; 
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Appendix D 
gPROMS code for the separation 
model 
PARAMETER 
PhysProp 
NoComp 
NoParam 
VolFactor 
number-of-trays 
epsilon 
p 
q 
EPS 
M-n-S-ThisYear 
M-n-S-2005 
M-n-S-2001 
M-n-S-2000 
M-n-S-1991 
n-year 
K_OIF 
GasPrice-perMillionMillionBTU 
MillionDollars 
TimeInterval 
RateFactor 
FeedC02 
UNIT 
C02 
PURESOLVENT 
MixerSolvent 
TANKFU4 
ExpansionFU4 
PumpSolvent 
NATURALGAS 
ABSORPTIONCOLUMN001 
CLEANGAS 
ExpansionNG 
ABSORPTIONCOLUMN002 
AS FOREIGN-OBJECT "Saft" 
AS INTEGER 
AS INTEGER 
AS REAL DEFAULT 1E-6 
AS INTEGER 
as REAL DEFAULT le-02 
AS REAL DEFAULT 1 
AS REAL DEFAULT 1 
AS REAL DEFAULT 0.1 
AS REAL 
As REAL 
As REAL 
As REAL 
As REAL 
AS INTEGER 
As REAL 
AS REAL 
AS REAL 
AS REAL 
AS REAL 
AS REAL 
AS Sink 
AS Source 
AS Mixer 
AS Tank 
AS Expansion 
AS Pump 
AS Source 
AS AbsorptionColiimn 
AS Sink 
AS Expansion 
AS AbsorptionColumn 
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LoopBreakerOO1 AS LoopBreaker 
HeatSink001 AS HeatSink 
MixerFeed AS Mixer 
TankFU1 AS Tank 
CompressorFUI AS Compressor 
ExpansionFU1 AS Expansion 
VARIABLE 
MAT AS ARRAY(24) OF NOTYPE 
NaturalGas-Z, NaturalGas-Z-0 
Solvent_Z, Solvent_Z_O 
Solvent-T-0, NaturalGas-T-0 
Solvent_T, NaturalGas_T 
NaturalGas-P-0, P0-0, P1-0, P4-0 
Natura1Gas-P, P0, P1, P4 
NaturalGAS-F 
Natural. GAS-F-O 
F, F-0 
OBJECTIVE 
TheTime, DPO1, DP14, DPNGO 
pScaleFactor 
pSF-O, pSF 
MW, n-alkane, nALKANE-0, nALKANE 
m, sigm, lambda, epsilo 
PROFILE-VAP, PROFILE-LIQ 
# COSTING 
PV-Operating, Onsite-DC, TCI 
GasSales-per-year, PV-GasSales, GasSales-per-year-pot 
Koef, PV_GasSales-pot, Total-Sep-cost 
BTU-per-kJ, kJ-per-mol, SolventCost-per-year 
FCI, Utilities, Operating-Labour 
Others-Direct-Operating_Cost, Maintenance-Repairs 
Operating-Supplies 
Direct-Supervision-n-Clerical-Labour, Fixed-Charges 
Depreciation, Local-Taxes, Insurance 
Plant_Overhead, Indirect-Operating-Cost 
Direct-Operating-Cost, Total-Operating-Cost 
Laboratory-Charges 
NaturalGas_recovery, C02-recovery 
NaturalGas-purity, C02-purity 
HydrocarbonLosses 
HeatSinkOO1_F-water, HeatSinkOOl-F-water-O 
HeatSink001-Area, HeatSink001-Area-0 
SET 
NOCOMP 
NoParam 
TOPOLOGY 
ExpansionFU4. Port-OUT 
C02. Port-IN 
NATURALGAS-Port_OUT 
pumpSolvent-PORT-IN 
MixerSolvent. PORT-IN-2 
MixerSolvent-PORT-IN-1 
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AS Array(NoComp) OF MolarFraction 
AS Array(NoComp) OF MolarFraction 
AS Temperature 
AS Temperature 
AS PressureMPa 
AS PressureMPa 
AS Mola-rRate 
AS MolarRate 
AS MolarRate 
AS NoType 
AS Notype 
AS ARRAY(NoParam) OF ScaleFactor 
AS ARRAY(NoParam-4) OF ScaleF 
AS Notype 
AS Notype 
AS ARRAY(number-of-trays+l, NoComp) OF Mola: 
AS Dollars 
AS Notype 
AS Notype 
AS Notype 
AS Notype 
AS Notype 
AS Notype 
AS Notype 
AS Notype 
AS Notype 
AS Notype 
AS Notype 
AS Notype 
AS Notype 
AS Notype 
AS Notype 
AS Notype 
PhysProp. NumberOfComponents; 
PhysProp. NumberOfEstimatedPa-rameters; 
TANKFU4. Port-IN; 
TANKFU4. Port-OUT-vap; 
ExpansionNG. PORT-IN; 
MixerSolvent. Port-OUT; 
PURESOLVENT. Port_OUT; 
TANKFU4. Port-OUT-liq; 
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ABSORPTIONCOLUMN002. PORT-IN-liq PumpSolvent. Port-OUT; 
ABSORPTIONCOLUMN002. PORT-OUT-vap CLEANGAS. Port-IN; 
ABSORPTIONCOLUMN002. PORT-OUT-liq ABSORPTIONCOLUMNOOl. PORT_IN-liq; 
LoopBreakerOOl. Port-IN = ABSORPTIONCOLUMNOOl. PORT-OUT_vap; 
LoopBreakerOOl. PORT-OUT = ABSORPTIONCOLUMN002. PORT-IN-vap; 
ExpansionFUl. Port-OUT = TankFUl. PORT-IN; 
CompressorFUl. PORT-IN = TankFUl. Port-OUT_vap; 
CompressorFUl. Port-OUT = MixerFeed. PORT_IN_l; 
MixerFeed. PORT-IN-2 = ExpansionNG. Port-OUT; 
ABSORPTIONCOLUMNOOl. PORT-IN-vap MixerFeed. Port-OUT; 
ABSORPTIONCOLUMNOOl. PORT-OUT-liq ExpansionFUl. PORT-IN; 
TankFUl. Port-OUT-liq = HeatSinkOOl. PORT_IN; 
HeatSinkOOl. Port-OUT = ExpansionFU4. PORT-IN; 
EQUATION 
pscalefactor = TANKFUl. VLE-liq. pScaleFactor; 
pscalefactor = TANKFUl. VLE-vap. pScaleFactor; 
pscalefactor = MixerFeed. VLE. pScaleFactor; 
pscalefactor = ExpansionFUl. VLE. pScaleFactor; 
pscalefactor = CompressorFUI. VLE. pScaleFactor; 
pscalefactor = HeatSinkOOl. VLE. pScaleFactor; 
pscalefactor = ExpansionNG. VLE. pScaleFactor; 
pscalefactor = MixerSolvent. VLE. pScaleFactor; 
pscalefactor = TANKFU4. VLE-liq. pScaleFactor; 
pscalefactor = TANKFU4. VLE-vap. pScaleFactor; 
pscalefactor = ExpansionFU4. VLE. pScaleFactor; 
pscalefactor = PumpSolvent. VLE. pScaleFactor; 
pscalefactor = NATURALGAS. VLE. pScaleFactor; 
pscalefactor = PURESOLVENT. VLE. pScaleFactor; 
FOR i :=1 TO number-of-trays DO 
ABSORPTIONCOLUMNOOl. TRAY(i). VLE_liq. pScaleFactor= pScaleFactor; 
ABSORPTIONCOLUMNOOI. TRAY(i). VLE-mix. pScaleFactor= pScaleFactor; 
ABSORPTIONCOLUMNOOl. TRAY(i). VLE-vap. pScaleFactor= pScaleFactor; 
ABSORPTIONCOLUMN002. TRAY(i). VLE-liq. pScaleFactor= pScaleFactor; 
ABSORPTIONCOLUMN002. TRAY(i). VLE-mix. pScaleFactor= pScaleFactor; 
ABSORPTIONCOLUMN002. TRAY(i). VLE-vap. pScaleFactor= pScaleFactor; 
END 
n-alkane = TANKFUl. VLE-liq. n-alkane; 
n-alkane = TANKFUl. VLE-vap. n-alkane; 
n-alkane = MixerFeed. VLE. n-alkane; 
n-alkane = ExpansionFUl. VLE. n-alkane; 
n-alkane = CompressorFUI. VLE. n-alkane; 
n-alkane = HeatSinkOOl. VLE. n_alkane; 
n-alkane = ExpansionNG. VLE. n-alkane; 
n-alkane = MixerSolvent. VLE. n-alkane; 
n-alkane = TANKFU4. VLE_liq. n_alkane; 
n-alkane = TANKFU4. VLE_vap. n_alkane; 
n-alkane = ExpansionFU4. VLE. n_alkane; 
n-alkane = PumpSolvent. VLE. n_alkane; 
n-alkane = NATURALGAS. VLE. n_alkane; 
n-alkane = PURESOLVENT. VLE. n_alkane; 
FOR i :=1 TO number-of-trays DO 
ABSORPTIONCOLUMNOOl. TRAY(i). VLE-liq. n-alkane= n-alkane; 
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ABSORPTIONCOLUMNOOl. TRAY(i). VLE-mix. n-alkane= n_alkane; 
ABSORPTIONCOLUMNOOl. TRAY(i). VLE-vap. n-alkane= n_alkane; 
ABSORPTIONCOLUMN002. TRAY(i). VLE-liq. n-alkane= n-alkane; 
ABSORPTIONCOLUMN002. TRAY(i). VLE-mix. n-alkane= n-alkane; 
ABSORPTIONCOLUMN002. TRAY(i). VLE-vap. n-alkane= n-alkane; 
END 
# SOLVENT DESCRIPTION 
MW = 14.0268830 * n-alkane + 2.0158411; 
0.02376 * MW + 0.6188; 
m* lambda = 0.04024 * MW + 0.6570; 
1E-3* m* (sigm*lElO)-3 = 1E-3* (1.53212 * MW + 30.753); 
Epsilo = 5.46587* MW +194.263; 
# correspondance with the pscalefactor 
pscalefactor(1) * (10 - 1) +1=m; (pscalefactor(2) * (lE-09 - 0) 
+0 )*1E10= sigm*1E10; 
pscalefactor(3) * (3 - 1) +1= lambda; (pscalefactor(4) * (300 - 
150) + 150) *1E-01= Epsilo*1E-01; 
FOR j : =l TO NoComp DO 
FOR i :=I TO number-of-trays DO 
ABSORPTIONCOLUMNOOl. TRAY(i). PORT-IN-vap. Z(j) PROFILE-VAP(i, j); 
ABSORPTIONCOLUMNOOl. TRAY(i). PORT-OUT-liq. Z(j) PROFILE-LIQ(i, j); 
END 
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ABSORPTIONCOLUMNOOl. TRAY(number-of-trays). PORT-OUT-vap. Z(j) PROFILE-VAP(number-of_trays+l, j); 
ABSORPTIONCOLUMNOOl. TRAY(number-of-trays). PORT-IN-liq. Z(j) PROFILE-LIQ(niimber-of-trays+l, j); 
END 
# Control variables 
100 * $TheTime = 1; 
FOR j: =5 TO NoParam DO 
pscalefactor(j) = TheTime *(pSF(j-4)-pSF-O(j-4)) + pSF-O(j-4); 
END 
n-alkane = TheTime*(NAlkane-NAlkane-0) + NAlkane_O; 
PURESOLVENT. Port-OUT. Z(l) = TheTime 
*(Solvent-Z(1)-Solvent-Z-0(1)) + Solvent-Z-0(1); 
FOR i: =3 TO (NoComp) DO 
PURESOLVENT. Port-OUT. Z(i) TheTime*(Solvent-Z(i)-Solvent-Z-O(i)) + Solvent-Z-O(i); 
END 
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PURESOLVENT-Port-OUT. T TheTime 
*(Solvent-T-Solvent-T-0) + Solvent_T-O; 
FOR i: =2 TO NoComp DO 
NATURALGAS. Port-OUT. Z(i) TheTime 
*(NaturalGas_Z(i)-NaturalGas_Z_O(i)) + NaturalGas-Z-O(i); 
#NATURALGAS. Port-OUT. Z(2) TheTime 
*(NaturalGas-Z(2)-NaturalGas-Z-0(2)) + NaturalGas-Z-0(2); 
END 
NATURALGAS. Port-OUT. T 
*(NaturalGas-T-NaturalGas 
_T_O) + 
NATURALGAS. Port-OUT. F 
*(NaturalGas-F-NaturalGas 
-F-0) + 
NATURALGAS. Port-OUT. P 
*(NaturalGas-P-NaturalGas 
-P-0) + 
ExpansionNG. Port-OUT. P 
ExpansionFUl. Port-OUT. P 
C02. Port-IN. P 
MixerSolvent. Port-OUT. F 
TheTime 
NaturalGas 
_T_O; 
TheTime 
NaturalGas 
_F_O; 
TheTime 
NaturalGas 
_P_O; 
TheTime *(PO-PO-0) + PO-0; 
TheTime *(Pl-Pl-0) + Pl-0; 
TheTime *(P4-P4-0) + P4-0; 
TheTime *(F-F-0) + F-0; 
HeatSinkOOl. F-water TheTime 
*(HeatSinkOOl-F-water-HeatSinkOOl-F-water-0) + 
HeatSinkOOl-F-water_O; HeatSinkOOI. Area TheTime 
*(HeatSinkOOl-Area-HeatSinkOOI-Area_O) + HeatSinkOO1_Area-0; 
SIGMA(Solvent-Z)=l; 
SIGMA(Solvent_Z_O)=l; 
SIGMA(NaturalGas-Z)=l; 
SIGMA(NaturalGas-Z-O)=l; 
DPNGO = NATURALGAS. Port-OUT. P-ExpansionNG. Port-OUT. P ; 
DP01 = ExpansionNG. Port-OUT. P - Expa-nsionFUl. Port-OUT. P; 
DP14 = ExpansionFUl. Port-OUT. P - C02. Port-IN. P; 
# ---------------------------------------------------------------- 
# DIRECT OPERATING COSTS 
Direct-Operating-Cost = Utilities + 
Operating-Labour + Others-Direct-Operating-Cost; 
SolventCost-per-year = MillionDollars *50 * 
0.00629 * 1E-3 *195 * (RateFactor*PURESOLVENT. Port-OUT. F) 3600 
24 *365; # USD/barrel * barrel/L * L/cm3 * cm3/mol * mol/s s/year 
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Utilities = TANKFUl. Utilities+ CompressorFUl. Utilities 
+HeatSink001. Utilities +ABSORPTIONCOLUMN002. Utilities 
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+ABSORPTIONCOLUMN001. Utilities + TANKFU4. Utilities + 
PumpSolvent-Utilities+ SolventCost_per_year; 
Operating-Labour = TANKFUl. Labour+ CompressorFUl-Labour 
+HeatSink001. Labour +ABSORPTIONCOLUMN002. Labour 
+ABSORPTIONCOLUMNOO1. Labour + TANKFU4. Labour + PumpSolvent. Labour 
Others-Direct-Operating-Cost = (Maintenance-Repairs + 
Operating-Supplies + Direct-Supervision-n-Clerical-Labour 
+Laboratory-Charges); 
Maintenance-Repairs = 0.04* FCI; 
Operating-Supplies = 0.15 * Maintenance-Repairs; 
Direct-Supervision-n-Clerical-Labour 0.2 
* Operating-Labour; 
Laboratory-Charges = 0.15 * Operating-Labour; 
# -------------------------------------------------------------------------------------------------- 
# INDIRECT OPERATING COSTS 
Indirect-Operating-Cost = (Fixed-Charges + Plant-Overhead); 
Plant-Overhead = 0.6 *(Maintenance-Repairs + 
Operating-Labour + Direct-Supervision-n-Clerical-Labour); 
Fixed-Charges Depreciation + Local_Taxes + Insurance; 
Depreciation O*FCI / n-year; 
Local-Taxes = 0.015 * FCI; 
Insurance = 0.015 * FCI; 
# ---------------------------------------------------------------------------------------------- 
# TOTAL OPERATING 
Total-Operating-Cost 
Direct-Operating-Cost + Indirect-Operating-Cost; 
PV-Operating = Total-Operating-Cost * (n-year); # we assume the 
interest rate and the gas price growth are equal 
# -------------------------------------------------------------------------------------------------- 
# GAS SALES 
BTU-per-kJ = 0.948452; 
kJ-per-mol = 890.8; 
Koef = 1E-6 * 10 * 1E-6 * BTU-per-kJ * kJ-per-mol * 365 * 24 *60 
*60; 
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GasSales-per-year = Koef * (RateFactor* CLEANGAS. Port-IN. F); 
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GasSales-per-year-pot = 1/0.97*Koef * (RateFactor* 
NATURALGAS-Port-OUT. F * (1-NATURALGAS. Port-OUT. Z(2)- 
NATURALGAS. Port-OUT. Z(3))); 
PV-GasSales = GasSales-per-year * (n-year); # we assume the 
interest rate and the gas price growth are equal 
PV-GasSales-pot = GasSales-per-year-pot * (n-year); # we assume the 
interest rate and the gas price growth are equal 
# --------------------------------------------------------------------- 
# CAPITAL COST: # onsite direct cost 
Onsite-DC = TANKFUl. DC-ThisYear+ CompressorFUl. DC-ThisYear + 
HeatSinkOOl. DC-ThisYear + ABSORPTIONCOLUMN002. DC-ThisYear 
+ABSORPTIONCOLUMNOOl. DC-ThisYear + TANKFU4. DC-ThisYear + 
PumpSolvent. DC-ThisYear ; 
# Fixed Capital Investment 
FCI = 100/55 * Onsite-DC; 
# Total Capital Investment 
TCI = 130/55 * Onsite-DC; 
# --------------------------------------------------------------------- 
# Total Separation Cost 
Total-Sep-cost = TCI + PV-Operating; 
# Losses in Methane 
HydrocarbonLosses = PV-GasSales-pot - PV-GasSales; 
# Objective function 
OBJECTIVE = PV-GasSales - Total-Sep-cost; 
Recovery 
NaturalGas-Purity = 1-CLEANGAS. Port-IN. Z(2)-CLEANGAS. Port-IN. Z(3); 
C02-Purity = C02. Port-IN. Z(3); 
NaturalGas-recovery = CLEANGAS. Port-IN. F * 
(1-CLEANGAS. Port_IN. Z(2)-CLEANGAS. Port-IN. Z(3)) 
NATURALGAS. Port-OUT. F/ 
(1-NATURALGAS. Port-OUT. Z(2)-NATURALGAS. Port-OUT. Z(3)); 
C02-recovery = C02. Port-IN. F * C02. Port-IN. Z(3) 
NATURALGAS. Port-OUT. F/ NATURALGAS. Port-OUT. Z(3); 
MAT(l) = PV-GasSales; 
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MAT(2) =PV_GasSales-pot; 
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MATO) =Total-Sep-cost; 
MAT(4) =HydrocarbonLosses; 
MAT(5) =PV-Operating; 
MAT(6) =TCI; 
MATM =OBJECTIVE; 
MAT(8) =NaturalGas-recovery; 
MAT(9) =C02-recovery; 
MAT(10) =C02-Purity; 
MAT(11) =n-alkane; 
MAT(12) =PO; 
MAT(13) =Pl; 
MAT(14) =HeatSinkOOl-F-water; 
MAT(15) =HeatSinkOOI-Area; 
MAT(l6) =F; 
MAT(17) =absorptioncolumnOOl. height; 
MAT(18) =absorptioncolumnOOI. Tower_cross_section; 
MAT(19) =absorptioncolumn002. height; 
MAT(20) =absorptioncolumn002. Tower-cross_section; 
MAT(21) = CompressorFUl. W; 
MAT(22) = PumpSolvent. W; 
MAT(23) = TankFUl. V; 
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MAT(24) = TankFU4. V; 
Appendix E 
gPROMS code for the optimisation 
problem 
E. 1 Process Section 
UNIT 
Plant AS SEP-h-2ColumnsCoolerRecycling 
SET 
Plant. PhysProp 
Plant. number-of-trays 
Plant. M-n-S-ThisYear 
Plant. M-n-S-2005 
Plant. M-n-S-2001 
Plant. M-n-S-2000 
Plant. M-n-S-1991 
Plant. n-year 
Plant. K-OIF 
Plant. GasPrice-perMillionMillionBTU 
Plant. MillionDollars 
Plant. TimeInterval 
Plant. RateFactor 
Plant. FeedC02 
: ="saftVR-Estimation:: saft-data/co2-ch4-decane. spe"; 
: =10; 
: =1200; 
: =1200; 
: =1093.9; 
: =1089; 
: =931; 
: =15; 
: =lE-6; 
: =IE7; #10 USD 
: =lE-6; 
: =100; 
: =100; 
: =0.3; 
EQUATION 
Plant. TANKFU4. Pressure-for-PC = Plant. TANKFU4. PORT-IN. P; 
Plant. ABSORPTIONCOLUMNOOl. Pressure-for-PC 
Plant. ABSORPTIONCOLUMNOOl. Pressure; 
Plant. ABSORPTIONCOLUMN002. Pressure-for-PC 
Plant. ABSORPTIONCOLUMN002. Pressure; 
Plant. TANKFUl. Pressure-for-PC = Plant. TANKFUl. PORT-IN. P; 
plant. ABSORPTIONCOLUMNOOl. H-for-PC=plant. ABSORPTIONCOLUMNOOl. height; 
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plant. ABSORPTIONCOLUMNOOI. S-for-PC=plant. ABSORPTIONCOLUMNOOl. Tower_cross_section; 
plant. ABSORPTIONCOLUMN002. H-for-PC=plant. ABSORPTIONCOLUMN002. height; 
plant. ABSORPTIONCOLUMN002. S-for-PC=plant. ABSORPTIONCOLUMN002. Tower-cross-section; 
Plant. CompressorFUl. W-for-PC=Plant. CompressorFUl. W; 
Plant. PumpSolvent. W-for-PC=Plant. PumpSolvent. W; 
plant. TANKFUl. V-for-PC = Plant. TANKFUI. V; 
plant. TANKFU4. V-for-PC = Plant. TANKFU4. V; 
Plant. ABSORPTIONCOLUMNOOl. alpha=l; 
Plant. CompressorFUI. alpha=l; 
Plant. HeatSinkOOl. alpha=l; 
Plant. TankFUl. alpha=l; 
plant. TANKFU4. alpha=l; 
Plant. ABSORPTIONCOLUMN002. alpha=l; 
Plant. Solvent 
-T-O=Pl ant. 
Solvent 
-T= 
10.9 2* Plant. NALKANE +128 +10; 
Plant. pSF(1)=Plant. pSF-0(1)= 0.473497; 
Plant. pSF(2)=Plant. pSF-0(2)= 0.518399; 
Plant. pSF(3)=Plant. pSF-0(3)= 0.544821; 
Pla-nt. Solvent-Z(1)=Plant. Solvent_Z_0(1)=Ie-4; 
Plant. Solvent-Z (3) =Plant. Solvent-Z-O (3) =Ie-4; 
Plant. NaturalGas-Z(3)=Plant. NaturalGas-Z-0(3)=Plant. FeedCO2; 
lE6*Plant. NaturalGas-Z(2)=lE6*Plant. NaturalGas-Z-0(2) =lE6*le-8; 
Plant. NaturalGas-T=Plant. NaturalGas_T_O =301.48; 
Pla-nt. NaturalGas-P=Plant. NaturalGas_P_O =7.961; 
Pla-nt. NaturalGas-F=Plant. NaturalGas_F_O = 10; 
ASSIGN 
Plant. HeatSinkOO1-F_water : =10; Plant. HeatSinkOOl-F-water_O : =10; 
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Plant. HeatSinkOOI-Area : =100; Plant. HeatSinkOO1_Area_O -100; 
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Plant. NAlkane : =13; 
Plant. PO : =5; 
Plant. Pl : =4; 
Plant. F : =10; 
Plant. P4 : =0.1; 
Plant. NAlkane-0 : =13; 
Plant. PO-O : =5; 
Plant. Pl-0 : =4; 
Plant. F-O : =10; 
Plant. P4-0 : =0.1; 
PRESET 
RESTORE "h-2ColumnsCoolerRecycling-l-Initial-Point-CO2-30" 
INITIAL Plant. TheTime=l; 
SOLUTIONPARAMETERS 
ReportingInterval := 10 
NLSolver := "BDNLSOL" 
"BlockSolver" := "SPARSE" 
"EffectiveZero" := le-0012, 
"ConvergenceTolerance" := le-8, 
"OutputLevel" :=1, 
#"MaxFuncs" := lll, #1000000, 
DOSolver := llCVP-SS" ["OutputLevel" 
MINLPSolver := "OAERAP" [ 
"MaxIterations" := 10000, 
"OptimisationTolerance" 0.0001, 
"OutputLevel" 4, 
"MILPSolver" "GLPK" 
IINLPSolver" "SRQPD" 
"HandleDiscreteVariables" FALSE, 
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"InitialHessiari" - 
"InitialLineSearchStepLength" :=0.1, 
"MaxFun" := 10000, 
"MaximumLineSearchSteps" := 50, 
"MinimumLineSearchStepLength" := le-039, 
"OptimisationTolerance" := IE-6, 
"OutputLevel" :=4, "Scaling" :=311 
E. 2 Optimisation Section 
PROCESS h-2ColumnsCoolerRecycling-2-Optimise-CO2-30 
TIME-INVARIANT 
Plant. F 
INITIAL-VALUE 10.0 : 0.0 : 100.0 
TIME-INVARIANT 
Plant. HeatSinkOOl-Area 
INITIAL-VALUE 100.0 : 0.0 : 1000000.0 
TIME-INVARIANT 
Plant. HeatSinkOOl-F-water 
INITIAL-VALUE 10.0 : 0.0 : 10000.0 
TIME-INVARIANT 
Plant. nAlkane INITIAL-VALUE 13.0 : 7.0 : 14.0 
TIME-INVARIANT 
Plant. PO 
INITIAL-VALUE 5.0 : 0.1 : 9.9 
TIME-INVARIANT 
Plant. Pl 
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INITIAL-VALUE 4.0 : 0.1 : 10.0 
ENDPOINT-INEQUALITY 
Plant. AbsorptionColumnOOl. height 0.0 : 50.0 
ENDPOINT-INEQUALITY 
Plant. AbsorptionColumnOOl. max-viscosity 0.0 : 100.0 
ENDPOINT-INEQUALITY 
Plant. AbsorptionColumnOOl. Port-in-vap. T 273.15 : 500.0 
ENDPOINT-INEQUALITY 
Plant. AbsorptionColumnOOl. Tower-cross-section 0.0 : 30.0 
ENDPOINT-INEQUALITY 
Plant. AbsorptionColumnOOl. Tray(l). VLE-liq. ConstraintSolidification 
0.0 : 1000.0 
ENDPOINT-INEQUALITY 
Plant. AbsorptionColumnOOl. Tray(l). VLE-mix. DV 0.0 : 1.0 
ENDPOINT-INEQUALITY 
Plant. AbsorptionColumnOOl. Tray(10). VLE_liq. ConstraintSolidification 
0.0 : 1000.0 
ENDPOINT-INEQUALITY 
Plant. AbsorptionColilmnOOl. Tray(10). VLE-mix. DV 0.0 : 1.0 
ENDPOINT-INEQUALITY 
Plant. AbsorptionCollimnOO2. height 0.0 : 50.0 
ENDPOINT-INEQUALITY 
Plant. AbsorptionColiimnOO2. max-viscosity 0.0 : 100.0 
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ENDPOINT-INEQUALITY 
Plant. AbsorptionColumn002. Port-in-vap. T 273.15 : 500.0 
ENDPOINT-INEQUALITY 
Plant. AbsorptionColilmnOO2. Tower-cross-section 0.0 : 30.0 
ENDPOINT-INEQUALITY 
Plant. AbsorptionColumn002. Tray(l). VLE-liq. ConstraintSolidification 
0.0 : 1000.0 
ENDPOINT-INEQUALITY 
Plant. AbsorptionColumn002. Tray(l). VLE-mix. DV 0.0 : 1.0 
ENDPOINT-INEQUALITY 
Plant. AbsorptionColumn002. Tray(10). VLE-liq. ConstraintSolidification 
0.0 : 1000.0 
ENDPOINT-INEQUALITY 
Plant. AbsorptionColumn002. Tray(10). VLE-mix. DV 0.0 : 1.0 
ENDPOINT-INEQUALITY 
Plant. CompressorFUl. VLE. DV 0.0 : 1.0 
ENDPOINT-INEQUALITY 
Plant. DP01 0.0 : 10.0 
ENDPOINT-INEQUALITY 
Plant. DP14 0.0 : 10.0 
ENDPOINT-INEQUALITY 
Plant. DPNGO 0.0 : 10.0 
ENDPOINT-INEQUALITY 
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Plant. ExpansionFU4. VLE. DV 0.0 : 1.0 
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ENDPOINT-INEQUALITY 
Plant. ExpansionNG. VLE. DV 0.0 : 1.0 
ENDPOINT-INEQUALITY 
Plant. HeatSinkOOl. T-CO 0.0 : 313.15 
ENDPOINT-INEQUALITY 
Plant. HeatSinkOOl. VLE. ConstraintSolidification 0.0 : 1000.0 
ENDPOINT-INEQUALITY 
Plant. HeatSinkOOl. VLE. DV 0.0 : 1.0 
ENDPOINT-INEQUALITY 
Plant. MixerSolvent. VLE. ConstraintSolidification 0.0 : 1000.0 
ENDPOINT-INEQUALITY 
Plant. MixerSolvent. VLE. DV 0.0 : 1.0 
ENDPOINT-INEQUALITY 
Pla-nt. naturalGas. VLE. DV 0.0 : 1.0 
ENDPOINT-INEQUALITY 
Plant. NaturalGas-purity 0.97 : 1.0 
ENDPOINT-INEQUALITY 
Plant. PumpSolvent. VLE. ConstraintSolidification 0.0 : 1000.0 
ENDPOINT-INEQUALITY 
Pla-nt. PumpSolvent. VLE. DV 0.0 : 1.0 
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Plant. PureSolvent. VLE. ConstraintSolidification 0.0 : 1000.0 
ENDPOINT-INEQUALITY 
Plant-PureSolvent. VLE. DV 0.0 : 1.0 
ENDPOINT-INEQUALITY 
Plant. TankFUl. VLE-liq. ConstraintSolidification 0.0 : 1000.0 
ENDPOINT-INEQUALITY 
Plant. TankFUl. VLE-liq. DV 0.0 : 1.0 
ENDPOINT-INEQUALITY 
Pla-nt. TankFU4. VLE-liq. ConstraintSolidification 0.0 : 1000.0 
ENDPOINT-INEQUALITY 
Plant. TankFU4. VLE-liq. DV 0.0 : 1.0 
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